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Towards cost-competitive middle distillate fuels from ethanol
within a market-flexible biorefinery concept

Junyan Zhang?®®, Eunji Yoo®, Brian H. Davison?, Dongxia Liu®, Joshua A. Schaidle®, Ling Tao®”,
Zhenglong Li#"

Ethanol to middle distillates (ETMD) is a promising pathway to produce sustainable liquid fuels to decarbonize the hard-to-
electrify transportation sectors due to (1) the abundant sugar/starch and lignocellulosic biomass, (2) the existing deployment
scale of fuel ethanol production (~29 billion gallons/year globally), and (3) emerging opportunities in Cz+ alcohol synthesis
from CO,. Here we report a conceptual market-responsive biorefinery centered around a new ETMD pathway based on
one-step ethanol to butene-rich olefins (ETO) over a Cu-Zn-Y/Beta catalyst. Specifically, this ethanol conversion pathway
comprises one-step ETO, oligomerization, and hydrotreating. This ETO is distinct from that in the conventional ethanol-to-
jet process which is based on two-step ethanol to ethylene and ethylene oligomerization to butenes. Butene-rich olefins can
be shifted to butadiene-rich products by simply changing the reaction atmosphere from hydrogen to inert gas over the same
ETO catalyst. Leveraging the experimental results, baseline techno-economic analysis (TEA) and sensitivity analysis indicate
that the ethanol conversion cost is $0.60/gallon gasoline equivalent (GGE), with opportunities for further cost reduction via
improving the liquid hydrocarbon yield and space velocities, and process optimization on balancing dewatering of ethanol
feed prior to the ETO step. The minimum fuel selling price (MFSP) of liquid hydrocarbons derived from corn starch ethanol
with butadiene as coproduct is $1.64/GGE, in the range that is cost competitive with petroleum kerosene-type jet fuel.
Projected MFSP for cellulosic ethanol (corn stover) derived hydrocarbons is below $3.00/GGE and co-production of
butadiene further reduces the MFSP to $1.70/GGE. The Well-to-Wake life-cycle analysis indicates that 85% greenhouse gas
emission reduction can be achieved when using corn stover compared to petroleum reference and the associated carbon
credits will provide significant economic incentives to favor the cellulosic ethanol-derived hydrocarbon fuels. This study
demonstrates a low-cost pathway to middle distillate fuels leveraging existing ethanol infrastructure, where catalysis
innovation drives the reduction of process complexity and flexible coproduction of a value-added chemical product.
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1. Introduction

Sustainable middle distillate (MD) production from either
biomass or CO, is an attractive option to decarbonize the
aviation, marine and heavy-duty trucking sectors. Among
various challenges that limit the extensive deployment of
sustainable MD, realizing economic viability remains the top
priority. Lowering the feedstock cost, improving carbon
conversion efficiency to increase the liquid fuel yield, and
enhancing process and energy efficiency are all critical
measures for lowering the minimum fuel selling price (MFSP)%2.
Another crucial strategy is to capitalize on revenues from
coproducts3, analogous to petroleum refining, where significant
revenue is made from chemical products despite much less
production volume compared to fuels. A common challenge for
the coproduct strategy is the majority of the coproducts have
limited market volume* and significant amounts of coproducts
are generally needed to offset the fuel production cost, leading
to rapid market saturation. Therefore, when developing a new
conversion pathway, it is important to coproduce chemical
products with large market volume to lower the fuel production
cost besides improving carbon conversion efficiency and
process and energy efficiencies.

Among various biomass conversion technologies, ethanol
upgrading is a promising pathway to produce large quantities of
middle distillate fuels due to the well-established ethanol
market (~29.0 billion gallons globally in 2019)°, emerging
opportunities in ethanol synthesis from CO.% and the ethanol
“blend wall”. In this work, we report a pathway for ethanol to
middle distillate fuels via one-step ethanol to butene-rich
olefins. We also provide the detailed techno-economic analysis
(TEA) and life-cycle analysis (LCA) to assess the state of
technology and identify critical research and development
(R&D) opportunities to further improve the cost
competitiveness and lower the life-cycle greenhouse gas (GHG)
emissions.

A single-step ethanol conversion pathway over metal-
modified zeolites has been under development to produce
aromatic-rich hydrocarbon blendstock’-. To produce paraffinic
type middle distillates, ethanol conversion generally involves
ethanol dehydration to ethylene, ethylene oligomerization to
butene-rich olefins, followed by further oligomerization of
butene-rich olefins and hydrotreating®. Two process steps are
needed to convert ethanol to butene-rich olefins and the
ethanol dehydration step requires significant energy inputs
since it is an endothermic reaction. Recent R&D activities have
improving the efficiency for such pathway,
particularly targeting direct conversion of ethanol to Cs. olefins
(ETO)-13, thereby avoiding the ethanol dehydration step and
reducing the capital and the operating expenses.

There are three major types of reaction pathways for direct
ETO, including Brgnsted acid zeolite catalyzed pathway with
ethylene as the intermediate, metal oxide catalyzed pathway
with acetone intermediate, and pathway with 1,3-butadiene
(butadiene, BD) as the intermediate over transition metal
modified oxides. Direct ETO over conventional Brgnsted acid
zeolites (e.g., H-ZSM-5) generates ethylene first via ethanol
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dehydration which then further oligomerizes and cracks to form
Cs. olefins; however, the presence of strong Brgnsted acid sites
and zeolite shape selectivity lead to significant formation of
aromatics and light paraffins, restricting the Cs. olefin yield to
<50%%14. Generally, this type of reaction produces a mixture of
propene and butenes with propene as the major olefin product
at high reaction temperatures, e.g., >673 K. Another direct ETO
approach is to convert ethanol to propene and/or isobutene
over oxide catalysts with proper acid-base properties, such as
Y/ZrO, and ZnZrO,, where the reactions are generally following
ethanol dehydrogenation, oxidation, and ketonization to
acetone, and followed by acetone conversion to either
propene®® or isobutenel®. In both the acetone formation and
acetone to isobutene reaction steps, CO; is generated as a side
product due to C-C bond cleavage, limiting the theoretical
maximum carbon yield to Cs. olefins (e.g., 69% theoretical
carbon vyield to isobutene from ethanol'®). ZnZrOy-based
catalysts primarily generate isobutene while the other oxide
materials (e.g., ZrO,, Sc/In,03) mainly produce propene. This
approach is also wusually operated at high reaction
temperatures, e.g., 673-823 K. The third pathway is catalyzed
by transition metal promoted oxide catalysts (e.g.,
Ag/Zr0,/Si0,), where ethanol is converted to butenes via
dehydrogenation, aldol condensation, Meerwein-Ponndorf-
Verley (MPV) reduction, dehydration to butadiene and followed
by hydrogenation to 1-butene and 2-butenes!3. Ag/Zr0,/SiO,
was reported to produce ~69% selectivity of butene-rich Cs.
olefins at near-complete ethanol conversion under hydrogen
reducing environment at 673 K; however, significant ethylene
(~19% selectivity) was observed.

Further oligomerization of these Cs. olefins is generally
carried out at lower reaction temperatures, e.g., ~¥413 K over
Amberlyst 36 and 413-533 K over H-ZSM-5 and H-Beta
catalysts?’. Among these olefins, butenes have been studied as
important olefin intermediates for synthesizing middle-
distillate-range liquid transportation fuels!*!® as they are
generally more reactive during oligomerization over solid acid
catalysts compared to other olefins!”?9. Therefore, an ideal ETO
catalyst would need to produce butene-rich Cs; olefins at high
selectivities and lower reaction temperatures, so that the
oligomerization can produce high yield of middle distillate fuels
more efficiently, and the heat management duties can be
minimized between ETO and oligomerization steps due to the
reduced operation temperature difference. All these
advancements can lead to significant cost reduction for the
middle distillate fuel production.

Recently we reported a Lewis acid Cu-Zn-Y/Beta catalyst to
catalyze the ethanol-to-butene reaction via ethanol
dehydrogenation, aldol condensation to crotonaldehyde, and
followed primarily by hydrogenation to butyraldehyde, and
subsequent hydrogenation and dehydration reactions to form
butenes (solid arrows, Scheme 1)!. Cu sites promote the
hydrogenation of crotonaldehyde C=C bond to form
butyraldehyde in the presence of hydrogen. This catalyst
exhibits 88% selectivity to butene-rich Cs. olefins at ~100%
ethanol conversion (623 K). However, ethanol to middle
distillates based on direct ETO over this catalyst has not been

This journal is © The Royal Society of Chemistry 20xx
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Scheme 1. Proposed reaction network of ethanol conversion to butenes. Solid arrows and dashed arrows indicate the
primary and minor routes for ethanol to butenes, respectively. This scheme is adapted from Zhang et al.1!

reported yet. Further, value-added coproduct opportunities
have not been explored for neither this ETO route nor the other
ETO pathways. The economic feasibility and life-cycle GHG
emissions of this ethanol conversion pathway have to be
investigated.

Here we report the impact of catalyst composition and
reaction conditions on catalyst performance, which provides
critical experimental inputs for process modeling, TEA and LCA.
More importantly, we show that butadiene can be coproduced
by simply changing the reaction carrier gas from hydrogen to
inert gas over the same catalyst without modifying other
reaction conditions. Butadiene is a value-added chemical
coproduct with a large existing market* (>12 million MT/year??).
Due to the feedstock shift from naphtha to shale gas for making
ethylene, on-purpose butadiene production from renewable
ethanol?? can help to meet the rising demand of butadiene with
the potential of reducing greenhouse gas emissions. Besides
coproducing butadiene, the new ETO approach brings other
benefits to the ethanol-to-middle-distillate technology by
eliminating the endothermic ethanol dehydration step and
reducing the number of unit operations in comparison with the
ethylene-based process. Additionally, the demonstrated Cs.
olefin selectivity exceeds that of the other direct ETO pathways
by avoiding significant formation of CO, and light paraffins,
leading to a higher liquid hydrocarbon yield and ultimately a
lower MFSP.

Ethanol to olefins
(623 K, 1 bar)

Fermentation to ethanol

P

Biomass

A

/

-

Fermentation Distillation

’BD-rich stream

Mono-olefins

Separation

)

This direct ETO was further configurated into a conceptual
biorefinery design, which comprises biomass to ethanol via
fermentation, ethanol separation, ETO, oligomerization and
hydrotreating (Scheme 2). The downstream ethanol upgrading
process is the focus and it can be operated as either an ethanol-
to-middle-distillate mode (ETMD, no butadiene coproduct) or
an ethanol-to-middle-distillate-and-butadiene (ETMDB) mode,
where the latter mode can produce both liquid hydrocarbon
fuels and butadiene and the ratio of butadiene:fuels can be
adjusted by tuning the hydrogen partial pressure of the ETO
step. The the ETO
oligomerization steps were provided for techno-economic

experimental results from and
analysis (TEA) to evaluate the economic feasibility, and the
major cost drivers were identified to provide guidance for
further R&D activities. LCA was also performed to evaluate the
life-cycle GHG emissions of this ethanol conversion pathway
and guide further directions to reduce the carbon intensity.
Market flexibility of this conceptual biorefinery was also
discussed based on feedstock variability, production of different
types of hydrocarbon fuels (jet and diesel), and generation of

co-products.

2. Results and discussion

2.1 Ethanol to Cs. olefins and BD, and olefin oligomerization

Oligomerization
(393-423 K, 40 bar)

Hydrotreating \'

5

Mono-olefins

Scheme 2. Process scheme of a conceptual market-flexible biorefinery centered around ethanol to middle distillates. Green
arrows indicate the ethanol-to-middle-distillate operation mode, while the red arrows show the ethanol-to-middle-distillate-
and-butadiene operation mode. We considered either cellulosic biomass or corn starch as the biomass feedstock.

This journal is © The Royal Society of Chemistry 20xx
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Table 1. Ethanol conversion and product selectivities over various catalysts at 603 K
Product selectivity (%)
Conv.
Aldol
Catalysts % Diethyl Dehydration Acetal- Cs+ Dehydro-
Ethylene Butenes BD ) ) condens
ether products dehyde olefins  genation .
-ation
DeAl-Beta 87 2.3 97 99 0.2 0.3 0 0.3 0.5 0.3
Cu/Beta 90 5.1 36 41 22 7.2 0 8.8 31 8.9
Zn/Beta 77 5.1 39 44 27 15 8.1 18 53 26
Cu-Y/Beta 89 4.5 9.0 13 14 49 0.1 71 85 71
Zn-Y/Beta 91 5.2 7.8 13 3.7 16 55 28 87 83
Cu-Zn-Y/Beta 89 33 10 13 9.6 59 0.8 75 85 76

Reaction conditions: 13.9 kPa ethanol, 94.3 kPa H,, 603 K, WHSV = 0.62 h-! for all the metal loaded catalysts, WHSV=0.93 h-! for DeAl-Beta. Dehydration products
consist diethyl ether and ethylene. Dehydrogenation products include acetaldehyde and all the Cs, hydrocarbons. Aldol condensation products contain all the Cs,
hydrocarbons. Cs, olefins only contain mono-olefins. The relative errors in conversion and selectivities are +5%.

2.1.1 Catalyst composition impact on ETO performance. Since
this ETO reaction pathway involves acetaldehyde as the primary
intermediate, Cu and Zn were selected to catalyze ethanol
dehydrogenation?324. To avoid significant CO, formation, aldol
condensation of acetaldehyde is preferred over Lewis acid sites,
such as Zr, Ti, or Y over siliceous zeolite supports?>. Because of
the trivalent nature and larger radius of Y3, it is considered as a
softer Lewis acid?®, which makes a Y-based catalyst a promising
option because it can catalyze acetaldehyde aldol
condensation?#19 while suppressing ethanol dehydration?’.
Further hydrogenation of C, aldehydes to alcohols could be
catalyzed either via direct reduction with hydrogen over Cu
sites?® or through MPV reduction with an alcohol as a hydrogen
donor over Lewis acid sites?* (steps 3, 4, and 6, Scheme 1).

Lznicu i\ Ly

(d)

Intensity (a.u.)

(a)

1650 1600 1550 1500 1450 1400
Wavenumber (cm™)

Figure 1. DRIFTS spectra collected on (a) DeAl-Beta, (b)
Cu/Beta, (c) Zn/Beta, (d) Y/Beta, and (e) Cu-Zn-Y/Beta after
pyridine saturation at 423 K.

4| J. Name., 2012, 00, 1-3

Dealuminated zeolite Beta (DeAl-Beta) was selected as the
support to anchor metal sites for all the catalysts used in this
study because it is known for possessing a high density of silanol
defects?®. Monometallic (Cu/Beta and Zn/Beta), bimetallic (Cu-
Y/Beta and Zn-Y/Beta) and trimetallic Cu-Zn-Y/Beta catalysts
were further synthesized via a solid-state grinding approach
with loadings of Cu, Zn and Y at ~1 wt.%, ~2 wt.% and ~7 wt.%,
respectively. X-ray diffraction patterns and micropore volumes
derived from N, adsorption isotherms for DeAl-Beta and metal
loaded samples are consistent with the Beta topology as shown
in Zhang et al'’. Diffuse reflectance infrared Fourier transform
spectroscopy (DRIFTS) measurements were performed on
mono-, and trimetallic samples after pyridine saturation to
probe the Lewis acid sites (Figure 1). Two peaks at 1450 and
1608 cm™ are observed in the spectra of Cu/Beta and Zn/Beta,
but absent from the DeAl-Beta spectra, indicating pyridine
adsorption on Lewis acid Cu and Zn sites. Over Y/Beta, the
presence of Lewis acid Y sites is indicated by the peaks centered
around 1445 and 1603 cm™ 10, The trimetallic sample preserves
the Lewis acid features shown in those monometallic samples,
with the major peak at 1450 cm™ and a shoulder at 1445 cm™.
Other detailed characterizations of metal site distributions,
oxidation states, and coordination environment were reported
in Zhang et al''.

DeAl-Beta primarily produces ethanol dehydration products
at 603 K while Cu/Beta significantly promotes the
dehydrogenation activity as reflected by the increase in
dehydrogenation product selectivity from 0.5% to 31% at
similar ethanol conversion in comparison with DeAl-Beta (Table
1). Similarly, Zn/Beta also exhibits 53% selectivity to
dehydrogenation products. Y is further added to Cu/Beta or
Zn/Beta to introduce Lewis acidity for promoting aldol
condensation!®. When comparing with Cu/Beta, Cu-Y/Beta
demonstrates higher selectivity to aldol condensation products
(71%) at similar ethanol conversion and butenes are the
predominant products. Zn-Y/Beta also generates 83%
selectivity of aldol condensation products; however, butadiene
becomes the dominant coupling product. Adding Zn onto Cu-
Y/Beta (Cu-Zn-Y/Beta) further enhances the selectivity of Cs.

This journal is © The Royal Society of Chemistry 20xx
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olefins and aldol condensation products to 75% and 76%,
respectively, in comparison with Cu-Y/Beta, particularly
increasing butene selectivity (Table 1). Based on the fact that
the trimetallic catalyst leads to high Cs. olefin selectivity, we
chose to work with Cu-Zn-Y/Beta for the following studies. We
would like to note the comparison of catalyst performance at
high ethanol conversion is only to help understand why the
trimetallic Cu-Zn-Y/Beta catalyst is selected for further
optimizing reaction conditions. Strict comparisons of the
catalyst activities and investigations of the catalytic
functionalities of these metal sites are the focuses of another
study?!t.

2.1.2 ETO reaction condition optimization — experimental
inputs for TEA. Ethanol conversion and Cs. olefin selectivity
over Cu-Zn-Y/Beta were further optimized by varying the
reaction temperature, weight hourly space velocity (WHSV),
water concentration in the liquid feed, and hydrogen partial
pressure. These experimental results were provided for TEA to
allow more accurate predictions of the fuel production cost and
to perform sensitivity analysis for understanding the process
condition impact on the cost. Major cost drivers associated with
the ETO catalyst and process will be identified to guide further
catalyst and process development in section 2.2.

As shown in Figure 2, reaction temperatures were studied
from 473 to 673 K to optimize catalyst performance while the
other reaction conditions were kept constant (7.5 kPa ethanol,
99.3 kPa H,, WHSV 0.52 hl). Ethanol conversion increases
monotonically from 9.7% to 100% as the temperature was
ramped up to 623 K, after which complete ethanol conversion
remains. The Cs. olefin selectivity is optimized to 89% with 100%
conversion at 623 K. Butene selectivity is less than Cs, olefin
selectivity below 573 K, while butenes dominate the Cs. olefin
stream above 573 K with maximum butene selectivity (61%)
showing up at 623 K. At lower reaction temperatures (473-523
K), significant C; oxygenates (e.g., butyraldehyde, 1-butanol,
crotyl alcohol) are observed, which are derived from the aldol
condensation  product (crotonaldehyde) after further
hydrogenation reactions (steps 3, 4 and 6, Scheme 1). All of the
C, oxygenates are completely consumed when the reaction
temperature is above 573 K, leading to butene formation.

Residence time or space velocity is directly related to the
reactor sizing and catalyst cost in the process design and TEA.
As shown in Figure S1, ethanol conversion and product
selectivities of Cs. olefins, butenes and Cs. olefins increase as
residence time rises from 0.34 to 1.9 geat h geron™®. Acetaldehyde
continues to be consumed to make Cs. olefins as indicated by
the decrease of acetaldehyde from 17% to 1.4% while the Cs.
olefin selectivity increases from 47% to 89%. Negligible C4
oxygenates are present even at very low residence time,
indicating fast conversion of these C, intermediates to butenes
at this temperature.

For this ETO reaction, water is produced in multiple steps,
such as aldol condensation (step 2, Scheme 1) and dehydration
of crotyl alcohol and 1-butanol (steps 5 and 7). Aqueous ethanol
is also likely to be a favorable feed for ethanol conversion to
save energy and capital expense in ethanol dewatering®.

This journal is © The Royal Society of Chemistry 20xx
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Figure 2. (A) Ethanol conversion and olefin selectivities; and
(B) oxygenate selectivities over Cu-Zn-Y/Beta at different
reaction temperatures. Reaction conditions: ~0.19 g Cu-Zn-
Y/Beta catalyst diluted in 0.8 g SiC, 0.52 h"l WHSV, 7.5 kPa
ethanol, 99.3 kPa H,. Data is collected at time on stream
(TOS) 1.1 h. C; oxygenates include butyraldehyde,
butanone, 1-butanol and crotyl alcohol. C4 alcohols include
1-butanol and crotyl alcohol. Light alkanes are within 0-1.0%
at all conditions. Cs. olefins include pentenes and hexenes.

Cofeeding water has been reported to inhibit the C-C bond
formation for the ethanol-to-butanol Guerbet chemistry when
ethanol reacts over the surfaces of hydroxyapatite (HAP) or
MgO?39. Therefore, it is critical to study the impact of water on
the ETO reaction with our Cu-Zn-Y/Beta catalyst to allow the
opportunity for feeding wet ethanol. Figure S2 shows the
comparison of ethanol conversion and product selectivities with
pure ethanol and aqueous ethanol with 13 wt.% of water
(within the water concentration range of wet ethanol after
rectification column during ethanol purification) while keeping
ethanol and hydrogen partial pressure the same (623 K, 5.7 kPa
ethanol, 79.6 kPa hydrogen balanced with Ar). When there is no
co-fed water, the initial ethanol conversion is ~100% and the Ca.
olefin selectivity is ~89% at 1.9 h TOS (Figure S2). No significant
change of ethanol conversion is observed, with only a slight
decrease in the Cs. olefin selectivity to 84%, after 12 h TOS. The
major product is still butenes at a selectivity of ~65% during the
12 h TOS. When we cofed 13 wt.% water, both ethanol
conversion and product selectivities are very similar to those
with pure ethanol feed, suggesting 13 wt.% water does not have
a significant impact on the catalyst performance. Although this
could not ensure the long-term (e.g., >1000 h) steam stability of
this catalyst, it provides good indication that this Cu-Zn-Y/Beta

J. Name., 2013, 00, 1-3 | 5
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Figure 3. Ethanol conversion and Cs. olefin selectivity over
different pathways and different catalyst types. Blue region:
pathway with acetone intermediate over metal oxides;
Green region: pathway with ethylene intermediate over
Brgnsted acid zeolites; Orange region: pathway with
butadiene intermediate over transition metal modified
oxides; Red star: this work. Detailed information on
catalysts, and reaction conditions is reported in Table S1.

catalyst is likely not as sensitive to water as other base catalysts,
such as HAP or Mg0O3°.
The Cs. olefin selectivity and olefin composition are critical
the downstream oligomerization reaction, liquid
hydrocarbon yield and fuel quality. Figure 3 shows the Cs. olefin
selectivity as a function of ethanol conversion to represent the
potential of each route for direct ethanol conversion to Cs.
olefins. The Lewis acid zeolite catalyzed C-C bond formation
pathway (via acetaldehyde) identified in this study exhibits
significantly higher Cs. olefin selectivity, in comparison with
other direct ETO approaches, namely, Brgnsted acid zeolite
catalyzed C-C bond formation via ethylene3!, oxide material
catalyzed pathway via the acetone intermediate!®3?, transition
metal modified oxides with butadiene as the intermediate?!3.
Cu-Zn-Y/Beta catalyst offers a unique active site combination to
promote high selectivity of Cs. olefins by minimizing ethanol
dehydration to ethylene and avoiding significant C-C cleavage
and over hydrogenation of olefins, which lead to CO, and light
paraffins formation, respectively.
Beyond the Cs. olefin selectivity consideration, olefin
composition is also critical since different olefins have distinct
reactivities

for

in the oligomerization reaction, for example,
butenes are more favored than other olefins!’2°, such as
propene and Cs. olefins, so it is desired to produce olefins with
higher concentrations of butenes. Cu-Zn-Y/Beta catalyst is able
to produce Cs. olefins with 75% butenes, which is much higher
than that from Brgnsted acid zeolite catalyzed pathway and
oxide-based pathway over the majority of oxide catalysts (Table
S1). Furthermore, this pathway can be operated at much lower
reaction temperatures (623 K or lower) than all the other direct
ETO pathways (673-823 K) (Table S1). Such low-temperature
operation can facilitate the integration with the downstream
oligomerization reaction by significantly reducing the need of
heat exchanging and potentially lowering the operation cost.

6 | J. Name., 2012, 00, 1-3

2.1.3. Flexible co-production of butadiene by modulating the
hydrogen partial pressure. As shown in Scheme 1, there are
two competitive pathways of converting crotonaldehyde i.e.,
hydrogenating C=C over Cu sites in the presence of hydrogen or
reducing C=0 via MPV reduction. Hydrogen could play an
important role in affecting the relative rates of these two
reactions, thus leading to different product distributions. We
investigated the impact of hydrogen partial pressure on ethanol
conversion and product selectivities (Figure 4, Figure S3).

The major impact of hydrogen partial pressure is on the
selectivities of butadiene, butenes and Cs. olefins. Reducing
hydrogen partial pressure is likely to slow down the
hydrogenation steps (steps 3 and 8, Scheme 1) as hydrogen
partial pressure generally has a positive impact on
hydrogenation over Cu sites333*, When no hydrogen was co-fed,

(A)
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.
N
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0 - ; : ' 1
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Figure 4. Selectivities of (A) butadiene and (B) Cs. olefins at
different hydrogen partial pressures. Reaction conditions:
623 K, 0.53 h™* WHSV, total pressure 109.6 kPa, 7.6 kPa
ethanol balanced with He. Conversion and other products
selectivities are reported in Figure S3.

butadiene selectivity is approaching 50% (Figure 4) while the
amount of butenes is only ~14% (Figure S3), suggesting
crotonaldehyde is primarily converted to butadiene via crotyl
alcohol in the absence of hydrogen. This is consistent with
conventional ethanol to butadiene reaction, where crotyl
alcohol is proposed to be the major intermediate to butadiene3®
and the hydrogenation of crotonaldehyde to crotyl alcohol is via
MPV reaction. We would like to note that there are still
significant opportunities to optimize the butadiene selectivity
via catalyst and reaction optimizations; however, the primary
goal of this study is to demonstrate the flexible co-production
of butadiene along with significant Cs. olefins formation for
synthesizing liquid hydrocarbon fuels. As we increase the
hydrogen partial pressure to 13.7 kPa and 27.4 kPa, butadiene

This journal is © The Royal Society of Chemistry 20xx
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selectivity decreases to 20% and 2.3% at 1.1 h TOS, respectively,
along with a dramatic increase of butene selectivity to 40% and
60%. When cofeeding 102.0 kPa hydrogen, butadiene
formation is completely inhibited while butene selectivity
reaches 62%. Interestingly, hydrogen partial pressure does not
show a significant impact on total C4 products (sum of butenes
and butadiene) (Figure S3). The Cs. olefin selectivity is also
varied between 37% and 89% at 1.1 h TOS as we increase the
hydrogen partial pressure from 0 to 102.0 kPa (Figure 4). These
findings indicate that the ratio between butadiene and Cs.
olefins can be tuned by simply varying the amount of hydrogen
cofeeding, so that we can adjust the ratio of final liquid
hydrocarbon fuel yield and the coproduct.

2.1.4 Oligomerization of Cs, olefins. The Cs, olefins obtained from
ETO were further oligomerized to longer-chain hydrocarbons over
several solid acid catalysts, including Amberlyst-15, Amberlyst-36,
and CT275. Figure 5A shows the liquid hydrocarbon distributions in
gasoline, jet and diesel cuts based on the simulated distillation of the
oligomerization liquid products (Figure S4). Over Amberlyst-36, 80
wt.% of middle distillate (47% jet and 33% diesel) is obtained with
15% gasoline fraction and a minor heavy fraction (3%, >663 K).
Amberlyst-15 is shown to generate a higher fraction of longer-chain
hydrocarbons as reflected by 91 wt.% combined middle distillate and
heavy fractions and less gasoline fraction in comparison with
Amberlyst-36. On the other hand, CT275 tends to produce higher
gasoline fraction (25 wt.%) than Amberlyst-36 (15 wt.%) and
Amberlyst-15 (9.0 wt.%). These findings suggest the gasoline, jet and
diesel cuts could be adjusted by working with different
oligomerization catalysts. Over all these catalysts, iso-paraffins and
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9 804 B diesel
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5
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-
o
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A-36 A-15 CT275
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Il iso-Paraffins or olefins
9 80 I n-Paraffins or olefins
E [ Cyclic hydrocarbons
5 604 A )
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2 401
-
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Figure 5. Liquid hydrocarbon distributions after

oligomerization over Amberlyst-36 (A-36, 423 K, 54 bar),
Amberlyst-15 (A-15, 423 K, 40 bar) and CT275 (393 K, 39
bar). (A) Gasoline cut (initial boiling point to 426 K), jet cut
(426-529 K), diesel cut (529-663 K), and heavy cut (>663 K).
(B) Types of hydrocarbons in the liquid products.
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olefins are the primary types of hydrocarbons along with small
amounts of n-paraffins (or olefins), naphthenes and aromatics
(Figure 5B). Further optimization of the middle distillate yield and
adjusting the composition is possible with other oligomerization
catalysts (e.g., zeolites'®3¢), which is out of the scope for this
investigation since olefin oligomerization has been a topic of prior
extensive studies!®3®. The carbon conversion efficiency for the
overall ethanol to hydrocarbon process is shown in Table S2. The
process described in this study shows high carbon efficiencies from
ethanol to liquid hydrocarbons and middle distillates (85% and 74%,
respectively).

2.2 TEA and process design

2.2.1 Ethanol upgrading costs and sensitivity analysis. The
process described in this TEA model (nt"-plant analysis) includes
feedstock handling, pretreatment, saccharification (or
enzymatic hydrolysis), fermentation, distillation and product
recovery for ethanol, and ethanol upgrading to hydrocarbon
fuels and butadiene (Scheme S1). Ethanol upgrading cost is
calculated by considering capital expense (CAPEX)
operation cost (including fixed operating cost, catalyst,
hydrogen and utilities) for the downstream catalytic conversion

and

processes, comprising ETO, oligomerization, hydrotreating and
associated separations, where the modeling of ETO and
oligomerization steps is based on the experimental inputs
(section 2.1) while the hydrotreating step and separations are
based on a prior model?. The base case starts with nearly pure
anhydrous ethanol for the ETO reactor without considering
coproducts and the process parameters are summarized in
Table S3. The baseline ethanol upgrading cost with pure ethanol
feed is $0.60/GGE (gasoline gallon equivalent), where the
CAPEX contributes 27% of the overall upgrading cost
($0.16/GGE), while OPEX makes up the other 73% (Figure 6).
The hydrotreating reactor cost contributes to 49% of the overall
CAPEX, followed by ETO reactor and oligomerization reactor
(Figure S5). In comparison with ethanol to jet (ETJ) based on the

iy,
[ utilities
Il CAPEX Related

I ETO catalysts
Oligomerization catalysts
[ Fixed costs

13% $0.87/GGE

50% $0.64/GGE

100% $0.60/GGE

Ethanol concentration (wt%)

0 0.2 0.4 0.6 0.8 1
Ethanol conversion cost ($/GGE)

Figure 6. Ethanol upgrading cost distributions for three
cases with different ethanol concentrations.

two-step ethanol to butene-rich olefins shown in Tao et al.%’,
the one-step ETO shows ~42% reduction in ethanol upgrading
cost ($0.60/GGE vs $1.04/GGE).
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A single-point sensitivity analysis was performed to
understand the impact of process parameters on ethanol
upgrading cost as illustrated in the tornado chart (Figure 7). The
variables with the most significant impact on cost would show
on the top of the tornado chart. Among these selected variables
and their ranges, CAPEX, ETO reactor inlet ethanol
concentration, liquid hydrocarbon yield, and WHSV for both
oligomerization and ETO show significant impact on the ethanol
upgrading cost.

For ETO reactor inlet ethanol concentration, besides the
anhydrous ethanol case, two additional scenarios of ethanol
feeds with different ethanol concentrations were considered
for this ethanol-to-middle-distillate process concept, including
13% (wt.%) and 50% ethanol, which represent the ethanol
concentrations in the effluent streams from fermentation and
beer column distillation, respectively (Scheme S1). For the 13%
ethanol scenario, the additional cost for removing impurities
from the fermentation broth was not considered, so it
represents the minimum cost to work with such ethanol
concentration. The main purpose is to understand the impact of
water content on the overall cost to select the most practical
separation strategy prior to ethanol catalytic upgrading. As we
vary the ETO reactor inlet ethanol concentration from 100% to
13%, the conversion cost increases from $0.60 to $0.87/GGE
(45% increase, Figure 6 and 7), mainly due to the increase of
ETO reactor size and heat demand due to the introduction of
extra amount of water into the ETO reactor. An optimum MFSP
(with corn starch ethanol feed as an example) is reached at the
medium ethanol content (Table S4), where $0.11/GGE could be
saved in comparison with the pure ethanol scenario. Aqueous
ethanol feed with partial purification is also preferred in
another study on a different consolidated alcohol dehydration
and oligomerization approach by Hannon et al®. Experimentally
this is feasible since cofeeding a certain amount of water does
not affect the catalyst performance, at least up to the time on
stream evaluated within this study (Figure S2). This increases
the flexibility of this biorefinery concept as ethanol production
is often accompanied by water.

The Cs. olefin selectivity is directly related to the liquid
hydrocarbon yield, one of the key cost drivers as shown in

-40% -30% -20% -10% O

Figure 7. The modeled yield for our base case is 0.58 GGE/gallon
ethanol based on our experimental inputs with ~89% Cs. olefin
selectivity and 100% ethanol conversion (623 K). A decrease of
the liquid hydrocarbon vyield to 0.43 GGE/gallon ethanol
(corresponding to ~66% Cs. olefin selectivity, which still exceeds
the majority of one-step ETO pathways reported in the
literature as shown in Figure 3 and Table S1) would lead to a
significant increase of the conversion cost by 37% ($0.22/GGE,
Figure 7). This highlights the importance of obtaining high
selectivity to Cs. olefins and demonstrates the advantage of this
one-step ETO approach when compared with other existing
ethanol conversion methods (Figure 3). Meanwhile it also
indicates the significance of further improving the Cs. olefin
selectivity through experimental R&D, which could be achieved
via catalyst or reaction optimization, such as modifying the
catalyst acidity or lowering the reaction temperature to inhibit
ethylene formation (Figure 2).

WHSVs for both oligomerization and ETO steps are critical
to ethanol upgrading cost as illustrated in Figure 7. Increasing
the active site densities or replacing them with more active
metal centers for both aldol condensation and hydrogenation
are potential strategies for promoting the catalyst activities. For
instance, ethanol conversion decreases to 59% with the
increase of acetaldehyde and butadiene selectivity to 21% and
15%, respectively, when the WHSV is increased to 2.9 h
(residence time 0.34 gcat h geton™* @as shown in Figure S1). Further
improvement of the aldol condensation (reaction step 2,
Scheme 1) and hydrogenation activities (reaction steps 3, 4, 6
and 9, Scheme 1) would favor the formation of butenes.

CAPEX is also affecting ethanol upgrading cost significantly
as shown in Figure 7 and there are potential opportunities to
reduce capital expense per GGE. One scenario is through
increasing the biorefinery size. The annual ethanol production
in the current analysis is 39 million gallons. Increasing the
biorefinery size could lead to a decrease of capital cost/GGE and
MFSP due to economy of scales3®. Another opportunity is to
save cost over the hydrotreating step, where the hydrotreater
is the largest cost component among all the downstream
upgrading and separation units (49% of the total installed
equipment capital cost, Figure S5). One potential scenario is

10%
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(50%:100%:150%)

Inlet ethanol concentration

(100%:13%)

Liquid hydrocarbon yield GGE/gal ethanol
(0.58:0.43)

Oligomerization catalyst WHSV h'
(5:1:0.25)

ETO catalyst WHSV h!

(3:1:0.25)

Oligomerization catalyst replacement yr
(2:1:0.5)

Oligomerization catalyst cost $/kg
(77:154:231)

ETO replacement yr

(2:1:0.5)
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-31%

Figure 7. Sensitivity analysis of major ethanol upgrading process parameters.
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that the liquid hydrocarbons collected after the oligomerization
step can be transported to a central refinery for further
hydrotreating and blending with other hydrocarbon streams to
make jet/diesel fuel, where the size of the hydrotreater in the
central refinery could be dramatically larger than the one used
in the biorefinery modeled here. Utilization of hydrotreating
facilities in the existing petroleum refineries via a co-processing
scheme offers another option to reduce the MFSP further.
Similar types of concepts have been applied in biomass
hydrothermal liquefaction3®, where significant cost benefit
could be obtained either via a central refinery concept or using
a co-processing scheme with petroleum refinery streams. In
summary, the sensitivity analysis has indicated opportunities to
reduce the ethanol upgrading cost via further catalyst
development to improve Cs. olefin selectivity and WHSV,
process optimization on balancing dewatering of ethanol feed
prior to catalytic upgrading steps and a new process scheme of
processing oligomerization liquid products in either a larger
central hydrotreating facility or coprocessing with petroleum
feed.

2.2.2 MFSP based on different ethanol feedstocks. This ethanol-
to-middle-distillate process can be used as a bolt-on technology with
an ethanol biorefinery to produce various hydrocarbon fuels and
chemical coproducts to expand the product portfolios from ethanol.
To understand the cost of making liquid hydrocarbon fuels, MFSPs
were calculated by adding up the ethanol price and ethanol
upgrading cost (see calculation details in section 4.3). Both first-
generation (corn starch) and second-generation ethanol (corn
stover) were considered and three cases were evaluated for each of
the feedstocks, including current case, projected case and BD
coproduction case (Table 2). The current cases are based on current
ethanol fermentation technologies and the baseline ethanol

Green Chemistry

upgrading cost in this study ($0.60/GGE), where the 2010-2020 10-
year average corn starch ethanol price and cellulosic ethanol price
reported in NREL 2011 design model*® were used. For the projected
cases, lower ethanol prices were considered, 2015-2020 5-year
average ethanol price for corn starch and projected cellulosic ethanol
price for corn stover®. Projected ethanol upgrading technology with
the improvement of liquid hydrocarbon yield to 95% of the
theoretical maximum was considered in the projected cases. For the
BD coproduction cases, 44% carbon from ethanol went to butadiene
while the remaining carbons were sent for fuel production. The
average and high U.S. Gulf Coast Kerosene-Type spot price of
petroleum jet fuel in 2010-2020 ($2.00/GGE and $2.97/GGE,
respectively)*! were used as benchmarks to understand the
competitiveness of ethanol derived liquid hydrocarbon fuels.

MFSPs of the current case based on corn starch and corn
stover are higher than the petroleum jet fuel prices due to high
ethanol prices. Since ethanol price is the dominant contributor
to MFSP, maximizing the carbon conversion efficiency
(particularly optimizing Cs. olefin yield) to increase liquid
hydrocarbon yield is critical to lower the MFSP. As shown in
Figure S7, further increase of the liquid hydrocarbon yield could
dramatically lower the MFSP, e.g., $0.24/GGE cost reduction
can be achieved by increasing the liquid hydrocarbon yield to
95% of the theoretical maximum. With lower ethanol prices and
improved ethanol upgrading technology (95% of the theoretical
maximum liquid hydrocarbon yield), the projected MFSPs are
expected to drop down to $2.78/GGE and $2.80/GGE with corn
starch and corn stover, respectively (Table 2), in a range that is
comparable with the petroleum jet fuel prices.

Further cost reduction is considered with butadiene as a
chemical coproduct, which can be produced by modulating the
hydrogen partial pressure (as shown in section 2.1.3) and the
remaining mono-olefin stream can be further oligomerized to

Table 2. MFSPs based on different feedstocks within three different scenarios

Ethanol Ethanol Upgrading Average jet High jet
' ¢ MFSP i )
Feedstock Case Prices upgrading Costs ($/GGE) fuel price fuel price
($/gal) technology ($/GGE) ($/GGE)* ($/GGE)"
Petroleum Benchmark $2.00 $2.97
Current $1.80? Baseline $0.60 $3.70
Corn starch Projected $1.413 Projected* $0.53 $2.78
BD coproduction® $1.41 BD coproduction -—-- $1.64
Current $2.54% Baseline $0.60 $4.98
Corn stover Projected $1.427 Projected $0.53 $2.80
BD coproduction® $1.42 BD coproduction - $1.70

1 Average and high U.S. Gulf Coast Kerosene-Type spot price of petroleum jet fuel in 2010-2020%%. 22010-2020 10-year average corn ethanol price is used. The
historical ethanol selling price is shown in Figure S6. 32015-2020 5-year average corn ethanol price is used. *The projected ethanol upgrading technology assumes
95% of the theoretical maximum liquid hydrocarbon yield. SBD coproduction case considers 44% carbon from ethanol goes to butadiene with butadiene selling
price of $0.8/Ib. éEthanol selling price for current case with corn stover is calculated from NREL 2011 model* after adjusting the cost to 2016S. 7Ethanol selling
price for the projected case with corn stover is based on future cellulosic ethanol technology updated to 2016S8.
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make liquid hydrocarbons. Figure 8 shows the MFSP changes as
a function of butadiene price and ethanol price. At fixed ethanol
price, increasing butadiene price would reduce the MFSP with
coproduct credit. At the ethanol price of $1.41/gallon (2015-
2020 5-year average price for corn starch ethanol), a minimum
BD selling price of $0.59/Ib is needed to achieve the same MFSP
as the no coproduct case (corn starch-projected case). Any BD
price above $0.59/lb would lead to further MFSP reduction, for
example, MFSP drops to $1.64/GGE with a butadiene price of
$0.80/1b (2010-2015 average BD price as shown in Figure S8),
making corn ethanol derived hydrocarbon fuel competitive with
the petroleum benchmark. With corn stover as the feedstock,
the MFSP can be lowered to $1.70/GGE when producing
butadiene ($0.80/Ib) as the coproduct (Table 2), also in the
similar range as petroleum-derived jet fuel. Since butadiene
price fluctuated largely (Figure S8), coproduction of butadiene
can be adjusted based on the market price and demand
accordingly by leveraging the flexible operation of the ETO step.

Altogether, we have shown that lower ethanol prices and
improvement of liquid hydrocarbon yield lead to significant
MFSP reduction for both corn starch ethanol and corn stover
ethanol. Coproduct credits from ethanol (e.g., butadiene) are
critical to further bring down the cost to improve the long-term
competitiveness. Beyond these opportunities, carbon credits
due to the benefits of lower GHG emissions from these ethanol-
derived fuels could potentially further enhance the cost
competitiveness, so the life-cycle analysis was performed to
evaluate the carbon intensities.

2.3 Life-cycle analysis

- — — - average petroleum jet fuel price
---------------- high petroleum jet fuel price

MFSP
7.20

6.20

5.20

4.20
3.20
2.20

1.20

0.20

BD price ($/Ib)

-0.80

1.0 12 1.4 16 18 20
Ethanol price ($/gal)

Figure 8. Contour plot of MFSP vs. ethanol price and BD
price. The triangle represents the minimum BD price at
ethanol prices of $1.41/gal, above which BD coproduction
will help to reduce the MFSPs compared with no BD
scenarios (projected cases). The square shows the BD
coproduction case for corn starch. Average and high
petroleum jet fuel prices are the average and high U.S. Gulf
Coast Kerosene-Type spot price in 2010-2020,
respectively*!.
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Nine cases are selected to evaluate the Well-to-Wake (WTWa)
analysis results under different scenarios such as the type of
feedstock (corn starch, corn stover, and miscanthus),
hydrocarbon yield (0.58 and 0.43 GGE/gal ethanol), and ethanol
concentration (13%, 50%, and 100%) (Figure 9). Both Case 1 and
5 are based on the TEA current cases with corn starch and corn
stover as feedstock, respectively. The additional cases were
studied to understand the impact of feedstock, liquid
hydrocarbon yield and ethanol concentration on GHG
emissions.

The feedstock type affects the upstream GHG emissions,
which includes farming/collection, fertilizer/pesticide use,
transportation, and land-use change (LUC) impact. Greenhouse
gases, Regulated Emissions, and Energy use in Technologies
(GREET®) model was used for ethanol production from these
three feedstocks*?. The WTWa pathways of biomass-based and
fossil-based jet fuel are shown in Figure S9. Since GREET
assumes the production of 100% ethanol, the heat demand is
adjusted for the cases of 13% and 50% ethanol to avoid double
counting of energy requirements for ethanol purification. Major
parameters and key assumptions of life cycle analysis of ethanol
supply chain are presented in Table S5 and material inputs for
ethanol purification and upgrading are shown in Table S6. Heat
integration was considered between ethanol and jet fuel
production to reduce the natural gas (NG) inputs. Since the
liquid hydrocarbon fuel consists of gasoline, diesel, jet, and
heavy oil, the energy-based allocation is assumed for the
remaining fuel products other than jet fuel to obtain the LCA
results for jet fuel.

Figure 9 shows the WTWa GHG emissions of jet fuel for nine
cases along with the petroleum reference case. Cases 1 to 4
using corn starch ethanol have a large portion of GHG emissions
from corn farming and ethanol fermentation. Since the ethanol
purification represents the process of increasing the ethanol
the target content, higher ethanol
concentration is linked with more GHG emissions during

concentration to

purification. On the other hand, NG consumption in the
downstream upgrading process decreases when the ETO
reactor inlet ethanol concentration is high. Consequently, the
NG saved by omitting the purification process is offset with the
NG required for heating up the ETO inlet stream, so potentially
an optimum case can be reached. Considering the net impact,
Case 1 and 2 have lower carbon intensity (Cl) than Case 3,
indicating higher ethanol concentration for the ETO reactor
inlet could benefit the overall GHG emission. Comparing Case 4
with Case 1, lower liquid hydrocarbon yield leads to significant
increase of GHG emission to 90 gCO,e/MJ due to the need of
more ethanol feedstock and consuming more energy in the
downstream ethanol upgrading process for producing the same
quantity of jet fuel.

Due to lower Cl of corn stover ethanol production compared
to that of corn starch ethanol, Cases 5-8 present much lower
GHG emissions mainly because of reduced GHG emissions from
upstream biomass farming/collection, ethanol fermentation
and purification compared to Cases 1-4. Corn stover-based
ethanol plants use biomass instead of NG to provide heat for
ethanol fermentation and purification. Since the combustion
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emission of biomass is excluded from the LCA count, the GHG
emissions of fermentation and purification are lower than those
of corn starch cases. Among these cases, Cases 5 has low Cl (13
gC0,e/MJ), a ~“85% reduction compared to the petroleum jet
reference. Case 9 uses miscanthus as the feedstock for ethanol
production, which presents a net GHG emission of -3.8
gC0,e/MJ, ~105% lower than the reference, which is primarily
due to using biomass to provide the process heat and the large
negative LUC GHG emissions caused by its high crop yield*3.

WTWa GHG emissions from this study were compared with
previous studies on ethanol-to-hydrocarbon technologies®’,
where similar boundary conditions were selected for fair
comparison. Han et al.** analyzed the ETJ technology via
ethylene intermediate (two-step ethanol to butene-rich olefins)
with jet fuel production integrated with biorefinery, using 100%
ethanol from corn starch. Cl of jet fuel from corn starch via this
technology (72 gC0O,e/MJ) is 13% higher than Case 1 mainly due
to higher energy consumption for the downstream ethanol
conversion process. Altogether, the biomass feedstock type,
liquid hydrocarbon yield and ethanol concentration for the ETO
step are shown to impact the overall GHG emissions.

Carbon intensity reduction could lead to a significant
economic incentive for producing renewable hydrocarbon fuels
from ethanol. Based on California’s Low Carbon Fuel Standard
(LCFS), the carbon intensity reduction would provide credits of
$0.50/GGE and $1.70/GGE to MFSPs with corn starch and corn
stover as feedstocks (LCA case 1 and 5), respectively (Table S7).
Renewable identification numbers (RINs) applied under the US
Environmental Protection Agency (EPA) Renewable Fuel
Standard (D3 for cellulosic feedstocks, and D6 for starch
feedstocks) would provide further credits, $0.02/GGE for corn

[ Biomass farming/collection [l Ethanol fermentation

B Ethanol upgrading-H,
[ Petroleum jet production [l Jet fuel use

[ Ethanol upgrading-NG
[ Jet fuel transportation

ARTICLE

starch and $1.14/GGE for corn stover. With these carbon credits
(e.g., biojet production in California), the MFSP for corn stover-
derived liquid hydrocarbons (Table S7) will fall into the range
comparable with the petroleum-based jet fuel prices.

2.4 Market flexibility

This conceptual biorefinery based on the ethanol platform
shows several opportunities to be market responsive: 1)
flexibility to take different alcohol feedstocks, such as wet
ethanol with varied water content or alcohol mixture; 2)
flexibility to produce different types of hydrocarbon fuel
products; 3) the process could adjust the carbon flow to fuels
and coproducts (e.g., butadiene) based on the market demand
and price.

As discussed in section 2.1.2, water does not show a
significant impact on catalyst performance, which offers the
opportunity for directly using wet ethanol as feedstock for
ethanol to middle distillate. Further, beyond ethanol, here we
also show that the Cu-Zn-Y/Beta catalyst can directly convert a
more complex mixture of acetone, 1-butanol and ethanol (ABE)
to butene-rich Cs. olefins (95% selectivity at 99% total carbon
conversion, Figure S10). The flexibility of taking different alcohol
feedstocks greatly expands the application opportunities for
such ethanol upgrading technology, such as
fermentation-derived alcohols, ethanol Guerbet
derived mixed alcohols*> and CO, derived alcohols®46.

This process is able to produce a hydrocarbon blendstock
that can be fractionated to different types of fuels over different
oligomerization catalysts (Figure 5), although it is not the
purpose here list
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Figure 9. Well-to-Wake GHG emissions (gCO,e/MI jet fuel) of nine cases compared with the petroleum jet. GHG emissions from LUC are
included in biomass farming/collection. CO, emissions from jet fuel use are offset by biogenic CO, in fuel for Cases 1-9. *For 50% and 13%
ethanol concentration, slight carbon loss was observed in the downstream separation steps, which led to 3.4% and 8.6% decrease of
liquid hydrocarbon yield, respectively. This difference is within the errors of both TEA and LCA calculations.
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oligomerization catalysts and conditions in this study. This
offers the flexibility to produce gasoline, jet and diesel, where
when the market demand and price are favoring certain type of
fuel, there is room to tune the process to meet the needs of the
market changes without significant process modifications.

Coproduction of butadiene with hydrocarbon fuels from
ethanol further enhances the process flexibility when the profit
margin of butadiene is high enough. Figure S11 shows the
amount of butadiene production when diverting different
percentages of carbon from ethanol to butadiene and liquid
hydrocarbon fuel, where we assume 10% of the predicted 2025
sustainable aviation fuel market (4.76 billion gallon/year?’) is
captured by ethanol to jet fuel. At high carbon conversion to
butadiene (44%), the amount of butadiene produced from
ethanol takes ~16% of predicted 2025 butadiene market, far
below the market saturation point if we do not consider market
penetration challenges of renewable butadiene. As the
percentage of carbon to butadiene decreases to 30%, 20% and
10%, the market share of renewable butadiene from ethanol
drops to 9.3%, 4.9% and 2.2%, respectively. This assessment
indicates that butadiene is a promising coproduct for the
ethanol-to-middle-distillate pathway to offset MFSP while
potentially avoiding market saturation.

3. Conclusions

We report a market-responsive C, platform-based biorefinery
concept for producing middle distillate fuels, which is enabled
by our emerging ethanol upgrading technology based on one-
step ethanol to butene-rich Cs. olefins. The development of Cu-
Zn-Y/Beta catalyst enables the selective conversion of ethanol
to Cs. olefins (89% selectivity at 100% ethanol conversion),
greatly exceeding the olefin selectivities from all the other
existing routes. TEA with experimental inputs has shown the
ethanol upgrading cost is $0.60/GGE, ~42% reduction in
comparison with the ethylene-based ETJ approach. Key ethanol
conversion cost drivers, such as liquid hydrocarbon vyield, are
identified to guide further R&D efforts. Coproduction of
butadiene can help to significantly drive down the MFSP
towards cost competitive with petroleum jet fuel based on
either corn starch or corn stover ethanol. Life-cycle analysis has
also indicated significant potential for GHG emission reduction,
e.g., “85% and ~105% GHG emission reduction with corn stover
and miscanthus as feedstocks, respectively.

This study highlights the significance of developing one-step
ETO in reducing the complexity of overall ethanol-to-middle-
distillate process and lowering the ethanol upgrading cost.
Further ETO catalyst development to increase the single-pass
Cs, olefin yield and productivity, and optimize the olefin
composition is critical for driving down the conversion cost and
tuning fuel properties. This calls for in-depth understanding of
the catalyst active sites and tuning the active sites (type or
density) to minimize the side products (e.g., ethylene) and
optimize the olefin compositions. The production of large-
market-volume chemical coproducts is critical for increasing the
cost competitiveness of the middle distillate fuels and
enhancing the market responsiveness of the biorefinery.
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Moving forward, other coproduct opportunities could be
explored in the context of ethanol to middle distillates, such as
benzene, toluene and xylenes (BTX)%, ethyl acetate, acetic acid,
etc*®. Environmental impact is another critical consideration,
where other low-carbon-intensity feedstocks (such as CO,)
would potentially offer the opportunities to explore negative
emission technologies for producing middle distillate fuels.

4. Experimental and methods
4.1 Catalyst synthesis

All the monometallic, bimetallic and trimetallic catalysts for ETO
step were prepared by following similar procedure as reported
in Zhang et al'l. Briefly, the dealuminated Beta support was
prepared by washing the parent zeolite Beta (from Zeolyst,
SAR=12.5, CP814E) with nitric acid (Sigma Aldrich, 69% to 70%).
Solid-state grinding approach was used to load the metal
precursors (copper nitrate trihydrate (Sigma Aldrich, 98%), zinc
nitrate hexahydrate (Sigma Aldrich, 97%) and yttrium nitrate
hexahydrate (Sigma Aldrich, 97%)) onto DeAl-Beta. The sample
was calcined at 823 K for 6 h with 1 K/min ramping rate under
16.7 cm3 st geo ! air flow.

4.2 Catalyst characterization

Pyridine adsorption DRIFTS measurements were performed
using a Cary 600 Series FTIR spectrophotometer equipped with
a mercury-cadmium-telluride (MCT) detector, a Harrick
Scientific Praying Mantis diffuse reflectance accessory, and an
in situ chamber where the temperature and gas flow can be
controlled. A hemispherical dome equipped with spectra-grade
ZnSe windows from 4000-400 cm™ with a 2 cm™ resolution was
used to collect the spectra (64 scans). All the samples were
pretreated at 823 K with a rate of 5 Kminin 100 cm3 min? 10%
O, balanced with He (101.3 kPa total pressure) prior to cooling
to 423 K. Samples were then saturated for 1800 s with gaseous
pyridine carried in He using a bubbler setup, and then pure He
was used to flush gaseous and physisorbed pyridine from the
samples for 1800 s. Saturated spectra were then collected at
423 K followed by subtraction of the sample spectrum before
pyridine adsorption to isolate peaks associated only with
pyridine adsorption.

4.3 Ethanol conversion to Cs. olefins and olefin oligomerization

Ethanol conversion was carried out in a fixed-bed reactor as
described in Cordon et al'°. Typically, 0.15 g catalysts were
pretreated by heating at 5 K min™ to 673 K and held at 673 K
under He flow (20 ccm) for 1 h to remove moisture before
catalytic performance measurements. The flow rates of H,
(Airgas, >99.999%), Ar (Airgas, >99.999%) and He (Airgas,
>99.999%) were controlled with mass flow controllers. Pure
ethanol (C;HsOH, >99%) was fed with a KD Scientific syringe
pump followed by vaporizing inside the 1/8-inch stainless steel
transfer lines heated to 423 K. An online gas chromatography
(Agilent 7820A) equipped with both flame ionization detector
(FID) and thermal conductivity detector (TCD) was applied to
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analyze the products. The identification of products was
analyzed with a gas chromatography (Agilent 6850) and mass
spectrometer (Agilent 5975C). The carbon balance for ethanol
conversion measurements was 92-96%.

The oligomerization experiments were performed in a high-
pressure batch reactor (Parr Instrument) with similar operation
procedure as shown in Adhikari et al*®. Propylene (Airgas, 10%
in nitrogen), 1-butene (Airgas, 99.5%), trans-2-butene (>99%),
cis-2-butene (>99%), 2-pentene (Sigma Aldrich, mixture of cis
and trans, 99%) and 2-hexene (Sigma Aldrich, mixture of cis and
trans, 85%) were introduced into the batch reactor based on the
olefin product compositions from ethanol conversion (2.34-
3.91 g propene, 5.91 g 1-butene, 11.91 g trans-2-butene, 8.03 g
cis-2-butene, 2.36 g 2-pentene and 4.46 g 2-hexene) with 10 g
dried catalyst (Amberlyst-36 (Sigma Aldrich), Amberlyst-15
(Sigma Aldrich) and CT275 (Purolite)) and heated to operation
temperatures and hold for 6 h and the products were analyzed
with gas chromatography (Agilent 7820A) equipped with FID
detector. Product identification was done by injecting samples
into the gas chromatography (Agilent 6850) and mass
spectrometer (Agilent 5975C). C;-C40 hydrocarbon standards
(Sigma Aldrich) were also used to help with product
determination. Simulated distillation of the liquid hydrocarbons
obtained from oligomerization was performed at Southwest
Research Institute based on the ASTM D2887 test method.

4.3 TEA analysis

Process economics analysis was performed using a similar
approach as described in Tao et al®’. Briefly, the conceptual
process design was developed with a detailed process flow
diagram based on experimental data. Material and energy
balance calculations were done via Aspen Plus. Capital and
project cost estimations were carried out via an in-house model
using spreadsheets.

The USDA corn grain dry mill model® is used as the front-
end of the dry-mill-to-ethanol process at the scale of 1,037 dry
ton per day. Since the ethanol production from corn grains have
been commercialized for many years, we directly utilize the
2010-2020 historical ethanol selling price for our calculations of
MFSP. For corn stover-based process, the base models are the
NREL 2011 design models®®, with updates on financial
assumptions such as 2016$ and feedstock cost of $84.45/dry
ton. The scale is 2,000 dry ton per day.

Ethanol purification is redesigned to be suitable for ethanol
upgrading. Literature data and assumptions are used to
establish the fermentation vyield basis®®*. Beer column
distillation, rectification column distillation and molecular sieve
dehydration are used to recover ethanol from the fermentation
broth. Ethanol streams after the purification steps are further
converted via ethanol to olefins, oligomerization,
hydrotreating, and fractionations. For the first two upgrading
steps, experimental reaction conditions and product
distributions were used in the techno-economic analysis. The
hydrotreating facility is used for the hydrotreating step based
on 2013 NREL design report>l. Final distillation columns are
used to fractionate the hydrocarbon products from the light
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gases. Raw materials include ethanol, hydrogen, catalysts for
both ETO and oligomerization, and utilities. Hydrogen is $0.7/1b,
ETO catalyst is assumed to be $60/kg and oligomerization
catalyst is assumed as $70/kg.

Based on published engineering methods®?, a discounted
cash flow rate-of-return analysis was generated using capital
and operating cost data, with financial assumptions consistent
with previous studies®”’. The other assumptions include: 40%
equity financing, 3 years of construction plus 6 months for
startup, 30 years’ plant life, 35% income tax and 5% of the fixed
cost investment as the working capital. The MFSP ($/GGE) is the
minimum price that the liquid fuel must sell for to generate a
net present value of zero for a 10% internal rate of return (IRR).
It is calculated as:

MESP

MFSP = (—

+ EUC) x 100% (1)

Where MESP is the minimum ethanol selling price (S/GGE), Y is
the liquid hydrocarbon yield (%) and EUC is ethanol upgrading
cost (S/GGE). We would like to note that there are uncertainties
around conceptual cost estimates. The cost values are best
utilized in relative comparisons among technical variations or
process improvements. It could be misleading to directly use
the absolute values without understanding of the basis and
assumptions. A single-point sensitivity analysis was performed
using the variables related to the ethanol to olefins step and
oligomerization step shown in Table S3. Reasonable minima and
maxima for each variable were chosen to quantify the impact
on ethanol conversion cost with all other factors held constant.

4.4 Life-cycle pathways and system boundaries.

We performed LCA using the GREET model developed by
Argonne National Laboratory. Other GHGs (CH4;, N,O, and
uncombusted HCs) are included in the GHG emissions of jet fuel
use. The WTWa results are presented in terms of gCO,e/M)
(grams of CO, equivalent per MJ jet fuel) using the global
warming potentials of 1, 30, and 265 for CO,, CH4, and N,O,
respectively. Since jet fuels are typically produced from
petroleum refining, we consider the petroleum jet fuel
production pathway as a reference case (WTWa of 84.6
gC0,e/MJ). The system boundary of biomass-based jet consists
of corn/miscanthus farming/collection, feedstock
transportation, ethanol production and purification, jet
production, jet transportation and distribution, and
combustion. Ethanol from corn starch starts from corn farming,
while ethanol from the corn stover starts from the collection
stage because it is a byproduct. We only consider additional
fertilizer/pesticide use for the corn stover®®. Miscanthus-
derived ethanol has the lowest upstream GHG emissions,
mainly due to the negative LUC GHG emissions*3. Corn ethanol
plant uses natural gas to supply heat, whereas corn
stover/miscanthus plants use biomass to supply heat. Produced
jet from the ETJ process is transported/distributed through
barge, pipeline, rail, and truck. At the end-use phase, the
combustion CO, emissions from biomass-based fuel offset the
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CO, absorbed during the biomass farming process, so we
assumed carbon neutrality.
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