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ABSTRACT

This work presents a novel non-premixed opposed-flow reactive volatilization reactor that 

simultaneously vaporizes and partially oxidizes low volatility liquid hydrocarbons at a short contact time 

(<12 ms). In the reactor, a catalyst-coated metal mesh is placed interstitially between an air duct and a liquid 

pool. Low-volatility fuels are evaporated from radiative and convective heating and combine at local 

stoichiometry determined by the axial location of the mesh. Experiments were conducted with n-dodecane 

at different local molar carbon-to-oxygen ratio (C/O) and inlet airflow. Platinum and rhodium coated mesh 

substrates were the active materials to perform partial oxidation. A 1-D opposed-flow similarity model 

based on the canonical opposed-flow combustion solution was created to simulate the axial temperature 

and species concentration along the reactor centerline. Results show that the reactor vaporized and 

converted n-dodecane to reformed products at a global molar carbon-to-oxygen ratio (C/O)g up to 3.46. 

However, the local mixture, with (C/O)mesh ranged from 0.2 to 3.94 for platinum and 0.31 to 4.97 for 

rhodium. It was found that local stoichiometry at the mesh surface plays a more important role than the 
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global since no gas-phase reactions occurred outside the mesh region. Overall, our work demonstrates that 

non-premixed catalytic reactive volatilization is a promising technique to investigate fundamental concepts 

in hydrocarbon reforming and can offer insights for designing practical short-contact time reactors that can 

have high conversion and selectivity but low surface carbon deposition tendency at high C/O.

INTRODUCTION

Background

Catalytic partial oxidation (CPOx) hydrocarbon reforming is an established process that 

produces hydrogen and carbon oxide-containing syngas, and is used to manufacture a wide range 

of valuable industrial products1-3. The process can also be scaled down to produce hydrogen for 

compact fuel cell systems4-6, and to improve thermal efficiency and pollutant emissions of internal 

combustion engines7-9. Small-scale reforming systems sometimes require the use of market-

available liquid hydrocarbon fuels like diesel, gasoline, and their derivatives 6, 10. Although CPOx 

is commonly used industrially, the process is still not completely understood, especially for heavier 

hydrocarbons than those found in natural gas. For example, detailed reaction mechanisms of CPOx 

over common catalysts containing Ni and Pt have been published for natural gas 11-13, but are less 

available for reforming of heavier feedstocks 14, 15.

Catalyst deactivation by carbon deposition has long been a constraint for CPOx reactors 15, 16 due 

to a lack of steam availability and high reaction temperatures with fuel-rich reactant mixtures. 

Higher molecular weight hydrocarbons found in conventional liquid fuels pyrolyze at lower 

temperatures have a higher propensity for carbon deposition in CPOx reactors. For this reason, 
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operation is usually limited to a low global molar carbon-to-oxygen ratio (C/Og<2), thus limiting 

the desired product type and concentration. When available, steam is introduced as a reactant to 

prohibit carbon formation and enable additional steam reforming to increase hydrogen yields. 

However, in small-scale CPOx reactors and some industrial plants, process steam is not readily 

available or is too expensive.

Reforming liquid feedstocks with CPOx and pyrolysis in traditional premixed plug flow reactors 

has been studied by others14, 17, 18. Disadvantages of premixed CPOx reactors include undesirable 

gas-phase reactions that occur upstream of the catalyst, carbon deposition, catalyst deactivation due 

to hot spots, self-ignition due to high fuel reactivity, and insufficient steam availability to suppress 

carbon deposition. A high preheat temperature is known to induce pre-ignition of the mixture before 

the catalyst19. Temperature control more broadly is challenging in CPOx reactors at near-adiabatic 

conditions. A higher reaction temperature in local areas of the bed can cause hot spots and catalyst 

deactivation through sintering17.

The requirement to vaporize liquid fuels prior to CPOx reactors presents a complication in their 

use since many heavy hydrocarbons thermally decompose at temperatures near or below their 

boiling point 20-22. A desire to vaporize and reform liquid feedstocks while limiting carbon 

deposition has motivated novel short-contact time reactor concepts. For example, Schmidt et al. 

studied short contact time (5-25 ms) CPOx flash volatilization reactors, where rapid oxidation 

kinetically limited soot formation on the catalyst surface14, 20. Even though the conversion rate was 

high for these reactors, they were still limited to a C/O ratio below 3.0, and a relatively narrow 

temperature range to avoid coke formation and homogeneous gas-phase oxidation reactions. 14, 22
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Non-premixed reactors are commonly used in experimental flame studies23. In particular, 

opposed-flow stagnation reactors and their derivatives can be seen as analogs to non-premixed 

catalytic reactors. When applied to catalytic reactions, non-premixed reactors show the advantage 

of avoiding high-temperature rich regions that cause carbon formation by separating fuel vapor and 

oxidizer using a reaction zone. Some previously developed non-premixed CPOx reactors have used 

radiative heat transfer from the catalyst surface to evaporate liquid hydrocarbons from a surface 

adjacent to the catalyst24. Others have utilized a catalytic fluidized-bed based on copper as the active 

material 25. They demonstrated that catalyst thermal deactivation or catalyst loss by attrition did not 

occur over the experimental period. One issue present in the analysis of non-premixed reactors is 

predicting local stoichiometry since direct sampling can influence the mixture at a given location. 

Such prediction must rely on numerical modeling to interpret experimental results 26.

Non-Premixed Short Contact Time Reactor

In this work, a novel non-premixed reactive volatilization reactor was developed, inspired by previous 

non-premixed reforming reactors24 and canonical opposed-flow flame reactors used in combustion research 

23, 27, 28 as illustrated in Figure 1(a). Opposed-flow reactors generally introduce unmixed reactants from 

opposite sides of the reaction chamber. In the combustion reactor case, a laminar flame is established at the 

axial location with ideal air and fuel stoichiometry, sometimes at a different location than the stagnation 

plane. Fuel is evaporated from the pool driven by heat generated by the flame. Opposed-flow flame reactors 

are used to study gas-phase chemistry in a controlled and well- understood geometry.
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Figure 1. Schematics of opposed flame reactor and opposed-flow catalytic reformer.

In the case of the opposed-flow catalytic reactor, as shown in Figure 1(b), a circular catalytic 

mesh is interstitially placed between the liquid fuel pool and the air plenum. Low activation energy 

at the catalytic surface allows the mesh to take the place of the flame at lower temperatures than are 

found in flame reactors. The heat from the reaction on the metallic mesh drives evaporation of the 

fuel allowing vapor to diffuse to the catalyst surface. Local carbon-to-oxygen ratio of the oxidation 

reaction (C/Omesh) at the catalyst can be varied by changing the axial position of the mesh or by 

varying the flow rate of air. In this work, C/Omesh is defined as the carbon-to-oxygen ratio on the 

catalyst surface, where fuel and air concentrations are dependent on both bulk flow and species 

diffusion. 

One unique advantage of the opposed-flow reactor arrangement is that the reaction zone is not 

contained in a closed duct, which provides access for both traditional diagnostics like probe 

sampling and for optical diagnostics to measure species temperature and concentration. Optical 

methods like tracer planer laser-induced fluorescence (PLIF) are commonly used in combustion 

research to measure in-situ temperature or species concentration within flames and can be applied 
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to catalytic reactions in the developed reactor design 29. Using more comprehensive diagnostics 

allows better understanding of gas and surface phase chemistry and transport mechanisms. 

An advantage of using opposed-flow reactors in combustion research, and the primary method 

by which chemical kinetics and transport are derived from experiments, is that they can be 

accurately modeled using a simple quasi-one-dimensional numerical model23, 30. The opposed-flow 

catalytic reactor configuration 2-D problem can also be modeled using a similar spatially one-

dimensional simplification. This model can be used to explain observations and determine the key 

parameters for experiments 12, 13, 31. 

The objective of this research was to experimentally characterize an opposed-flow catalytic 

reactor concept that simultaneously vaporizes low volatility liquid fuels. As a principal study, this 

prototype reactor successfully demonstrated how liquid fuel reforming could be achieved using the 

opposed flow configuration. The reactor was fueled by dodecane with platinum and rhodium active 

catalyst materials wash coated onto metal mesh substrates. Gas-phase temperature and species 

composition are reported from the reaction zone to evaluate catalytic activity while the open 

accessibility of the reactor allowed optical measurements of the flow using planar laser-induced 

fluorescence.

METHODOLOGY

Bench-Scale Reactive Volatilization Reactor

A bench-scale opposed-flow reactive volatilization reactor (illustrated in Fig. 2) was designed to study 

non-premixed reforming and related processes. The reactor incorporates a circular duct for gaseous 
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reactants in the top-most chamber and an open reservoir in the mid-level chamber containing liquid 

hydrocarbon fuel (n-dodecane (n-C12H26) in this work). A circular catalytic mesh was placed between the 

top and mid-level chambers at a pre-set distance above the fuel pool as shown in Fig. 2(a). The gaseous 

oxidizer (air) was preheated to ~550 C using an external electric inline heater before entering the inner 

chambers. Ten 200-mesh (74 µm hole size) stainless steel meshes were stacked in the inner chamber to 

settle the flow and a section of ceramic honeycomb (1 inch thickness, 1 mm2 mesh size) was used as a flow 

straightener prior to the reaction zone as recommended in 32. A hot wire anemometer sensor was used to 

measure velocity variation as a function of location in the reacting zone. These measurements found that 

the spatial velocity variation was within 4%, except for the area very close to the wall over the range of 

tested experimental conditions. A nitrogen purge was applied outside the reaction zone to prevent diffusion 

of fuel into the laboratory environment and diffusion of excess oxidizer into the reaction zone. 

                                             
Figure 2. Diagram of the experimental setup: (a) reaction zone (b) reactor.
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A 1.5 mm thick ring support was used to securely hold the catalytic mesh in place. The catalytic 

mesh is hung on the support ring with wires. The support ring is outside of the reaction zone and 

does not disturb the flow through the mesh in any way. Flow visualization experiment shows the 

catalytic mesh has minimum effect to the flow. The height (axial position) of the ring support/mesh 

was controlled by a linear translation stage with 10 micrometer resolution. Ceramic wool was used 

as the insulation material in the liquid fuel pool to reduce heat loss due to heat conduction to the 

reactor body (~3% estimated conduction loss). A heat exchanger surrounded the fuel pool to 

evacuate and cool the exhaust from the reaction zone. This prevented auto-ignition of unburned 

gases and reformed products. A side pool was connected to the central pool for easy fuel level 

determination; and a syringe pump-controlled the fuel flow rate. The distance between the air duct 

and fuel pool was adjustable by replacing spacers and was set to 10 mm throughout the experiments 

for consistency with previous work 32. 

Wire meshes (50 mm diameter) made from 0.3 mm thick Kanthal-D (FeCralloy) wire (18 

mesh/inch) with an open area of 61.6% were used as the catalyst substrate. To prepare the catalyst, 

the meshes were degreased via three treatments with 70 °C aqueous nonionic detergent for 30 

minutes, rinsed four times with 30 °C deionized water before rinsing with pure acetone and then 

air-dried. The degreased meshes were heated in ambient air at 500 °C for 3 hours in order to develop 

a surface oxide layer to facilitate adhesion of washcoat prepared by ball milling a thermally stable 

silica/alumina (20% dry solids) in deionized water overnight. Each mesh was immersed in washcoat 

before excess was shaken off and the meshes were dried at 150 °C before heating at 550 °C for 5 

hours. The process was repeated twice more to produce a uniform, strongly adhering coating (25 to 
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30 µm thick from microscopic measurements). Coated meshes were impregnated with a 

Pt(NH3)4(NO3)2 or Rh(NO3)3 washcoat solution to generate a precious metal loading on the 

washcoat at a concentration close to 1.0 % by mass. The resulting approximate active metal loading 

per volume of substrate was 1.65 mg/m3.

To measure the spatial temperature distribution in the reaction zone, a K-type thermocouple with 

a diameter of 400 m was used. It was expected that since the radical concentrations of the reactants 

away from the catalytic mesh were sufficiently low, catalytic reactions on the thermocouple could 

be neglected 33. Errors due to heat transfer to the thermocouple were also ignored based on a heat-

balance calculation and the relatively low operating temperature of the reactor 34, 35. Limited by the 

space and error that might be induced due to direct contact, the temperature of the catalytic mesh 

surface was measured with a non-intrusive infrared thermometer. The temperature readings using 

this thermometer were verified by comparing to a very thin thermocouple (K-type, D=0.025 mm) 

temporarily attached to the mesh. To sample the reaction products and conduct speciation analysis, 

an uncooled quartz microprobe (2.0 mm in diameter) with a small orifice inlet was used 36. The 

orifice size (initially 50 µm) was slightly adjusted by grounding for an appropriate flow rate. The 

quartz probe (or the thermocouple) was fixed on a linear translation stages (0.02 mm adjustment 

resolution) with both axial and radial position control. 

A Raman laser gas analyzer (RLGA) system (Atmosphere Recovery Inc., Model RLGA-1800L-

BF) was used to evaluate light reaction products, such as hydrogen and carbon monoxide generated 

by catalytic reforming reactions. In addition to the total hydrocarbon concentration speciation by 

RLGA, a micro gas chromatography (micro-GC) system (Agilent Micro GC 490) with two columns 
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(PPU BF and 5CB) was used to quantify detailed light hydrocarbon species. A customized gas 

sampling system was implemented to sample reaction products and store the sample in a heated 

stainless reservoir. The collected gas sample was then injected into the RLGA and micro-GC. The 

sampling flow rate was set to be 200 mL/min for the RLGA and 50 mL per run for the micro-GC. 

A chiller consisting of multiple ice-water-cooled bubblers was implemented to remove any heavy 

hydrocarbon in the sample gas, including unreacted n-dodecane. The sampled gas was then sent 

through another chiller to further condense water vapor before introduction to the RLGA and Micro-

GC instruments. Therefore, only dry concentrations with negligible amount of water or heavy fuel 

components can be measured and reported in this study. Heavier hydrocarbon components (>C5) 

and water vapor were not quantified in this work, thus it was not possible to calculate wet 

concentrations due to the non-premixed nature of the reactor, as will be discussed later.

Flow visualization was conducted as part of the experimental investigation. Planar laser-induced 

fluorescence (PLIF) was used for instantaneous and non-intrusive diagnostics. The fuel 

consumption could be qualitatively inferred by selecting toluene as the tracer (5% by volume, 

consumed in catalytic reactions) 37, 38. The excitation laser pulse by an Nd-YAG laser (maximum 

output 120 mJ/pulse, 266 nm) was expanded by light-sheet optics into a 10 mm high laser sheet. 

Toluene fluorescence then propagated through a BG280 band-pass filter (full width at half 

maximum 10 nm) and recorded by an intensified CCD camera. The toluene detection limit was 

estimated 600 ppm, assuming within the linear fluorescence regime and a signal-to-noise ratio of 

3.0 39. 
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To start the reactor when the platinum catalyst was used, the mesh was preheated by heated air 

(300 C) until it emitted a red glow, indicating the initiation of catalytic reforming reactions. For 

the rhodium catalytic mesh, a higher air temperature (~400 C) was initially applied and then 

reduced to 300C because of higher required catalyst activation temperature. A gas phase flame 

was not observed during ignition and steady state operation condition. Upon catalyst light-off, 

thermal radiation from the mesh evaporated fuel from the liquid pool at a significantly higher rate 

than injecting hot air only. After the catalyst became active, it was found that the reaction could be 

sustained without requiring external air heating. However, the experiments reported here were 

conducted with an inlet air temperature of 300 C to maintain the stability of the reactor over a 

larger range of airflow and various mesh location conditions.

Description of Experiments

Five different airflow and mesh location combinations were conducted for platinum and rhodium 

catalysts, respectively (Table 1). The total experimental durations for platinum and rhodium were 

approximately 200 hours and 120 hours, respectively. No catalyst degradation was observed during 

the experimental campaign as temperatures, sampled gas species concentrations were repeatable 

throughout. The mesh position indicates the distance of the mesh to the fuel pool (y value in Fig. 

2(a)). The mesh location also affects the fuel vaporization rate through radiation heat transfer. 

Conditions 1-3 represent the efforts in changing mesh location with fixed airflow rate to study 

reforming performance at different molar carbon-to-oxygen ratio at the mesh location ((C/O)mesh), 

a metric that was calculated by the developed 1-D model. Conditions 4 and 5 had mesh positions 
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in accordance with Conditions 2 and 3 but with a higher or lower airflow rate to vary (C/O)mesh and 

strain rate, defined as (UO+UF)/L, where UO is the oxygen velocity, UF is the fuel velocity and L is 

the distance between the outlets.

Table 1. Experimental conditions at different mesh locations and airflow rate.

The (C/O)g is the overall molar carbon-to-oxygen ratio calculated from the measured total 

airflow and the fuel evaporation measured from the side pool makeup flow. A syringe pump fed 

liquid fuel into the fuel pool to maintain the liquid level in the fuel pool; thus, the evaporation rate 

was equal to the fuel flow rate. It is worth noting that (C/O)g could not be directly controlled because 

the fuel evaporation rate was dependent on the amount of air injected into the reaction zone. The 

conditions listed in Table 1 were chosen to characterize the opposed-flow reformer under various 

conditions that cover a range of the interdependent (C/O)g and (C/O)mesh metrics.

One-Dimensional Reactor Model

 An axisymmetric 1-D similarity model was developed to analyse the experimental reactor data 

and to infer the (C/O)mesh stoichiometry. Detailed chemical mechanisms for dodecane are not readily 

available in existing literature. Thus, a simplified, reduced model was developed to correlate axial 

catalytic mesh location with an estimated local carbon-to-oxygen ratio and to estimate the 

temperature distribution along the reactor centreline by solving a flame sheet model. The model 

Platinum RhodiumCondition
Number

Mesh Pos.
(mm) Airflow

(SLPM)
Fuel rate
(mL/min)

(C/O)g Airflow
(SLPM)

Fuel rate
(mL/min)

(C/O)g

1 3 7.2 2.8 2.35 7.2 3.9 3.27
2 4 7.2 2.4 2.01 7.2 3.5 2.93
3 5 7.2 2.3 1.93 7.2 3.2 2.68
4 3 10.9 3.6 1.99 14.0 5.2 2.24
5 5 6.2 2.3 2.26 6.0 3.4 3.46
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development is provided the Supplemental Information (SI). A series of assumptions were made in 

the model since the complete set of surface transport and chemistry parameters are not yet available 

for combination of fuel, catalysts, support, and thermodynamic conditions used in this study. 

Axisymmetric similarity models are commonly used to analyse opposed-flow flame reactors. The 

classic flame sheet assumption for the opposed flame is often employed, which assumes that chemical 

kinetics at the reaction front are infinitely fast 30, 40. In short, our model is similar to canonical opposed-flow 

flame reactor models but with some significant differences as depicted in Figure 3: 1) the mass flow of the 

fuel vapor is not directly controlled manually but rather determined by the heat transfer to the liquid fuel; 

2) the reaction plane position is not at stoichiometric C/O, but can be adjusted with the mesh height and 

flow conditions (adjustable C/Omesh); 3) the mesh radiates extra energy to the fuel pool compared with that 

of the opposed flame because of a higher radiative emissivity of the solid mesh; 4) The gas-phase reactions 

away from the mesh are negligible with a correspondingly lower temperature of such regions in the reactor. 

Mathematical details of the model can be found in the SI.

Figure 3. Schematic of the opposed-flow reactive volatilization model.

RESULTS AND DISCUSSION

Flow Visualization

Experimental conditions 1 and 4 with the platinum catalyst in Table 1 are used to demonstrate the flow 

C/O=2 C/O

Page 13 of 27 Reaction Chemistry & Engineering



P a g e  14 | 27

by PLIF, shown by straight dashed lines in Fig. 4 at the same location. Only one-half of the reactor domain 

is shown due to symmetry. Error due to light scattering at the edge of the catalytic mesh can be seen on the 

right-hand-side of the images. The radial fuel concentration (x-direction) below the catalytic mesh was 

nearly uniform for Condition 4. Fuel concentration decreased with axial distance (y-direction) due to fuel 

consumption and mass diffusion, while the fuel was completely depleted since no tracer was observed 

above the mesh. In contrast, toluene was present above the catalytic mesh (region circled by the dashed line 

in Fig. 4) in Condition 1, indicating incomplete fuel conversion on the mesh due to a lower airflow and a 

higher (C/O)mesh. Additionally, fuel was not observed above the catalytic mesh in the other three conditions. 

These qualitative results show that the approximation of complete fuel conversion at the catalytic mesh 

made in the numerical modelling was reasonable for most of the experimental conditions.

Figure 4. Laser visualization of the reaction by tracer (toluene) PLIF.

Temperature Profile

Condition 3 (Pt) is taken as an example to examine the 2-D temperature profile of the reaction zone 

through thermocouple mapping with resulting contour plot shown in Fig. 5. The mesh ring support blocked 
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0.75 mm space above and below the catalytic mesh resulted in a blank zone with no temperature 

measurement possible (represented by the blue-shaded zone in the figure). The highest axial temperature 

(~450 C) was observed below the catalytic mesh and was about 50 C higher than the corresponding 

position above the mesh. Temperature was highest at the centreline and decreased with radial distance due 

to convection and heat dissipation. Temperature near the fuel pool (~300 C) was higher than the boiling 

temperature of n-dodecane (216 C), providing the thermal driving force for fuel evaporation. Temperature 

mapping of other conditions with both catalytic materials was conducted. Trends and the temperature 

distributions were similar to the 2D contour plots shown in Fig. 5 and are therefore not shown for brevity.

Figure 5. 2-D temperature contours measured by thermocouple mapping for Condition 3 with platinum catalyst. The 
blank region (1.5 mm distance) in the middle is due to catalytic mesh/ring support block.

One-dimensional temperature measurements along the reactor centreline for all conditions are 

further analysed and compared with model predictions as shown in Fig. 6. (C/O)mesh calculated by 

the developed 1-D similarity model is indicated in each subplot of the figure. For Conditions 1-3 

with both catalysts, all parameters were kept the same except mesh location. As the mesh location 

moved closer to the pool, (C/O)mesh increased through the stoichiometric point mixture to a fuel-

rich condition. 
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The modelled centreline temperature profiles were largely in agreement with experimental 

measurements. Predicted peak temperature in all these cases matched corresponding experiments 

with an error of less than 30 C. The trend of temperature profile across conditions largely agreed 

with numerical modelling results. However, consistently higher measured temperatures on the air 

side of the mesh than predicted by the model suggest that gas-phase reactions could be occurring 

in that region. However, since the extent of gas-phase reactions is minor compared to those on the 

mesh, they likely had little effect on product distribution. Nevertheless, lacking the detailed 

mechanisms of n-dodecane CPOx, this model only provided a starting point for more detailed 

kinetic modelling. 

Figure 6. Comparison of 1-D temperature along the reactor centreline by experimental and model 
estimation for both catalysts. (C/O)mesh obtained from numerical modelling.
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The range of (C/O)g in the experiments fell in the narrow range of 1.93 to 2.35 for platinum and 

from 2.24 to 3.46 for rhodium. Stable reactions on the mesh could be achieved over a range of 

(C/O)mesh (calculated) from 0.2 to3.94 for platinum and 0.27 to 4.97 for rhodium. This indicates that 

changing catalytic mesh position can be used to obtain desired local stoichiometry while 

maintaining a constant (C/O)g. For example, a high (C/O)mesh (e.g. (C/O)mesh >3.25) may be used to 

increase the reforming efficiency defined by the ratio of product to reactant heating value at the 

expense of lower product hydrogen concentration. Mesh stoichiometry was also experimentally 

found to be extremely sensitive to axial mesh position, especially for rhodium; precise placement 

can be guided by modelling to optimize product distribution. A wide range of (C/O)mesh was 

achieved by changing the catalytic mesh location and airflow together while maintaining the 

reaction stable (Fig. 5, Conditions 4 and 5). Peak temperature increased as (C/O)mesh moved towards 

stoichiometric as expected. Quantitatively, the peak temperature increased by ~50 C between 

Conditions 3 and 5 with the same mesh position. 

Comparing platinum and rhodium catalysts results, it was found that the reactions with rhodium 

catalysts were less stable than those with the platinum catalyst. A maximum of 30 C temperature 

variation was measured during rhodium testing compared to a variation of 10 C for the platinum 

catalyst. The rhodium catalyst exhibited oscillatory behaviour, increasing the measured temperature 

variance 41-44. Possible explanations for this phenomenon include the formation of surface oxide, its 

re-reduction on metal catalysts, and nonlinear dynamics. Strong low-frequency oscillations have 

been previously observed in natural gas oxidation over palladium catalysts attributed to surface 

palladium oxide formation, where the redox of palladium is similar to rhodium 30. Also, the 
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measured rhodium reaction temperatures were higher than platinum at similar mesh locations and 

airflow conditions. This result likely stems from the higher activity of rhodium for converting fuel 

to partial oxidation products at the inlet air temperature and carbon-to-oxygen ratio ranges 

considered in the experiments. Further exploration of kinetics on the catalyst surface would be 

required to understand more detailed differences between the catalysts. Despite the simplicity of 

the flame sheet assumption, our model also confirmed experimental results showing that the 

temperature on either side of the catalytic mesh had low sensitivity to catalyst activity and 

selectivity.

Species profile

When interpreting the species results, it is important to note that an overall mass balance and C/Og 

cannot be measured directly due to the open design of the reactor. From species measurement for Conditions 

1 and 2 (Table 3), unburned n-dodecane, reformed heavy hydrocarbons, and water vapor were removed 

from the product samples prior to the RLGA analyser using a chilled water dropout. Therefore, all species 

concentrations presented here are on a dry basis. For a direct comparison with experiments (plotted in Fig. 

6), unburned n-dodecane and water vapor components were removed from the flame sheet model results.

Table 2. Averaged species concentration (%) measured immediately above (i.e., the air side of) the catalytic mesh.

Conditio
n

CH4 C2Hx C3Hx C4Hx   CO2 CO H2

1 (Pt) 0.043 0.119 0.344 0.167 4.084 0.193 0.0
1 (Rh) 0.056 0.0 0.063 0.052 6.074 1.578 0.823
2 (Pt) 0.032 0.0 0.053 0.027 3.975 0.499 0.0
2 (Rh) 0.012 0.0 0.005 0.001 6.282 1.781 1.880

   Comparing the two catalytic materials in Table 2 and Figure 7, selectivity towards syngas 

products was notably higher for rhodium than for platinum as expected from the literature 40. Poor 
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hydrogen selectivity for the platinum catalyst indicates that short residence time reaction partial 

oxidization reforming (i.e., syngas production) did not occur. On the other hand, the platinum-

coated meshes produced more light hydrocarbons than rhodium, indicating partial fuel conversion 

occurred without complete conversion to CO2. 

The difference in reforming product distribution between catalysts also explains the higher mesh 

temperature found for rhodium since the enthalpy of formation for syngas components are lower than light 

hydrocarbons. When comparing between the two conditions, more light hydrocarbons were produced in 

Condition 1 than Condition 2 for both catalysts, especially C2 – C4 species, on the oxidizer side (left region 

of mesh in Fig. 6). With (C/O)mesh,1 > (C/O)mesh,2, confirmed by the modelling results, the assumption that 

changing mesh location alters (C/O)mesh is validated. Further, Condition 2 with rhodium catalyst produced 

more syngas than Condition 1 (H2 and CO concentration increased from 1.578% to 1.781% and from 0.823% 

to 1.880%, respectively). Increased local (C/O)mesh in Condition 2 resulted in higher syngas production.
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Figure 7. Experiment measurements and modelling results of species concentrations for Condition 1 and Condition 
2 with both catalysts. Only dry components were considered.

Species concentration predictions by the flame sheet model are also plotted in Fig. 7. Overall, model 

predictions deviated from experiments. Specifically, the model prediction of light hydrocarbon 

concentrations was much lower, especially for Condition 2, where no light hydrocarbon production was 

predicted; rather, the flame sheet model predicted a significant amount of syngas components though the 

experiments suggested otherwise. For example, low CO concentration (<1%) was found experimentally 

and no hydrogen was produced with the platinum catalyst; however, the model predicted ~20 % hydrogen 

production for all cases. This result re-emphasizes the importance of using the correct surface chemistry 

for the catalytic mesh to predict accurate product distribution.
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Although the simplified flame sheet model did not accurately predict species concentrations, it 

predicted relative spatial trends well. For example, a rapid decrease in product concentration with increasing 

axial distance (y) was observed above the catalytic mesh for both experiment and model. The model also 

agreed with experiments showing that dry species concentration on the fuel side of the catalytic mesh (right 

size) held a constant value. Measured species concentration did not vary significantly when moving the 

probe away from the catalytic mesh for either condition. Meanwhile on the oxidizer side, species 

concentrations dropped rapidly when moving the probe away from the catalytic mesh, which can be 

explained using the model (see SI for model details). The predicted species diffusion was less significant 

than in experimental measurements, indicating that the model requires incorporation of different 

diffusivities for various species.

Based on the results discussed here, the 1-D simulation approach appears capable of modelling 

the physics of the opposed-flow catalytic reactor due to its reasonable accuracy in predicting 

temperature profile and the ability to predict species trends. However, the model requires more 

accurate catalyst chemistry and transport properties to be known, especially at the catalytic mesh 

surface to predict species concentration. The 1-D flame sheet model can also be used as the initial 

solution for a 1-D model with detailed chemistry, which will be developed in future work.

Surface Carbon Deposition Potential

Catalyst deactivation by surface carbon deposition in CPOx reactors is primarily controlled by the 

fuel-air mixture and catalyst temperature. A C-H-O ternary diagram is frequently used to  understand 

carbon deposition regimes for different hydrocarbons 45, 46. Figure 8 shows the carbon deposition region for 
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different isotherms21. Pertinent to this study, n-dodecane CPOx is noted as the red line in the C-H-O ternary 

diagram. Experimental conditions are indicated as circles for rhodium and rectangles for the platinum 

catalyst. Based on the opposed-flow configuration and surface temperature (500-600 ˚C) of the tested 

catalyst, carbon deposition is favoured at (C/O)mesh >3.25. The experimental results agreed with this as there 

was no carbon deposition observed. As discussed in previous sections, the (C/O)mesh determines species 

production in the opposed-flow reactor, unlike in premixed reactors, where only (C/O)g is of importance. 

For example, Condition 5 with rhodium catalyst was fuel-rich globally but was lean at the mesh surface 

(C/Og=3.45, C/Omesh=0.66), leading to lean combustion products being formed, not shown in Figure 7 for 

brevity.

Figure 8. C-H-O ternary diagram of n-dodecane carbon deposition (adapted from21).

No observable carbon deposition occurred for Condition 1 (C/Omesh=3.94 and 4.97, respectively) with 

platinum or rhodium catalyst over the experimental duration as would be expected from the ternary diagram. 

One possible explanation for this result is inadequate time for soot formation 47, 48 due to the low residence 

duration of the gas over the catalyst substrate. A major precursor species of soot formation, C2H2 requires 

Page 22 of 27Reaction Chemistry & Engineering



P a g e  23 | 27

at least 100 ms of residence time in conventional reforming reactors, substantially more than the residence 

times over the catalytic mesh (approximately 16.89 ms for Condition 1)49-51.

Short contact time in opposed-flow reactors could be a way to limit carbon deposition while still 

performing POx reforming at high (C/O)mesh unobtainable in premixed reactors. Fuel-rich POx may be 

desirable in applications where complete conversion to syngas is not needed, like in engine applications 

where partially reacted hydrocarbons can alter fuel combustion regimes to enable high efficiency or low 

pollutant emissions formation9. Additionally, adjustable mesh position in the opposed-flow reactor allows 

a rapid change of (C/O)mesh, which could enable quick catalyst regeneration should carbon be formed on 

the surface.

Conclusions

This research explored a non-premixed opposed-flow reactive volatilization reactor for 

reforming and evaporating low volatility fuels. The CPOx reactor design was adapted from classical 

opposed-flow flame reactors by incorporating a catalytic mesh between the air inlet and liquid fuel 

pool. It was demonstrated by experiments with n-dodecane where 2-D temperature data were 

collected, and a toluene fluorescence technique was used to identify fuel distribution. A modified 

1-D model was used, assuming that the catalytic mesh acts as a flame sheet, converting all of the 

fuel to equilibrium products. (C/O)mesh is shown to be very sensitive to axial catalyst location, 

altering reforming efficiency and product distribution. The flame sheet model may be useful as a 

starting approximation for more detailed chemical modelling or for predicting mesh location to 

optimize reformed product species while detailed surface chemical mechanisms were needed. 
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More broadly, the non-premixed reactive volatilization reactor developed in this research 

includes the benefit of available and adjustable (C/O)mesh to allow selectivity to CPOx products not 

practically allowed by premixed reactors by adjusting the catalyst position without altering the 

global carbon-to-oxygen ratio. By virtue of its short residence time and avoidance of premixed gas 

phase reactions, the opposed-flow reactor has potential to lower operation temperature and thus 

avoid catalyst deactivation. The design has merit for evaporating and partially reacting liquid 

hydrocarbons at high (C/O)g, a regime where traditional premixed reformers cannot operate due to 

catalyst deactivation due to carbon deposition.

From an application perspective, the axi-symmetric opposed-flow reactor presented here is not well 

suited to direct scale-up since it cannot obtain full fuel conversion. The open nature of the axi-symmetric 

opposed-flow configuration inevitably leads to unreacted fuel and oxidizer as it does in the related canonical 

opposed flow flame reactor. However, configurations could be imagined, including annular concepts27, that 

retain the advantages of the opposed-flow reactor while potentially resulting in complete fuel conversion. 

Despite this disadvantage of the axisymmetric design reported here, the presented research establishes the 

concept of simultaneous vaporization and reforming of liquid fuels, investigating fundamental concepts 

such as initial chemistry of reforming reactions, and offers insights on designing structurally more complex 

industrial non-premixed reformers. These unique characteristics motivate the potential benefits of further 

work to study derivative non-premixed configurations. Future work with this novel opposed-flow design 

includes incorporating simple fuels such as methane and laser diagnostics for temperature and intermediate 

speciation characterization.
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