Showcasing research from Dr. Carmine D’Agostino’s laboratory,
Department of Chemical Engineering, The University of
Manchester, Manchester, United Kingdom.

Techno-economic assessment of bio-based routes for acrylic acid
production

This study evaluates the economic viability of producing acrylic acid
from renewable glycerol feedstock as an alternative to conventional
fossil fuel-based processes. Four production pathways were
assessed at industrial scale, comparing three glycerol-based routes
via allyl alcohol, lactic acid, and acrolein intermediates against the
conventional propylene-based process. The glycerol-to-acrylic acid
via acrolein pathway emerged as the most promising bio-based
alternative, demonstrating profitability, lowest capital investment,
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Techno-economic assessment of bio-based routes
for acrylic acid productionf

Yash Bansod, (2@ Mostafa Jafari,” Prashant Pawanipagar,® Kamran Ghasemzadeh,®
Vincenzo Spallina (2 *@ and Carmine D'Agostino () 24

This work evaluates the techno-economic performance of biobased and conventional routes for produ-
cing acrylic acid, a key industrial chemical. Four pathways were assessed at 79.2 ktonnes per year pro-
duction capacity: three glycerol-based routes (via allyl alcohol, lactic acid, and acrolein) and the conven-
tional propylene-based route. Key performance indicators related to acrylic acid yield, energy consump-
tion, CO, emissions, and raw material usage, as well as capital expenditure, OPEX, profitability, and
payback period were compared. Among the glycerol-based routes, the lactic acid intermediate route had
the highest carbon conversion efficiency (80%), followed by the alcohol intermediate route (74%). From
an environmental perspective, propylene-based and glycerol-based allyl alcohol intermediate routes had
the highest direct CO, emissions, whereas the glycerol-based acrolein intermediate route had the lowest
CO, emissions. Regarding costs, the glycerol-based allyl alcohol route had the highest capital investment
($247.7 million), while the acrolein route required the lowest ($173.6 million). Moreover, the glycerol-
based acrolein intermediate route was the only profitable pathway ($21.6 million annually) but with a com-
mercially unattractive payback period of 11.6 years. Sensitivity analyses revealed that the propylene-based
route was the most vulnerable to changes in raw material prices, whereas the acrolein intermediate route
was the most resilient to price fluctuations in raw material and utilities, maintaining profitability until a 25%
increase in raw material prices. The findings suggest that the renewable glycerol-based acrolein inter-
mediate route can be a promising alternative to conventional acrylic acid production, supporting a tran-
sition towards a more sustainable bio-based chemical industry.

1. This study provides the first comprehensive techno-economic assessment of biobased acrylic acid production from glycerol (a biodiesel industry by-

product), establishing economic viability metrics that complement our previous environmental assessment and supporting the transition from fossil-based

to renewable feedstocks.

2. Our quantitative achievement shows that the glycerol-to-acrylic acid via the acrolein pathway achieves 1.32 kg CO, per kg acrylic acid (lowest direct emis-

sions) and $173.6 million capital investment (lowest among biobased routes), and maintains profitability despite raw material price fluctuations up to 25% —

demonstrating economic resilience while using renewable feedstock.
3. This work could be made greener through process intensification targeting catalyst optimization, advanced separation technologies, and integration of

renewable energy sources, which would enhance carbon efficiency, reduce the 11.6-year payback period, and further minimize environmental footprint.

“Department of Chemical Engineering, University of Manchester, Manchester, M13
9PL, UK. E-mail: vincenzo.spallina@manchester.ac.uk,
carmine.dagostino@manchester.ac.uk

1. Introduction

Among biofuels, biodiesel production has been growing
around the world since the last decade.” As a result of rising
oil prices, energy security priorities, and the need for low-

bSchool of Chemical Engineering, College of Engineering, University of Tehran, carbon fuels, global biodiesel production reached over 56
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billion litres in 2022 and is projected to increase by 66.9

‘School of Engineering, University of Edinburgh, Edinburgh, EH9 3]L, UK billion litres by 2032.2
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Italy

Renewable feedstock such as vegetable oils and animal fats,
composed primarily of triglycerides and free fatty acids,

1 Electronic supplementary information (ESI) available. See DOI: https://doi.org/ undergo transesterification reaction with short-chain alcohols

10.1039/d5gc01769f

10612 | Green Chem., 2025, 27,10612-10632

(primarily methanol, though ethanol, butanol, and 2-propanol

This journal is © The Royal Society of Chemistry 2025


http://rsc.li/greenchem
http://orcid.org/0000-0002-1056-9300
http://orcid.org/0000-0002-7562-9300
http://orcid.org/0000-0003-3391-8320
https://doi.org/10.1039/d5gc01769f
https://doi.org/10.1039/d5gc01769f
https://doi.org/10.1039/d5gc01769f
http://crossmark.crossref.org/dialog/?doi=10.1039/d5gc01769f&domain=pdf&date_stamp=2025-09-02
http://creativecommons.org/licenses/by/3.0/
http://creativecommons.org/licenses/by/3.0/
https://doi.org/10.1039/d5gc01769f
https://pubs.rsc.org/en/journals/journal/GC
https://pubs.rsc.org/en/journals/journal/GC?issueid=GC027035

Open Access Article. Published on 08 July 2025. Downloaded on 12/29/2025 1:28:50 AM.

Thisarticleislicensed under a Creative Commons Attribution 3.0 Unported Licence.

(cc)

Green Chemistry

are also used depending on regional availability and market
conditions) to produce biodiesel and  glycerol.*”
Approximately, 100 kg of crude glycerol is produced as a by-
product per tonne of biodiesel produced from the transesterifi-
cation reaction.’ The global production of crude glycerol is
substantial, particularly low-quality crude glycerol from
second-generation biodiesel production that uses waste-based
feedstock.””® Hence, valorisation of crude glycerol has attracted
much interest among researchers such as solketal,’ glycerol
carbonate,'® lactic acid,'* acrolein,'? acrylic acid," 2,3-butane-
diol,™* syngas (by reforming),"® aromatics-rich hydrocarbons,®
fuel bio-additives,'” methanol,"® esters and ethers.'®

Acrylic acid is an essential chemical building block used
globally in a wide array of industries including plastics, coat-
ings, adhesives, elastomers, and personal care products.*®*!
The worldwide production capacity of acrylic acid was over
8.12 million tons in 2022 with a market value of $14.6
billion,?* with demand growing 3-5% annually.>® The predo-
minant industrial process to produce acrylic acid starts with
fossil fuel-derived propylene as a feedstock. In the first step,
propylene is oxidized to acrolein over bismuth molybdate-
based catalysts in the presence of a steam-air mixture and
later into acrylic acid.” In this two-step route, propylene has
an overall conversion of over 95% and around 80-90% acrylic
acid yield is achieved.

Abubakar et al.®® reported that biochemical conversion
routes are the most promising to produce acrylic acid from gly-
cerol when considered from an environmental perspective as
they have lower energy requirements, whereas, from an econ-
omic perspective, thermocatalytic conversion routes are the
most promising as these routes provide higher acrylic acid
yields. A different promising bio-based route to acrylic acid uti-
lizes allyl alcohol as an intermediate derived from glycerol
(Fig. 1). Glycerol can be converted to allyl alcohol through
several methodologies including gas phase transfer hydrogen-
ation,*® rhenium complex-catalysed deoxydehydration,>” and
formic acid-mediated non-catalytic deoxydehydration.”® This
route first converts glycerol to allyl alcohol via deoxydehydra-
tion using formic acid as a reaction mediator, as opposed to a
heterogeneous catalyst, followed by catalytic oxidation of allyl
alcohol to obtain the target acrylic acid product.

Allyl alcohol

Dihydroxyacetone Lactic acid

Methanolysis +CH,0H

Acrolein

0\/\
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The lactic acid intermediate pathway is another interesting
route for converting glycerol into acrylic acid. This multi-step
process first requires transforming the glycerol into either
dihydroxyacetone or pyruvaldehyde.*® The intermediate can
then be converted to lactic acid, followed by acid-catalysed de-
hydration of lactic acid to yield the target acrylic acid
product.’>*! While this three-reaction sequential transform-
ation is more complex and requires three catalytic processes,
the pathway benefits from simultaneously generating the com-
mercially valuable chemicals dihydroxyacetone and lactic acid
along with the desired acrylic acid.

Brobbey et al.>* performed a techno-economic assessment
study of three biobased acrylic acid production pathways using
sugarcane A-molasses (liquid residue left after the first stage of
sugar manufacturing process) as the renewable feedstock. The
study compared process routes utilizing lactic acid, 3-hydroxy-
propionic acid, or glycerol intermediates based on economic
and sustainability criteria and reported that the route having
lactic acid as an intermediate was superior compared to other
pathways but with a limited acrylic acid yield, lower than 40%
for all three processes. Okoro et al.** explored and compared
two bio-based pathways, including lactic acid fermentation,
followed by chemical conversion to acrylic acid as well as pyrol-
ysis of apple pomace waste to ultimately yield propylene for
subsequent acrylic acid production. Bhagwat et al.** specifi-
cally analysed pathways using corn stover feedstock to initially
generate the 3-hydroxypropionic (HP) acid intermediate before
acrylic acid conversion. Their analysis compared different
microbial fermentation approaches to produce the 3-HP inter-
mediate. In another work, Sandid et al.>* carried out a techno-
economic assessment study of two acrylic acid production pro-
cesses using glycerol and propylene as the feedstock.

While previous techno-economic and sustainability studies
have tentatively explored bio-based acrylic acid production, a
comprehensive study comparing routes derived from the same
feedstock (glycerol) using a consistent methodology and set of
assumptions is not available in the literature. Our previous
work focused on the environmental sustainability evaluation
of these pathways through a cradle-to-gate life cycle assess-
ment (LCA), revealing significant variations in global warming
potential, water footprint, acidification, and other environ-

Acrolein

Oxidation <0,

Fig. 1 Different pathways to produce acrylic acid from glycerol and propylene.
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mental impacts among different routes.*>® That study demon-
strated that glycerol-based processes exhibited higher environ-
mental impacts compared to conventional propylene-based
production when using epichlorohydrin-derived glycerol, but
showed substantial improvements when using purified crude
glycerol from the biodiesel industry.

This work aims to cover the existing gap in process engin-
eering and techno-economic studies by assessing the econ-
omic viability of the same four process routes: three glycerol-
based pathways (via allyl alcohol, lactic acid, and acrolein) in
comparison with the conventional propylene oxidation route.
The study provides an in-depth simulation of mass and energy
flow, equipment sizing and capital investment estimation,
operating cost analysis, and market pricing potential.
Furthermore, we integrate heat recovery strategies and perform
comprehensive sensitivity analyses to identify key economic
drivers and barriers to implementation. Together with our pre-
vious LCA findings, this techno-economic assessment creates
a complete sustainability framework that enables informed
decision-making, regarding which glycerol valorisation
pathway offers the most promising balance of environmental
and economic performance. The goal of this research work is
to evaluate whether renewable feedstock-based production
routes can serve as viable alternatives to replace current fossil
fuel-based acrylic acid production, and to identify specific
process intensification opportunities that could bridge remain-
ing economic gaps.

2. Methodology

This techno-economic assessment builds upon our previous
environmental sustainability evaluation®® while introducing
several key methodological differences and extensions. While the
LCA study focused on environmental impact metrics, this work
prioritizes economic indicators, capital cost estimation, and prof-
itability analysis. The same four production routes are examined:
(1) glycerol to acrylic acid via allyl alcohol (G-AA (via ALY)), (2) gly-
cerol to acrylic acid via lactic acid (G-AA (via LAC)), (3) glycerol to
acrylic acid via acrolein (G-AA (via ACR)), and (4) conventional
propylene to acrylic acid via acrolein (P-AA (via ACR)).

Key methodological extensions in this work
detailed equipment sizing and costing using factorial method
approaches, heat integration analysis to identify energy recov-
ery potential, and comprehensive capital expenditure (CAPEX)
and operating expenditure (OPEX) estimation. The economic
assessment is further enhanced through profitability analysis
including payback period calculation and extensive sensitivity
analysis for raw material, utility, and product pricing fluctu-
ations. These additional economic dimensions provide crucial
insights into commercial viability that complement our pre-
vious environmental findings.

include

2.1. Process design

Process simulation is carried out in Aspen Plus V12.1. For gly-
cerol-based processes having allyl alcohol and acrolein as

10614 | Green Chem., 2025, 27,10612-10632
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intermediates, the NRTL-HOC package within the Aspen soft-
ware was used for performing the thermodynamic calcu-
lations,” whereas for the P-AA (via ACR) and G-AA (via LAC)
processes, the UNIQUAC package was used.’® The NRTL-HOC
method was specifically selected for acrolein-containing pro-
cesses because these systems involve multiple carboxylic acids
(acrylic acid as the main product, and acetic acid and propio-
nic acid as the by-products) that exhibit strong hydrogen
bonding and dimerization in the vapor phase. The Hayden-
O’Connell equation of state component accounts for these
vapor-phase association effects, while the NRTL equation
handles the non-ideal liquid-phase behaviour. This combi-
nation is essential for accurate vapor-liquid equilibrium pre-
dictions in carboxylic acid-containing systems, which deviate
significantly from ideal gas behaviour due to molecular associ-
ation.* In the G-AA (via LAC) process, the thermodynamic cal-
culations associated with the purification processes of dihy-
droxyacetone were performed using the SOLIDS package
within the Aspen software. The four processes were simulated
assuming operations 7920 hours per year and generating ca.
10000 kg h™' acrylic acid (>99.5 wt%)."® This production
capacity was selected based on practical industrial scale con-
siderations and to enable a direct comparison with our pre-
vious LCA study. The feasibility of this production scale was
verified against available feedstock supply: the annual UK
output of FAME biodiesel is 1.6 million tonnes,*’ which
results in the production of approximately 160 thousand
tonnes of crude glycerol. This translates to about 20 tonnes
per hour of crude glycerol, which is more than sufficient to
meet the amount of acrylic acid production required in this
study.

2.2. Assumptions

The main assumptions made to compute the mass and energy
balances are outlined here. The sizing methodology and cost
evaluation approach used for the major components are pro-
vided here. The costs were then scaled to match the current
equipment sizes and updated using the chemical engineering
cost index for 2023.

2.2.1. Reactors. Fixed bed catalytic reactors were modelled
as plug flow reactors (PFRs) and their size was changed to
achieve the maximum conversion of the reactants. The ratio of
length to diameter (L/D) was set to 5 for optimal performance,
which is typical for industrial applications.*> Moreover, the
maximum diameter was limited to 5 m, while the maximum
length was 15 m based on standard equipment sizing con-
siderations and ease of transport to facility locations during
installation.”® For highly exothermic reactions such as allyl
alcohol oxidation, acrolein oxidation and propylene oxidation,
a multi-tubular reactor was utilised with tubes of 2 inch dia-
meter. For multi-tubular reactor design, the number of tubes
was determined using a systematic approach based on Gas
Hourly Space Velocity (GHSV). The total gas flow rate entering
the reactor was first calculated and converted to volumetric
units. A GHSV of 1000 h™" was applied to determine the
required catalyst volume by dividing the gas flow rate by the

This journal is © The Royal Society of Chemistry 2025
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GHSV.*> A 25% operational margin was incorporated to
account for operational flexibility and feed condition vari-
ations. The volume of each individual tube was calculated
using V = & x (d/2)* x L, where d represents the internal dia-
meter (ie. two inches) and L is the tube length. The total
number of tubes was then determined by dividing the total
required catalyst volume (including margin) by the volume per
tube. For semi-batch reactors, the volume of the reactor was
calculated using the volume of the reactants per unit time and
factoring 25% extra volume for mixing and headspace allow-
ance.’® The PFR was assumed to be a vertical pressure vessel
for thickness calculation and cost estimation purposes. The
reactions, reactants, products, and catalysts used, along with
the kinetic rate type used, rate constants, activation energy,
and adsorption terms are extensively discussed and detailed in
the ESIt for each case.

2.2.2. Heat exchangers and turbomachines. Heat exchan-
gers were modelled as shell and tube and assumed to have no
pressure drop. Compressors, turbines, and blowers were
assumed to have an isentropic efficiency of 75% and a
mechanical efficiency of 100%. Pumps were assumed to have a
pump efficiency of 75% and the cost of explosion-proof motors
driving each of the pumps was also considered in the econ-
omic analysis.

2.2.3. Separation columns. The mass and energy balance
calculation of the distillation and absorber columns was done
using the RadFrac method in Aspen Plus. For the liquid-liquid
extractor, an extract unit within the Aspen was used and as
this tool cannot perform the sizing of a liquid-liquid extractor
due to the complexity of the equipment, the size of the extrac-
tor was estimated using the ratios of total inlet flow rates and
the sizing data available for the absorber.

2.2.4. Raw materials. The composition of crude glycerol
from the biodiesel industry can vary widely depending upon
the type of catalyst used (base catalysts: NaOH and KOH; acid
catalysts like HCI and H,SO,), the process efficiency, impuri-
ties contained within the feedstock, and the efficiency of recov-
ery of biodiesel and solvents from the reaction mixture.” While
crude glycerol requires purification before catalytic conversion
to high-value chemicals, this study focuses solely on the con-
version process of purified glycerol. The purification part of
the crude glycerol has not been considered in this study since
it would be the same for all glycerol-based processes. For the
purposes of this study, adequately purified glycerol was
assumed to be functionally equivalent to pure glycerol as a raw
material. For the G-AA (via ALY) and G-AA (via ACR) routes, the
glycerol feedstock stream was modelled as 85 wt% pure (or
purified) glycerol mixed with 15 wt% water, whereas for the
G-AA (via LAC) process, the glycerol feedstock was kept as
52.5 wt% in water as per previous studies.”® It is important to
note that when calculating the raw material costs, only the
weight percentage of pure glycerol was used to determine the
total price, not the entire mixture. Attarbachi et al.” reported
an operating cost of 20.4 USD per ton for the purification of
glycerol derived from second-generation biodiesel production.
To maintain a conservative approach in this analysis, a unit

This journal is © The Royal Society of Chemistry 2025
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cost of 200 USD per ton for the 85 wt% purity glycerol feed-
stocks was assumed. This value is an order of magnitude
higher than that reported by Attarbachi et al.” and falls within
the lower bound of the current commercial price range for gly-
cerol of >80 wt% purity, which spans from 150 to 650 USD per
kg.’® For the propylene-based process, propylene feedstock
was modelled as chemical grade propylene with mole compo-
sition of propylene : ethane : propane = 94:3:3."

2.2.5. Solid processing. Dihydroxyacetone was converted to
solid crystals using the crystallizer unit in Aspen Plus. The sat-
uration calculation method used was based on the solubility
data of dihydroxyacetone obtained from ref. 48. The solids
were filtered in a solid filter, assuming a recovery of 99.9%
solids. The DHA crystals were washed in solid washers with
acetone and the mixing efficiency of the solid washer was
assumed to be 100% with the liquid to solid ratio as 97%. The
solid dryer was attached with a blower and was assumed to be
operating at a temperature of 50 °C to completely remove the
residual washing solvent, i.e., acetone.*’

2.2.6. Catalysts. Due to the lack of consistent and publicly
available data on the specific heterogeneous catalysts used
across the various bio-based routes, uniform catalyst assump-
tions were applied to all processes. All heterogeneous catalysts
were assumed to have the same cost and a uniform lifespan of
10 years. Since this study is comparative in nature, focusing on
the relative techno-economic performance of different pro-
duction routes, the same catalyst cost and lifespan assump-
tions were applied consistently across all processes to ensure
valid relative comparisons.

2.3. Heat integration

To identify potential energy saving opportunities, pinch ana-
lysis methodology was employed using process stream data
extracted from Aspen Plus simulations. The analysis con-
sidered heating and cooling streams from all separation units,
heat exchangers, and reactors across the four processes. The
minimum energy requirements for each process were deter-
mined using a minimum temperature approach of 10 °C for
general heat exchange and 5 °C for streams requiring refriger-
ation. The Grand Composite Curves (GCC) were constructed to
visualize the heat recovery potential and determine the pinch
point temperature for each process. The details of the heat
integration data are presented in section 3 of the ESLT
Through this systematic approach, the minimum hot and cold
utility requirements were established, enabling the calculation
of potential energy savings compared to the base case designs.

2.4. Economic analysis

The calculation of the total capital expenditure (CAPEX) was
done using the factorial method. The costs associated with the
capital costs and operating costs along with their calculation
method are given in section 1 (Tables S1 and S2) of the ESL.{ *?
For equipment and installation costs, the purchased cost for
each equipment was based on the year 2010. The Chemical
Engineering Plant Cost Index (CEPCI) with a value of 821
(2024) was used to adjust the equipment costs for inflation.>

Green Chem., 2025, 27,10612-10632 | 10615
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Table 1 Prices of raw materials and utilities used in this study

Raw material Value Ref.
Glycerol 204 USD per tonne 7 and 52
Formic acid 430 USD per tonne 53
Acetone 1280 USD per tonne 54
Methanol 570 USD per tonne 55
DIPE 2050 USD per tonne 56
Toluene 976 USD per tonne 57
Propylene 1120 USD per tonne 58
Feed water 0.72 USD per tonne 59
Acrylic acid 2500 USD per tonne 60
Utilities Value Ref.
Power electricity 0.24 USD per kWh 61
Cooling water 0.21 USD per GJ 59
LP steam (P = 1 bar) 1.90 USD per GJ 59
MP steam (P = 8.75 bar) 2.20 USD per GJ 59
HP steam (P = 39.43 bar) 2.50 USD per GJ 59
Fired heat 4.25 USD per GJ
Refrigerant 2.74 USD per GJ 59
Table 2 Key performance indicators used in this study
Parameter Unit Equation
. 7l
Carbon conversion % Ye = =
LONN
. . _ m
Raw material consumption (RM) kg kg™* RM = mﬂ
AA
. - m
Water/steam requirement (WR) kg kg™* WS = m—ws
AA
. . _ m
Air requirement (AR) kg kg™* AR = 2R
maa
. - mg
Solvent requirement (SR) kg kg™* SR=—X
LONN
. . -1 MgR
Electricity requirement (ER) kwh kg ER = s
AA
: ~1 MoER
Overall energy consumption (OER) kwh kg OER = ——
LONN
- _ m
Liquid wastes generated (LW) kg kg™* LW = #
AA

MIXER-©
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Moreover, the total fixed capital cost was adjusted by a location
factor of 1.21 for UK as the initial calculated fixed capital cost
was based on the US Gulf Coast.”* More details about the types
of equipment and their sizing are given in section 1 (Tables
S5-S8) in the ESL{ Based on UK, the prices of the raw
materials, utilities, and acrylic acid are given in Table 1.

2.5. Key performance indicators

The starting feed (glycerol/propylene) is converted into the
desired product (acrylic acid) for each process and require
energy in the form of electricity and heat. Additionally,
unreacted gaseous feed that does not get converted is then sep-
arated and incinerated, contributing to CO, emissions to the
environment. The key performance indicators (KPIs) used for
the process comparison are listed in Table 2. By evaluating
these factors, the aim is to conduct a fair assessment of the
technical and environmental performance across the processes
examined.

2.6. Kinetic models

The summary of the reactions, reactants, products, and cata-
lysts used in this study is given in individual processes in the
process description. More detailed information about the
kinetic rate type used, rate constants, activation energy, and
adsorption terms for each reaction can be found in section 2
of the ESL.{

2.7. Process description

2.7.1. Glycerol to acrylic acid via allyl alcohol

Unit one: glycerol to allyl alcohol. Fig. 2 shows the process
flow diagram integrating all the unit operations involved in the
G-AA (via ALY) process. Glycerol and formic acid were mixed at
a molar ratio of 1:1.8,>® and the resulting mixture was then
introduced into the first reactor (REACTOR-1). The reactor
operated at a temperature of 235 °C and formic acid mediated
the formation of allyl alcohol. The product stream (S3) con-

FLUE GAS

528

DOWOUT
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WATER
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Fig. 2 Process flow diagram for the G-AA (via ALY) process.
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Table 3 Reaction information for the G-AA (via ALY) process
Table in the
Reaction Yield ESIt showing
no. Reaction (%) Catalyst used detailed kinetics
Deoxydehydration of 1 Glycerol + formic acid — allyl alcohol + CO, + 2H,0  98.0%  Formic acid” —
glycerol to allyl alcohol
Oxidation of allyl 1 Allyl alcohol + O, — acrylic acid + H,O 76.1%  Molybdenum/ Table S9F
alcohol to acrylic acid 2 Allyl alcohol + 0.50, — acrolein + H,O 14.3%  vanadium/tungsten
3 Allyl alcohol + O, — 1.5 acetic acid 8.0% mixed oxide
4 Allyl alcohol + 40, — 3CO, + 3H,0 7.8%
5 Allyl alcohol + 2.50, — 3CO + 3H,0 4.7%

% Formic acid was used as a mediator.

taining allyl alcohol, unreacted reactants, and undesired pro-
ducts was cooled down to 25 °C using a heat exchanger
(COOLER-1) to prevent the formation of any side products.
Table 3 shows detailed reaction information of the G-AA (via
ALY) process including the reactions and yields of the pro-
ducts. The non-condensable gas component (CO,) of the
product stream was removed in the flash drum (FLASH-1). The
gas phase of the top stream (S5) exiting the flash drum con-
sisted of some allyl alcohol vapours and was recovered in the
absorber (ABSORBER-1) by generating an aqueous solution of
allyl alcohol (S8) using water. In the next step, the liquid phase
stream (S6) from the flash drum and the aqueous allyl alcohol
solution were sent to the distillation column (DISTILLATION
COLUMN-1) to recover the unreacted formic acid. The bottom
product of the distillation column containing formic acid
(31%) and water (69%) was recycled back to the reactor. The
top distillate (of DISTILLATION COLUMN-1) consisted of allyl
alcohol (23%) and the rest was water. Distillation cannot be
used to separate allyl alcohol from water as these compounds
tend to form an azeotrope at atmospheric pressure.®” Hence,
the liquid-liquid extraction method was used to facilitate
effective separation of allyl alcohol from water. An organic
solvent DIPE was used to extract allyl alcohol from water due
to its immiscibility with water and affinity for allyl alcohol.
The allyl alcohol-water stream (S10) was flowed into the
liquid-liquid extractor (LIQUID-LIQUID EXTRACTOR) unit.
The extract (S12) of the liquid-liquid extractor containing
DIPE (92%) was sent to the second distillation column
(DISTILLATION COLUMN-2) operating for DIPE solvent recov-
ery. The residual non-condensable gases from the DIPE-rich
distillate (S14) were removed in a flash drum (FLASH-3) operat-
ing at 30 °C and the bottom liquid stream (69% DIPE and the
rest water) from the flash was recycled back to the liquid-
liquid extractor after blending it with fresh makeup DIPE.

Unit two: allyl alcohol to acrylic acid. The pure allyl alcohol
stream (ALLYL-AL) from the second distillation column was
mixed with excess air to keep its concentration well below the
lower flammability limit of 2.5%.%® The mixture was then
heated at 230 °C and sent to the oxidation reactor
(REACTOR-2) operating at 1 bar where allyl alcohol was con-
verted to acrylic acid. The heat generated by the reactor was
used to heat the S1 stream from 78.9 °C to 164.3 °C using

This journal is © The Royal Society of Chemistry 2025

DOWTHERM-A. Following this, any non-condensable gases
(CO,) from the output steam (S18) from the reactor were
removed in the flash drum (FLASH-2) operating at 85 °C.
However, the gas stream (S19) of the flash drum also contained
a few acrylic acid vapours which were recovered using the
absorber (ABSORBER-2). An aqueous acrylic acid solution
(S20) was generated from the acrylic acid vapour by flowing
water into the absorber. Both streams were mixed and sent to
the purification column operating at reduced pressure of 0.2
bar to achieve acrylic acid at the required 99.5% purity level.
Acrylic acid is highly susceptible to thermal polymerization
when exposed to high temperatures. Distilling under reduced
pressure decreases the boiling point, allowing separation at
lower temperatures, thereby minimizing the risk of unwanted
polymerization and thermal decomposition during the
process.®* Waste gases (531, S7 and S21) from the flash drum
(FLASH-3) and absorber (ABSORBER-1 and ABSORBER-2) were
sent to the incinerator to remove any toxic organic vapours
and excess air was supplied to the incinerator for complete
combustion. The energy released by the incinerator was used
to heat the S32 stream from 164.3 °C to 234.9 °C and the S15
stream from 8 °C to 106 °C using DOWTHERM-A. More details
in terms of composition, flow rate and pressure of the process
shown in Fig. 2 are provided in the ESIT (section 3.1).

2.7.2. Glycerol to acrylic acid via lactic acid

Unit one: glycerol to dihydroxyacetone. Fig. 3 shows the flow
diagram for the G-AA (via LAC) process, depicting the intercon-
nected unit operations for the overall process. Glycerol was fed
into a batch reactor system via semi-continuous feeding over a
duration of six hours, with continuous flow of air as a source
of oxygen. The products generated — dihydroxyacetone (DHA)
and glyceraldehyde - were flowed to a flash drum. Table 4
shows the complete reaction information of the G-AA (via LAC)
process including the reactions and yields of the products. The
unreacted air component of the product mixture was removed
using a flash drum (FLASH-1) operating at atmospheric
pressure. The liquid phase stream (S4) from the flash drum
bottom was fed into a distillation column (DISTILLATION
COLUMN-1) to separate DHA from the product mixture.
Subsequently, DHA (88.8 wt%) was sent to a solid crystallizer
to produce pure solid DHA crystals, which were then filtered in
a solid filter (S-FILTER). Solubility data of DHA for the crystalli-

Green Chem., 2025, 27,10612-10632 | 10617


http://creativecommons.org/licenses/by/3.0/
http://creativecommons.org/licenses/by/3.0/
https://doi.org/10.1039/d5gc01769f

Open Access Article. Published on 08 July 2025. Downloaded on 12/29/2025 1:28:50 AM.

Thisarticleislicensed under a Creative Commons Attribution 3.0 Unported Licence.

(cc)

Paper

View Article Online

Green Chemistry

GLYCEROL

COOLER-1

BATCH REACTOR
DISTILLATION ¢
COLUMN-1

CRYSTALLIZER FILTER s16}

WASHER

ACETONE

524 523

COOLER-5

METHYL

FLASH-2 LACTATE
DISTILLATION
COLUMN-2

MIXER

WATER

REACTOR-1

MIXER-2

METHANOL|

REACTIVE
DISTILLATION
COLUMN

514

WATER-3

PUMP-1 | 515

30

FLUE GAS

FLASH-4

33 H
=

513

MIXER-4

531 532 ] s3s
uQuip-
Quip

EXTRACTOR

COOLER-4

HEATER:L ABSORBER

REACTOR-2

Fig. 3 Process flow diagram for the G-AA (via LAC) process.

Table 4 Reaction information for the G-AA (via LAC) process

INCINERATOR

DISTILLATION
COLUMN-3

ACRYLIC

DISTILLATION
COLUMN-5

DISTILLATION
COLUMN-4

Tables in the

Reaction Conversion/ ESIf showing
no. Reaction yield (%) Catalyst used detailed kinetics
Oxidative dehydration 1 Glycerol + 0.50, — dihydroxyacetone + H,O 87.0% Carbon-supported Table S10t
of glycerol to DHA 2 Glycerol + 0.5 O, — glyceraldehyde + H,O 13.0% bismuth
Conversion of DHA 1 Dihydroxyacetone — pyruvaldehyde + H,O 99.9% H-USY zeolite Table S11}
to methyl lactate 2 Pyruvaldehyde + methanol — methyl lactate 2.6%
3 Pyruvaldehyde + H,O — glyceraldehyde 97.4%
Hydrolysis of methyl 1 Methyl lactate + H,O « lactic acid + methanol ~ 99.99% Acidic cation- Table S12}
lactate to lactic acid exchange resin (D001)
Dehydration of lactic 1 Lactic acid — acrylic acid + H,O 95.54% K-Exchanged ZSM-5 Table S137
acid to acrylic acid 2 Lactic acid — acetaldehyde + H,O + CO, 4.48%

zation unit of DHA were taken from ref. 48. The solid DHA
crystals went through washing with acetone in a solid washer
and drying in a dryer using air at 50 °C to remove residual
acetone from DHA solids.

Unit two: dihydroxyacetone to lactic acid. In the next section,
the DHA crystals were dissolved with methanol in a
1:2.5 molar ratio and fed to the second reactor operating at
120 °C to produce methyl lactate.*> The product stream (S22)
from the second reactor was flowed into the distillation
column to recover the unreacted methanol and separate the
methyl lactate product. The recovered methanol stream
(99.9 wt%) was recycled back to the mixer where DHA was
being dissolved with methanol. Methyl lactate was then mixed
with water to create a solution having 10 wt% methyl lactate

10618 | Green Chem., 2025, 27,10612-10632

and 90 wt% water.®® The solution was then fed to the reactive
distillation column for the hydrolysis reaction for the conver-
sion of methyl lactate into lactic acid. Following this, the lactic
acid was flowed to the third reactor after heating it at 360 °C.%°

Unit three: lactic acid to acrylic acid. Dehydration of lactic
acid to acrylic acid was carried out in the third reactor. The
product mixture from the third reactor containing acrylic acid,
acetaldehyde, and CO, along with the unreacted reactants was
then cooled down in a heat exchanger and sent to the absorber
to remove the non-condensable gases and to generate an
aqueous solution of acrylic acid. The aqueous acrylic acid solu-
tion stream (S32) was flowed into the liquid-liquid extraction
unit to extract acrylic acid from the water using DIPE solvent.
The extract stream (S35), comprising primarily of acrylic acid

This journal is © The Royal Society of Chemistry 2025
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and DIPE solvent, was flowed into the solvent recovery column
operating at 0.3 bar. The DIPE-rich distillate was flashed out
into a flash drum to eliminate any remaining non-condensable
gases. The bottom liquid stream of the flash drum was flowed
to the decanter and the water separated from the decanter was
returned to the solvent recovery column as an external reflux.
The second liquid stream from the decanter containing
residual DIPE was flashed out again in the flash drum and
recycled back to the liquid-liquid extractor with makeup DIPE.
The acrylic acid rich bottom product from the solvent recovery
column was flowed through another distillation column for
glyceraldehyde removal, followed by water removal in the final
distillation column for the required purity level of acrylic acid.

More details in terms of composition, flow rate and
pressure of the process shown in Fig. 3 are provided in the
ESIt (section 3.2).

2.7.3. Glycerol to acrylic acid via acrolein

Unit one: glycerol to acrolein. The glycerol to acrylic acid via
acrolein process simulation was based on the process pro-
posed by Sandid et al.,*® with operating conditions taken from

compresson ()

AIR-2
COOLER-S

COOLER-1

HEATER-3

Fig. 4 Process flow diagram for the G-AA (via ACR) process.

Table 5 Reaction information for the G-AA (via ACR) process

View Article Online

Paper
Dimian et al.’” and with slight modifications in the operating
conditions to optimize the yield of the final acrylic acid
product. Fig. 4 outlines the sequence of unit operations
included in the process. Initially, glycerol, steam, and air were
preheated to 372 °C and fed into the first reactor, operating at
3.9 bar, where glycerol was converted to acrolein. Table 5
shows the reaction information of the G-AA (via ACR) process
including the reactions and yields of the products. The
product stream from the first reactor was then passed through
a distillation column to remove the by-products such as hydro-
xyacetone and propionic acid. The acrolein-rich distillate
stream (S8) was mixed with excess air to keep its concentration
well below the lower flammability limit of 2.8%.°” This mixed
stream was then pressurized to 2.4 bar and heated to 350 °C
before entering the second oxidation reactor.

Unit two: acrolein to acrylic acid. The oxidation reactor con-
verted acrolein into acrylic acid and the exiting product stream
(S14) from the reactor was cooled immediately to prevent
further by-product formation. Non-condensable gases (CO,)
were separated from the product stream using a flash drum.
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Tables in the

Reaction Conversion/ ESIt showing

no. Reaction yield (%) Catalyst used detailed kinetics
Dehydration of 1 Glycerol — acrolein + 2H,0 81.6% Alumina-supported Table S14t
glycerol to acrolein 2 Glycerol — acetol + H,O 9.2% silicotungstic acid

3 Glycerol — acetaldehyde + CO + H,O + H, 0.3%

4 Acrolein + H,0 — propionic acid 3.8%

5 Acetol — acetone + 0.50, 4.0%
Oxidation of 1 Acrolein + 0.50, — acrylic acid 84.9% Molybdenum/ Table S15F
acrolein to 2 Acrolein + 3.50, — 3CO, + 2H,0 9.0% vanadium mixed oxide
acrylic acid 3 Acrolein + 20, — 3CO + 2H,0 6.3%

This journal is © The Royal Society of Chemistry 2025
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However, the top stream of the flash drum (S16) also contained
residual vapours of acrylic acid along with non-condensable
gases. To recover the acrylic acid vapours, the top stream from
the flash drum was sent to an absorber with water flowing
from the top, and an aqueous acrylic acid solution was recov-
ered at the bottom of the absorber. The bottom liquid phase
stream (517) from the flash drum and the aqueous acrylic acid
solution (S21) were mixed and sent to a distillation column for
further purification. Azeotropic distillation was employed due
to the presence of water-acetic acid and water-acrylic acid
azeotropes, with toluene as an entrainer. The vapor distillate
(S23) from the distillation column, containing mostly water
and toluene, was cooled and flashed in a flash drum. The
bottom liquid phase product (S27) of the flash drum was fed
into a decanter to separate and recycle the toluene back to the
distillation column as an external reflux. The bottom product
(S24) of the distillation column was sent to a final distillation
column for further purification of the acrylic acid product to
the required purity level. The distillate from the final distilla-
tion column consists mostly of toluene and water; therefore, it
was sent to a decanter for toluene-water separation. The vapor
streams (S20 and S26) from the absorber and flash drum were
combusted in an incinerator, resulting in a flue gas.

More details in terms of composition, flow rate and
pressure of the process shown in Fig. 4 are provided in the
ESIf (section 3.3).

2.7.4. Propylene to acrylic acid via acrolein

Unit one: propylene to acrylic acid. The propylene to acrylic
acid via the acrolein process was based on the simulation pro-
vided by Sandid et al.*® with slight modifications in the operat-
ing conditions to achieve the target amount and purity of
acrylic acid. Fig. 5 depicts the unit step operations for the
process. Propylene, air, and steam were mixed at a molar ratio

View Article Online
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of 1:10.7 : 4 and heated to 366 °C before being fed to the first
fixed bed reactor.®® This reactor was a multi-tubular packed-
bed reactor consisting of 1750 tubes of 2 inch diameter. In this
reactor, propylene was oxidised to form acrolein. Table 6
shows the reaction information of the P-AA (via ACR) process
including the reactions and yields of the products. The
product stream containing acrolein from the first reactor was
pressurized to 2.4 bar and heated to a temperature of 350 °C.
This product stream was mixed with excess air to keep its con-
centration well below the lower flammability limit of 2.8%.%”
Subsequently, this mixed stream entered the second multi-
tubular packed-bed reactor, where the acrolein underwent oxi-
dation to form acrylic acid. The product stream exiting the
second reactor was sent to an absorber unit, where the cooling
water stream reduced the temperature of the incoming
vapours, producing an aqueous acrylic acid solution and allow-
ing the non-condensable gases to escape from the top of the
column.®® The top stream leaving the absorber contained
some residual acrylic acid vapours along with the non-conden-
sable gases, which were then flashed out in the flash drum.
These streams (510 and S12) were subsequently mixed and fed
into the liquid-liquid extractor.

Unit two: acrylic acid purification. The extraction of acrylic
acid from an aqueous solution was carried out via a liquid-
liquid extraction process using DIPE as the solvent. The extract
(S14), comprising mainly acrylic acid and DIPE solvents, was
then sent to the solvent recovery column operating at 0.3 bar
to produce a DIPE-rich distillate. This distillate was flashed in
the flash drum to remove any non-condensable gases, and the
bottom liquid stream was sent to the decanter. The water sep-
arated from the DIPE solvent in the decanter was recycled back
to the solvent recovery distillation column as an external
reflux. Since the raffinate phase from the extractor still con-
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Fig. 5 Process flow diagram for the P-AA (via ACR) process.

10620 | Green Chem., 2025, 27,10612-10632

COOLER-4

SASIE COOLER6 MIXER-3

PUMP-1

This journal is © The Royal Society of Chemistry 2025


http://creativecommons.org/licenses/by/3.0/
http://creativecommons.org/licenses/by/3.0/
https://doi.org/10.1039/d5gc01769f

Open Access Article. Published on 08 July 2025. Downloaded on 12/29/2025 1:28:50 AM.

Thisarticleislicensed under a Creative Commons Attribution 3.0 Unported Licence.

(cc)

Green Chemistry

Table 6 Reaction information for the P-AA (via ACR) process
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Tables in the

Reaction Yield ESIt showing

no. Reaction (%) Catalyst used detailed kinetics
Oxidation of 1 Propene + O, — acrolein + H,O 70.8% Bismuth molybdate Table S161
propylene to 2 Acrolein + 0.50, — acrylic acid 7.2%
acrolein 3 Acrylic acid + 30, — 3CO, + 2H,0 0.0%

4 2 propene + 90, — 6CO, + 6H,O 0.0%

5 Propene + O, — acetaldehyde + formaldehyde 1.6%

6 2 acetaldehyde + O, — 2 acetic acid 1.5%

7 Propene + 30, — 3CO + 3H,O 0.0%

8 2 acrolein + 30, — 4 formaldehyde + 2CO, 3.7%

9 Acetic acid + 20, — 2CO, + 2H,0 0.9%

10 Acetaldehyde + 2.50, — 2CO, + 2H,0 2.5%
Oxidation of 1 Acrolein + 0.50, — acrylic acid 85.0% Molybdenum/ Table S177
acrolein to 2 Acrolein + 3.50, — 3CO, + 2H,0 26.9% vanadium mixed oxide
acrylic acid 3 Acrolein + 20, — 3CO + 2H,0 18.4%

tained some remaining DIPE solvent, it was fed into a second
distillation column for purification. The DIPE-rich liquid dis-
tillate from this column was mixed with the DIPE solvent from
the decanter and recycled back to the liquid-liquid extractor,
with makeup DIPE added as necessary. The bottom liquid
product from the solvent recovery column, containing mostly
water and acrylic acid, was sent to a final vacuum distillation
column operating at 0.1 bar to achieve the required purity
level. Finally, waste streams from the flash drums (S34, S29,
and S35) were incinerated in an incinerator, with excess air fed
to ensure complete combustion.

More details in terms of composition, flow rate and
pressure of the process shown in Fig. 5 are provided in the
ESIT (section 3.4).

3. Results and discussion

3.1. Kinetic model comparison

The simulation results for the four acrylic acid production pro-
cesses were validated against the literature data, and the
results exhibited a maximum deviation of 10% from the
reported conversion and selectivity values. Comprehensive
details on this comparative analysis are given in Table S18 of
the ESLt

3.2. Technical comparison

The information provided in Table 7 reflects the diverse
requirements for each pathway to produce acrylic acid effec-
tively from the selected feedstocks. Considering only the
carbon conversion of reactants to the desired product, the reac-
tors of the G-AA (via LAC) process appear to be the best per-
forming with the three reactors (BATCH REACTOR,
REACTOR-1, and REACTOR-2) providing the products in
86.97%, 97.37%, and 95.16% yields, respectively. Moreover,
the operating conditions for the three reactors in the G-AA (via
LAC) process were relatively moderate compared to other pro-
cesses, suggesting that the energy requirement can be lower.
However, for non-commercial processes, these results would

This journal is © The Royal Society of Chemistry 2025

require further validation while the processes are upscaled and
confirmed in terms of separating the desired products from
the by-products, in addition to the carbon conversion
efficiency.

Table 8 provides a detailed overview of the separation
equipment and their operating conditions for the various pro-
cesses investigated to produce acrylic acid from different feed-
stocks. The stage requirements, reboiler types, and recovery
percentages vary depending on the specific separation chal-
lenges posed by the product mixtures and the desired purity
levels. The G-AA (via LAC) process involved intermediate steps
like the formation of dihydroxyacetone, methyl lactate, and
lactic acid, and hence, required additional distillation
columns for purification of these intermediates prior to
flowing them to the next reactor. The G-AA (via LAC) process
employed twice the number of distillation columns compared
to other processes, reflecting the increased complexity associ-
ated with the presence of multiple intermediates in a process.
Liquid-liquid extraction was used in the G-AA (via ALY), G-AA
(via LAC) and P-AA (via ACR) routes to overcome the challenge
posed by the formation of azeotropic mixtures, whereas the
G-AA (via ACR) route used azeotropic distillation for this
purpose. It is crucial to note that an increased number of dis-
tillation columns does not necessarily translate to a pro-
portional increase in utility requirements or capital invest-
ment. These factors are influenced by various other para-
meters, such as the specific products to be separated, volu-
metric flow rates, operating pressures, and other process-
specific considerations.

Fig. 6 shows the grant composite curves (GCC) of the four
acrylic acid production routes. The hot utility is required to be
at a temperature higher than 240 °C, 365 °C, 505 °C and
371 °C for the allyl alcohol, lactic acid, acrolein and conven-
tional propylene routes, respectively. Table 9 presents the heat
integration results for all processes, highlighting significant
variations in utility requirements. The G-AA (via ALY) process
showed minimum utility requirements of 60.0 MW for hot
utility and 81.8 MW for cold utility. The actual heat and cold
demands before heat integration were substantially higher at
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Table 7 Information about the reactor dimensions, operating conditions and the desired products

Diameter (m) Volume of
and the number Length thereactor Temperature Pressure Desired products  Yield of
Process Reactor name of tubes (m) (m?) (°C) (bar) from the reactor the product
G-AA (via ALY) REACTOR-1 2.16 10.82 — 235 1 Allyl alcohol 98.0%
REACTOR-2 0.049 (2100) 4.82 — 230 2.3 Acrylic acid 76.1%
G-AA (via LAC) BATCH REACTOR  — — 168.84 50 1 Dihydroxyacetone  87.0%
REACTOR-1 1.36 6.80 — 120 2 Methyl lactate 97.4%
REACTOR-2 0.95 4.75 — 360 1 Acrylic acid 95.5%
G-AA (via ACR) REACTOR-1 1.16 5.80 — 375 3.9 Acrolein 81.6%
REACTOR-2 0.049 (2250) 3.12 — 350 2.4 Acrylic acid 84.9%
P-AA (via ACR) REACTOR-1 0.049 (1750) 2.9 — 360 3.67 Acrolein 70.8%
REACTOR-2 0.049 (2250) 3.12 — 350 2.4 Acrylic acid 85.0%

Table 8 Details about the column, operating conditions, and the desired separation products

Desired
Number of  Feed separation Initial mole  Final mole %
Process Equipment Condenser Reboiler stages stage products fraction fraction Recovery
G-AA (via  ABSORBER-1 — — 10 — Allyl alcohol 0.008 0.046 80.48
ALY) DISTILLATION Partial Kettle 18 9 Formic acid 0.200 0.309 99.99
COLUMN-1
LIQUID-LIQUID — — 10 — Allyl alcohol 0.234 0.135 99.99
EXTRACTOR
DISTILLATION Partial Kettle 10 5 Allyl alcohol 0.135 0.965 99.99
COLUMN-2
ABSORBER-2 — — 6 — Acrylic acid 0.001 0.187 99.33
DISTILLATION Partial Kettle 17 8 Acrylic acid 0.431 0.994 97.06
COLUMN-3
G-AA (via  DISTILLATION Total Kettle 6 3 DHA 0.142 0.888 99.99
LAC) COLUMN-1
DISTILLATION Total Kettle 14 8 Methyl lactate 0.269 0.487 99.99
COLUMN-2
REACTIVE Total Kettle 44 8 Lactic acid to 0.088 0.905 99.99
DISTILLATION methyl lactate
COLUMN
ABSORBER — — 10 — Acrylic acid 0.085 0.083 99.99
LIQUID-LIQUID — — 8 — Acrylic acid 0.083 0.197 99.99
EXTRACTOR
DISTILL