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Coupling catalytic bed fluidization with impeller
rotation for improved hydrodynamic
characterization of Berty reactors†

Mengmeng Cui,a Shekhar R. Kulkarni,a Yacoub-Yousef Abu-Naaj,b Stefan Wagner,b

Claudia Berger-Karin,b Jan Lennart Weber,b Anton Nagyb and Pedro Castaño *ac

We developed an integrated modeling framework to capture the gas–solid mixing patterns in internal

circulating Berty reactors operating under batch fluidized mode. Our framework combines computational

fluid dynamics for the gas phase with impeller rotation and computational particle fluid dynamics for solid

fluidization in the catalyst basket. We proposed several key hydrodynamic indicators for the Berty-type reactor

and compared the prediction results from the integrated simulation strategy with previous settings without

considering the actual bed fluidization. Deviations in bed velocity, gas–solid contact time, and recirculation

rate underscored the necessity of employing accurate hydrodynamic characteristics when designing Berty-

type reactors. The consistent impeller relationships under various fluidization conditions suggested that the

hydrodynamics in internal circulating Berty reactors are predominantly influenced by impeller rotation,

irrespective of bed status. In this context, we introduced a fluidized bed expansion correlation to the impeller

relationship, offering a more reliable hydrodynamic explanation for the Berty fluidized bed reactor in batch

mode. This can also serve as a design foundation for internal recycling reactors.

1. Introduction

With the advantages of superior mass and heat transfer
characteristics, continuous movement of particles, and high
gas–solid throughput,1 fluidized beds have been favored in
industrial applications for highly exothermic, endothermic, or
explosive catalytic reactions, especially where catalysts
deactivate in minutes or seconds.2,3 Such applications include
fluid catalytic cracking,4–7 biomass gasification,8,9 and chemical
looping combustion.10,11 Effective laboratory-scale testing units
are required to utilize fluidization technology for new
feedstocks, catalysts, or processes, and they must clearly explain
transport phenomena and flow patterns approaching the
intrinsic reaction kinetic regime.12

Equipped with a stationary catalyst basket in the middle and
a rotating impeller at the top,13 the Berty reactor functions as a
continuous stirred tank reactor (CSTR) with perfect mixing. It
offers convenience for kinetic and deactivation studies,14–17

providing an ideal contact pattern. This reactor is known for
achieving mass and heat transfer characteristics similar to
commercial operations. It has been utilized to screen catalysts
at high conversion levels under the fixed bed and in continuous
operating mode.13,18–24 The Berty-type reactor was adapted to
fluid catalytic cracking in the batch fluidized bed mode in the
1980s and 1990s at the Chemical Reactor Engineering Centre
(CREC), University of Western Ontario,25,26 for a laboratory
catalytic testing unit called the riser simulator, which has been
widely used for catalyst evaluation, development, kinetic
modeling, and catalyst characterization.12,26–32 Two metallic
porous plates are set in the catalyst basket to retain the solid
and distribute the gas flow homogeneously. In this process,
reactants are injected into the vessel and circulated through the
catalyst basket by an impeller until the desired end time. The
contents are then rapidly evacuated and analyzed. As an internal
recycle reactor, the Berty-type reactor mirrors the regime in
commercial units, maintaining identical mass velocity over the
same-sized catalyst under the same heat and mass transfer
conditions and the same partial pressure of reactants, products,
and inert substances, ensuring identical diffusional and kinetic
rates.13

A better depiction of the mixing pattern in laboratory
internal recycle reactors has been a continuous research pursuit
for gas–solid catalytic studies, which can be assessed using
pressure drop,18 temperature drop measurements across the
bed,33 mass transfer coefficient estimations,34 or transient
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responses of tracer injections.16,34 One of the most significant
outcomes from the mixing pattern of the Berty reactor in batch
fluidized bed operations is to evaluate when and whether
fluidization can be achieved. Pekediz et al.35 adopted a hot-film
anemometer sensor placed in the annulus region between the
catalyst basket and the reactor wall to gauge gas velocities. It
used fiber optic measurements within the catalytic basket to
examine the particle fluidization based on a reactor made of
Plexiglas. However, presuming a consistent velocity distribution
throughout the annulus section introduced uncertainties about
the actual recirculation rate.

Computational fluid dynamics (CFD) is a powerful method for
investigating mixing patterns in this type of reactor concerning
their hydrodynamic performances.16,32,36–40 Ahmed et al.32

verified the CFD simulations using experimental data and mass
balance calculations by a model with pressure drop assigned to
the particle bed and basket grids for the CREC riser simulator
and compared the mixing patterns of reactor designs with and
without baffles. Cui et al.36 validated the CFD simulations,
assuming the catalyst bed as a porous media zone. We
demonstrated that a fluidized bed can be maintained in the
catalyst basket of the Integrated Lab Solutions (ILS) Berty reactor
under a certain rotation rate and catalyst loading, which was
anticipated from Berty's experiments several decades earlier.13

Tracer fraction contours and the F curve displayed that the ILS
Berty reactor approaches perfect mixing as a CSTR in the catalytic
bed.13 However, previous simulation studies could not accurately
depict bed expansion from fluidization, which may lead to
malfunctioning of the desired fluidization system or
inappropriate design modifications.32,36,41–44 A comprehensive
understanding of the complex hydrodynamics, which combines
fluidization with rotation, is essential to utilizing the benefits of
Berty-type reactors in representing industrial riser conditions.
This understanding is also pivotal for establishing design criteria
for internal recycle reactors. Towards this target, we attempted to
propose an improved simulation strategy by coupling catalytic
bed fluidization with impeller rotation to characterize the
hydrodynamics of Berty reactors.

The CFD-DEM (discrete element method) approach can
couple fluidization with the rotating zone, but it requires
significant computational resources to maintain particles
between the two screens on the top and bottom of the catalytic
bed.45–51 Based on the Eulerian–Lagrangian scheme,
computational particle fluid dynamics (CPFD) offers
competitive advantages due to reduced computational costs
across multiple scales for systems with gas–particle
interactions.52–57 Yet, reproducing the impeller rotation is a
challenge. Thankfully, the basket velocity is relatively consistent,
with the screen set at the bottom functioning as a gas
distributor.36 This results in an independent fluidization system
in the catalytic bed. Therefore, a combined CFD/CPFD approach
leads to a more accurate hydrodynamic characterization in the
Berty reactor.

In this study, we developed a simulation framework to
explore the hydrodynamics of a Berty fluidized bed reactor by
combining CFD with the CPFD method using the ILS Berty

reactor as an example. We obtained the bed velocity by
treating the catalytic bed as a porous zone and incorporating
the rotating recycled fluid flow in CFD. This velocity was used
as the boundary condition for CPFD to determine bed
expansion and particle volume fraction at various rotation
rates. The observed bed properties were then incorporated
into CFD simulations using modified mesh models. We
introduced several key hydrodynamic indicators for the Berty-
type reactor and compared the predictive results from CFD to
those from the combined CFD/CPFD method. Lastly, we
integrated the bed expansion correlation with the impeller
relationship to shed light on the hydrodynamics of the ILS
Berty reactor.

2. Methodology
2.1. Simulation framework

We combined the capabilities of CFD using ANSYS Fluent,
which couples the porous zone setting with the multiple
reference frame (MRF) to represent both the catalytic basket
and the rotator, with CPFD by Barracuda, which analyzes the
fluidization behavior in the catalytic bed. We used the ILS Berty
fluidized bed reactor (Fig. 1) to investigate the hydrodynamics
of internal circulating Berty reactors operating in batch mode.
Details of the ILS Berty reactor and validations with experiments
(Fig. S1†) can be found in our previous publication.36

The proposed modeling framework is depicted in Fig. 2,
and the operating conditions are detailed in Table 1. We
considered the entire catalytic bed between the two screens a
uniform porous media zone. The viscous and inertial
resistance factors are derived from the Gidaspow equation
(eqn (1) and (2)).58–62 The CFD simulation was conducted
using the initial mesh model under uniform bed porosities

Fig. 1 ILS Berty reactor with the different parts indicated with
different colors.
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(Fig. S2a†), wherein the MRF model was integrated to
simulate the rotating zone. This enabled the acquisition of
gas velocity and pressure drop across the bed between gas
and solids. Owing to the well-mixing behavior characteristic
of a CSTR system, bed fluidization can be examined as an
individual system using the CPFD approach.36 Here, the bed
velocity from the CFD was used as the boundary condition,
offering a detailed description of the fluidization status.
Drawing on the bed expansion and particle volume fraction
data from CPFD, we adjusted the CFD mesh model to
incorporate different layers of porosities (Fig. S2b†) for a
subsequent simulation round.

Ds ¼ 150
θs

2μg

ds
2θg

3 þ 1:75
ρgθs u!g − u!s

�� ��
dsθg3

if θg � 0:8 (1)

Ds ¼ 3
4
CD

ρgθgθs u!g − u!s
�� ��
ds

θg
− 2:65 if θg > 0:8 (2)

where D denotes the drag force; θ denotes the volume
fraction; d denotes the diameter; ρ denotes the density; u
denotes the velocity; μ denotes the viscosity; the subscripts s
and g denote the solid and gas phases, respectively.

Since hydrodynamics under various feed mixtures can be
modified by the corrected physical properties in batch mode,
we simplified our work using the inert gas argon (Table 2) at

the reaction condition (700 °C, 1 bar).36 Argon was fully
introduced into the reactor at the outset with the desired
physical properties. We simulated a batch operation by
converting the inlet and outlet to wall boundaries. By setting
the porous zone of the catalytic bed, calculations could be
simplified to a single gas phase. The SST k–ω turbulent
model with low-Reynold corrections was chosen to capture
the flow transition from laminar to turbulent regimes. We
used the standard solid properties of fluid catalytic cracking
catalysts, which are 66 μm and 1500 kg m−3. The steady-state
isothermal CFD simulation was conducted using ANSYS
Fluent with other default settings at rotation rates ranging
from 4000 to 10 000 rpm. An initial catalyst of approximately
5.6 g was loaded into the reactor, assuming a catalytic bed
with a uniform porosity of 0.7. Subsequently, we conducted
the CPFD simulation of the catalytic basket depicted in Fig. 1
using Barracuda. This had a flow boundary condition at the
bottom and a pressure boundary condition at the top,
allowing us to investigate the gas–solids interactions
concerning bed fluidization behaviors in terms of expansion,
particle volume fraction, and pressure drop.

2.2. CFD approach

ANSYS Fluent, a commercial CFD package, was employed for
the 3D, steady-state, and isothermal computations in the ILS

Fig. 2 Integrated CFD/CPFD simulation framework.

Table 1 Simulation conditions in batch mode by CFD and CPFD

Condition Item CFD CPFD

Temperature (°C) 700 Inlet NA, change to wall Flow boundary condition
Pressure (bar) 1 Outlet NA, change to wall Pressure boundary condition
Particle diameter (μm) 66 Turbulent model SST k–ω Large eddy simulation
Particle density (kg m−3) 1500 Energy model No No
Packed bed porosity 0.47 Transient state No Yes
Hastelloy mesh porosity 0.7 Multiphase No Yes
Catalyst loading (g) ∼5.6
Rotation rate (min−1) 4000–10 000

Table 2 Physical properties of the feed

Gas Density (kg m−3) Heat capacity (kJ kg−1 K−1) Thermal conductivity (W m−1 K−1) Viscosity (cP) Molecular weight (g mol−1)

Argon 0.494 0.521 4.17 × 10−2 5.70 × 10−2 39.95

Reaction Chemistry & Engineering Paper

O
pe

n 
A

cc
es

s 
A

rt
ic

le
. P

ub
lis

he
d 

on
 3

0 
A

pr
il 

20
24

. D
ow

nl
oa

de
d 

on
 7

/2
8/

20
25

 1
2:

01
:1

3 
PM

. 
 T

hi
s 

ar
tic

le
 is

 li
ce

ns
ed

 u
nd

er
 a

 C
re

at
iv

e 
C

om
m

on
s 

A
ttr

ib
ut

io
n-

N
on

C
om

m
er

ci
al

 3
.0

 U
np

or
te

d 
L

ic
en

ce
.

View Article Online

http://creativecommons.org/licenses/by-nc/3.0/
http://creativecommons.org/licenses/by-nc/3.0/
https://doi.org/10.1039/d4re00074a


2110 | React. Chem. Eng., 2024, 9, 2107–2119 This journal is © The Royal Society of Chemistry 2024

Berty reactor, employing the MRF model for the rotating
domain.36,63 The catalyst bed was treated as one or several
homogeneous porous zones,41,64 where the viscous and
inertial loss coefficients were determined using the Gidaspow
equation (eqn (1) and (2)),58–62,65,66 considering uniform
particle diameters and designated porosities. The SST k–ω
model with low-Reynolds corrections was chosen as the
turbulence model.64,67 The governing equations (eqn (3)–(11))
for the CFD approach are presented in Table 3.

In this study, two types of CFD mesh models for the ILS
Berty reactor are illustrated in Fig. 1. The first is based on the
homogeneous porous zone assumption for the entire bed (Fig.
S2a†),36 while the second adjusts bed porosity and expansion
according to the particle volume fraction distribution derived
from CPFD simulations (Fig. S2b†). Both mesh models were
developed using ANSYS Workbench, where rotationally periodic
boundaries were applied to emulate computational efforts
based on a 60° slice model (representing 1/6 of the reactor
volume).32,68,69 A mesh independence check was performed
under each condition to balance computation time and
prediction accuracy. Consequently, a mesh model comprising
approximately 150k cells was selected. The CFD simulation was
validated with pressure drop measurements and further details
can be referenced in previous work.36

2.3. CPFD approach

In the CPFD simulation, the Eulerian approach is employed to
solve the governing equations for the fluid phase, treating it as
a continuum. Meanwhile, particles are considered to be in the
dispersed phase and are described using the Lagrangian
method. The continuity and momentum equations for gas flow
can be found in eqn (12) and (13).70–72

∂ρgθg
∂t þ ∇· θgρg u

!
g

� �
¼ 0 (12)

∂ ρgθg u
!

g

� �
∂t þ ∇· θgρg u

!
g u
!

g

� �
¼ −∇pþ F

!þ θgρgg þ ∇· θgτ
� �

(13)

where F denote the gas-to-particle momentum transfer rate per
unit volume in eqn (14).

F
!¼ −

ððð
f s ms Ds u!g − u!s

� �
− 1
ρs

∇p
� �

þ u!s
dms

dt

	 

dmsd u!s

(14)

where f denotes the function of the particle location; m denotes
the particle mass.

The particle acceleration is modeled using the Lagrangian
method, as presented in eqn (15), and the Liouville equation
(eqn (16)) is used to determine particle positions.71

A
!¼ d u!s

dt

¼ Ds u!g − u!s
� �

− 1
ρs

∇p − 1
θsρs

∇τs þ g!þ u!s − u!s

τD
(15)

∂ f s
∂t þ ∇· f s u

!
s

� �þ ∇ u!s
· f s A

!� �
¼ 0 (16)

where τD denotes the particle collision damping time.
Before proceeding with the numerical simulations, a mesh

independence study was conducted to estimate the minimum
number of cells needed to capture the operational physics of
the geometry. This amounted to roughly 50k cells for the
catalytic basket in the CPFD simulation.

2.4. Key hydrodynamic indicators for Berty-type reactors

The top impeller generates compression and suction when
operating the Berty-type reactor in batch fluidized bed mode. This
facilitates fluid circulation upwards through the center and then
downwards into the outer annulus region. In this context, we

Table 3 Detailed governing equations for the CFD approach

Equation Expression Number

Continuity equation ∂ρ
∂t þ ∇· ρ u!� � ¼ Sm (3)

Momentum equation ∂
∂t ρ u!� �þ ∇· ρ u!u!� � ¼ −∇pþ ∇· τð Þ þ ρ g!þ F

! (4)

External body force F i ¼ − μ
α
ui þ C2

1
2 ρ uj jui

� �
(5)

MRF u→r = u→a − u→r (6)
u!r ¼ ω!r × r! (7)
ω!r ¼ ωrba (8)

Turbulent model ∂ ρkð Þ
∂t þ ∂ ρkuið Þ

∂xi ¼ ∂
∂xj Γk

∂k
∂xj

h i
þ Gk −Yk þ Sk þ Gb

(9)

∂ ρωð Þ
∂t þ ∂ ρωuið Þ

∂xi ¼ ∂
∂xj Γω

∂ω
∂xj

h i
þ Gω −Yω þ Sω þ Gωb

(10)

Species transport equation ∂ ρY ið Þ
∂t þ ∇· ρ u!Y i

� � ¼ −∇· J!i þ Si (11)

Where p denotes pressure; t denotes time; S denotes source terms; τ denotes the stress tensor; g denotes the gravitational acceleration; Fi
denotes the external body forces, the drag force in this work; α and C2 denote the viscous and inertial resistance factors; vr denotes the relative
velocity referenced from the moving frame; va denotes the absolute velocity from the stationary frame; ur denotes the velocity of the moving
frame relative to the inertial reference frame; ωr denotes the angular velocity with/without the direction vector â; k denotes the turbulence
kinetic energy; ω denotes the specific dissipation rate; Yi denotes the local mass fraction of each species; J denotes the diffusion flux of the
species.
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proposed several key hydrodynamic indicators for the Berty-type
reactor, emphasizing the catalytic bed and the reactor itself.

The fluidization regime is classified based on the superficial
gas velocity, given specific gas/solid properties.2 This
classification determines the mass, momentum, and heat
transfer behaviors of the gas–solid flow structure and its contact
pattern. The particle volume fraction illustrates the fluidization
status, ranging from dense packing to the dilute transport zone.
Consequently, we selected the superficial gas velocity and
particle volume fraction in the catalytic bed to characterize its
fluidization status. Ensuring a uniform velocity distribution in
the catalytic bed,36 we adjusted the recirculation rate (eqn (17))
based on the approach from Pekediz et al.35 This rate represents
the gas flow ratio within the catalytic bed to the entire reactor
volume. Similarly, the single-round gas–solid contact time (eqn
(18)) can be deduced from the ratio of the bed height to the
superficial gas velocity.

R ¼ ugAbedtop
V reactor

(17)

where R denotes the recirculation rate; Abed denotes the cross-
sectional area of the catalytic bed; top denotes the operating
time; Vreactor denotes the reactor volume.

tc ¼ h
ug=θg

(18)

where tc denotes the single-round gas–solid contact time; h
denotes the bed height.

Additionally, the pressure drop (eqn (19)) has been identified
as an important parameter for the Berty-type reactor in previous
experimental and simulation investigations,20,36 and it is
correlated with the rotation speed and gas density.

Δp
ρ

¼ f η2
� � ¼ Bþ Aη2 (19)

where Δp denotes the pressure drop measured between the inlet
and outlet of the ILS Berty reactor; ρ denotes the fluid density; η
denotes the rotation rate; A denotes the slope constant, often
referred to as the impeller constant of the Berty reactor; B
denotes the intercept.

We defined the effectiveness factor ε and the momentum
loss factor lm in eqn (20) and (21) to evaluate the overall
hydrodynamic performance of the Berty-type reactor.

ε ¼ ug
η

60
× 2π × rblade

(20)

lm = 1 − ε (21)

where rblade denotes the radius of the impeller blade.

3. Results
3.1. CFD simulation with homogeneous basket porosity

We conducted the CFD simulation of the ILS Berty reactor
with a homogeneous basket porosity of 0.7 at rotation rates

of 4000, 5500, 7000, 8500, and 10 000 rpm, using the detailed
conditions presented in Tables 1 and 2. Fig. 3 displays the
pressure and velocity contours for one representative surface
from the entire revolving geometry. To better illustrate the
pressure distribution, we presented the relative static
pressure compared to the operating condition.

Fig. 3a–e depict analogous hydrodynamic behaviors in
pressure and velocity distributions across various rotating
rates. Similar low-pressure areas are evident in the rotating
zone, the volume of which diminishes with increasing
rotation rates. This suggests a reduction in the dead volume
in the spinning section. The primary pressure drop in the
stationary section originates from the Hastelloy meshes and
the intervening catalytic bed. A consistent decrease in
pressure from the bottom to the top is a characteristic
behavior for catalytic beds. Fig. 3f–j reveal a velocity
increment with rising rotation rates due to the increased
momentum imparted by the impeller. However, the rotation
rate does not markedly impact the fluid domain's velocity
distribution, especially in the stationary section. Here, the
velocity across the bed remains relatively low for most of the
stationary area compared to the rotating linear velocity
generated by the impeller. This suggests a significant
momentum loss in the circulation section without velocity
contour lines. Fig. S3† shows the area-averaged velocities of
the bottom and top surfaces and the mass-averaged velocity
of the entire catalyst bed zone under the batch-packed bed
mode. The uniform basket porosity setting demonstrates
ideal mixing behavior with a consistent velocity distribution.
Although the reactor simulation was in batch mode, the
catalytic bed operated similarly to a CSTR, featuring a
uniform velocity profile and continuous gas movement. The
horizontally distributed pressure contour lines (Fig. 3a–e)
and the uniform velocity (Fig. S3†) within the catalytic bed
highlight a distinct gas–solid interaction system, validating
the reliability of the combined CFD/CPFD approach.

3.2. CPFD simulation for bed fluidization

We adopted the volume-average basket velocity obtained from
the CFD simulation in section 3.1 as the superficial gas
velocity at the bottom of the catalytic bed to investigate
fluidization behavior using CPFD. With a Hastelloy mesh
serving as the gas distributor in the reactor, the assumption
of a uniform bed velocity from the bottom is reasonable. This
assumption was further validated by the simulated basket
velocity distribution (Fig. 3f–j and S3†).36

The major characteristics of gas–solid fluidization are in
the fluidization regime, which varies with gas and solid
properties and is classified by the superficial gas velocity.2,73

As illustrated in Fig. S3,† the bed velocity reaches the
minimum fluidization velocity at a rotation rate of 4600 rpm
under the conditions presented in Tables 1 and 2. However,
it remains well below the terminal velocity (∼60 mm s−1)
under all conditions, suggesting a dense fluidization
regime.73 We utilized the particle volume fraction contour at
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a rotation rate of 4000 rpm (Fig. 4f) from the CPFD
simulation to elucidate bed expansion behavior. The bed
consists of layers with varying particle volume fractions. A
decrease in these fractions along the horizontal direction
results in a packed bed at the bottom and smooth
fluidization at the surface, creating a dynamic velocity
distribution in the catalytic bed. This differs from the CFD
simulation, which assumed a homogeneous basket porosity.

We positioned 20 equidistantly distributed planes along
the vertical direction to capture bed expansion characteristics
(Fig. 4f). From these planes, the area-averaged pressure,
particle volume fraction, and gas velocity are depicted in
Fig. 4a–e. We segmented the bed in Fig. 4f into several zones
based on particle volume fraction distribution, the average of
which is also highlighted in Fig. 4a. Gas velocity fluctuates

with bed fluidization status; a packed bed (with a higher
particle volume fraction) results in an elevated gas velocity
due to mass balance. As a result, the gas velocity profile shifts
synchronously with the particle volume fraction curve.
Pressure maintains a linear relationship along the bed
height, which is also characteristic of fluidized catalytic beds.

As rotation rates increase, bed fluidization becomes more
uniform with fewer layers of varied particle volume fraction.
For instance, the bed achieves uniform fluidization with a
particle volume fraction of 0.42 at a rotation rate of 10 000
rpm. The evolving particle volume fraction indicates the
progression of fluidization from the surface to the transition
zone and eventually throughout the entire bed. While the
bed status changes with different superficial gas velocities
and rotation rates, similar patterns of a linear pressure drop

Fig. 3 Pressure (a–e) and velocity (f–j) contours of the ILS Berty reactor from CFD with a homogeneous basket porosity of 0.7: (a and f) rotation
rate: 4000 min−1; (b and g) rotation rate: 5500 min−1; (c and h) rotation rate: 7000 min−1; (d and i) rotation rate: 8500 min−1; (e and j) rotation rate:
10000 min−1. All the contours are displayed at one representative surface of the revolving geometry, and the simulation conditions are shown in
Tables 1 and 2.
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Fig. 4 Bed fluidization behavior obtained by CPFD based on the simulated CFD velocity with a homogeneous basket porosity of 0.7: (a) a catalytic
bed with different layers of particle volume fraction; (a and b) rotation rate: 4000 min−1; (c) rotation rate: 5500 min−1; (d) rotation rate: 7000 min−1;
(e) rotation rate: 8500 min−1; (f) rotation rate: 10 000 min−1. Detailed simulation conditions are presented in Tables 1 and 2.
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profile and a synchronous gas velocity curve are observed
under all conditions. However, the bed pressure drop
remains consistent in an individual fluidization system, a
finding that diverges from the CFD simulation results
assuming a homogeneous basket porosity.36

3.3. CFD simulation with adjusted basket porosity

Considering bed expansion under various superficial gas
velocities, we conducted another round of CFD simulations
on the ILS Berty reactor, adjusting for basket porosities.
These simulations were run at rotation rates of 4000, 5500,
7000, 8500, and 10 000 rpm based on the conditions
presented in Tables 1 and 2. The bed expansion and particle
volume fraction data were sourced from the CPFD simulation

detailed in section 3.2, with more information provided in
Fig. 4. Pressure and velocity contours for one representative
surface from the entire revolving geometry are depicted in
Fig. 5. To better illustrate the pressure distribution, we
displayed the relative static pressure in relation to the
operating condition.

Fig. 5 depicts analogous behaviors of the simulated
hydrodynamic characteristics, including pressure and velocity
distributions, when the basket porosity is adjusted in
homogeneous settings. Even though the bed height with an
adjusted basket porosity is approximately 2/3 of that with a
homogeneous basket porosity, the main pressure drop in the
stationary part (as seen in Fig. 5a–e) from the Hastelloy
meshes and the interposed catalytic bed remains consistent
under each rotation rate, as compared to Fig. 3a–e. This

Fig. 5 Pressure (a–e) and velocity (f–j) contours of the ILS Berty reactor from the CFD simulation with adjusted basket porosity from the CPFD
fluidization results: (a and f) rotation rate: 4000 min−1; (b and g) rotation rate: 5500 min−1; (c and h) rotation rate: 7000 min−1; (d and i) rotation
rate: 8500 min−1; (e and j) rotation rate: 10000 min−1. All contours are displayed on a representative surface of the revolving geometry, and the
simulation conditions can be found in Tables 1 and 2.
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consistency is evident in both the distribution and the
pressure drop within the stationary zone. Fig. 5f–j present
similar low bed velocities and momentum loss in the
circulation part, suggesting a direction for optimizing reactor
geometry for batch fluidized bed operations by minimizing
the recirculation zone. The nearly identical pressure
distributions under various bed expansion statuses indicate
that bed fluidization has minimal impact on the overall
pressure drop in the Berty-type reactor. However, it
significantly influences the gas velocity in the catalytic bed.

3.4. Comparison

We compared the hydrodynamic characteristics of the ILS
Berty reactor using different simulation settings (Fig. 6a–c).
We focused on three key hydrodynamic indicators related to
fluidization, mixing, and the impeller: superficial gas velocity
in the catalytic bed, single-round gas–solid contact time, and
pressure drop. Fig. 6 presents the results from the CFD
simulation (model I) with a homogeneous basket porosity of
0.7, the CPFD simulation (model II) based on the volume-
average basket velocity from model I, and the CFD simulation
(model III) with adjusted basket porosities accounting for
bed fluidization behaviors. Fig. 6d illustrates the impeller
relationships under models I and III, including profiles
without frits. The single-round contact time is simplified by

summing up the bed height to gas velocity ratio in each bed
layer, as described in eqn (18). Results from the CPFD
simulation did not account for impeller rotation and are
listed for reference. The primary aim is to compare results
between the homogeneous and adjusted basket porosity
settings.

The pressure and velocity contours for both homogeneous
and adjusted basket porosities suggest that bed fluidization
significantly impacts the gas velocity in the catalytic bed, a
finding corroborated by Fig. 6a. The simulated gas velocity
with the adjusted basket porosity is lower than that with the
homogeneous setting. This is due to a denser bed with
reduced height given the same catalyst loading. As the
rotation rate increases, the deviation becomes more
pronounced. However, the single-round gas–solid contact
time (Fig. 6b) becomes more consistent across different
porosity settings because of the reduced bed height and
decreased gas velocity. This indicates that the assumption
and simplification of homogeneous basket porosity for the
Berty-type reactor remain valid concerning contact time when
the rotation rate exceeds 7000 rpm.

We observed deviations in the key hydrodynamic
indicators related to fluidization status and mixing pattern
due to the bed velocity and single-round gas–solid contact
time between the two simulation approaches. Moreover, the
recirculation rate (eqn (17)) has a linear relationship with the

Fig. 6 Comparison of hydrodynamic characteristics using CFD under both homogeneous and adjusted basket porosity settings: (a) bed velocity;
(b) single-round gas–solid contact time; (c) pressure drop across the catalytic bed; (d) impeller relationship.
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superficial gas velocity. This relationship results in
differences ranging from 2 to 5.5 times between the uniform
and adjusted porosity settings, highlighting the importance
of employing accurate hydrodynamic characteristics when
designing a Berty-type reactor.

The agreement in bed pressure drop (Fig. 6c) across
different bed expansions and particle volume fractions
indicates that the hydrodynamics in the Berty-type reactor
are predominantly influenced by impeller rotation, which
determines bed fluidization behavior. The CPFD simulation
of an individual fluidization system with increased superficial
gas velocity is depicted in Fig. 6c for reference. This figure
displays a typical characteristic of fluidized beds: a stable
pressure drop once fluidized. However, our results suggest
that the pressure drop determines fluidization and gas
velocity in the catalytic bed of a Berty-type reactor. This
conclusion is supported by the impeller relationship shown
in Fig. 6d and the experimental observations from Berty.18

The pressure drop experienced across the catalyst basket
correlates directly with the pressure generated by the
impeller, which depends on rotation speed and fluid density.
Any minor deviation in the impeller relationship without frits
(considering only the bed behavior) disappears when
accounting for the pressure drop from the frits. This is
confirmed by the pressure distributions observed with
varying basket porosities in Fig. 3a–e and 5a–e. The good
match with the well-known features of the Berty-type reactor
verified the feasibility and effectiveness of our simulation
approach. However, disparities were spotted in the bed
velocity, singular-round gas–solid contact duration, and the
recirculation rate between the previous model and the
improved one proposed in this paper. This underscores the
imperative of incorporating precise hydrodynamic attributes
during the design phase of the Berty-type reactor.

4. Discussion

The simulation results, under different porosity settings,
confirmed that the pressure drop in the stationary part of the
Berty-type reactor follows the impeller relationship (eqn (22)–
(24)). In this relationship, the pressure drop is determined by
both the rotation rate and the flow medium, independent of
the fluidization status. However, the gas velocity in the
catalytic bed is influenced by the fluidization behavior during
bed expansion and particle volume fraction distribution. We
introduced two additional equations (eqn (25) and (26)) to
augment the hydrodynamic characteristics of the ILS Berty
fluidized bed reactor when operated in batch mode. These
equations can also be applied to other internal recycle
reactors. Eqn (25) is a simplified version adapted from
tapered fluidized bed systems,74 while eqn (26) is rooted in
particle mass balance, assuming a uniform particle volume
fraction.

Δptotal
ρg

¼ − 5:738þ 1:758 × 10 − 6η2 (22)

Δpbasket
Hbasket

¼ 150
1 − θg
� �2

μgug

θg
3ds

2 þ 1:75
1 − θg
� �

ρgug
2

θg
3ds

(23)

Δpmesh

Hmesh
¼ μg

α
ug (24)

H1

h0
¼ 2:811

h0
D

� �− 0:027 ds
D

� �− 0:463
ρs
ρg

 !− 0:236
ug − umf

umf

� �0:157

(25)

H1 ¼ h0θs0
1 − θg

(26)

where the subscript 0 is the initial state of the bed; h is the
bed height.

A solution to these equations is obtained using
Mathematica v12.0, which yields a numerical relationship
between gas velocity as a function of the solid volume
fraction and the initial bed height. Fig. 7, along with the
contour plots in the ESI† (Fig. S4–S8), showcases these
velocities in the catalytic basket relative to the impeller
rotation rate. Due to more efficient momentum transfer
between gas and solid at smaller initial bed heights (5 mm),
the velocities are at their highest, potentially leading to better
fluidization of the solids. When increasing the solids loading
through a larger h0 in the basket at constant impeller
rotation speeds, gas velocities decrease. This reduction effect
is more pronounced the higher the initial solids loading. As
bed packing intensifies, momentum transfer becomes less
effective, evidenced by the nearly unchanged velocities for
perfectly packed beds.

From the obtained superficial gas velocities under various
rotation rates and solid loadings, we can determine the
operating conditions based on the hydrodynamic
performances of the ILS Berty reactor for fluidization status
and single-round gas–solid contact time. The recirculation
rate (eqn (17)) and effectiveness factor (eqn (20)) can be
compared across different designs. Various feedstocks and
operating conditions can be explored to verify fluidization by
adjusting the fluid property. The detailed hydrodynamic
characterization facilitates proper and convenient data
interpretation and design modification, which can be applied
to other internal recycle reactors.

5. Conclusions

To harness the benefits of Berty-type reactors in mimicking
industrial riser conditions, we devised a combined CFD/CPFD
simulation framework to investigate the complex
hydrodynamics of the ILS Berty fluidized bed reactor during
batch operation. CFD, which integrates the porous zone
setting with MRF to depict the catalytic basket and rotator,
was amalgamated with CPFD to encapsulate the fluidization
behavior in the catalytic bed.
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By treating the catalytic bed as a porous zone and
incorporating the rotated recycling fluid flow in CFD, we
discerned the pressure and velocity distributions with a
consistent basket porosity of 0.7 under rotation rates ranging
from 4000 to 10 000 rpm. Even though the reactor was
simulated in batch mode, the catalytic bed operates akin to a
CSTR, showcasing a uniform velocity profile and continuous
gas motion. The uniformly distributed pressure contour lines
and the consistent velocity within the catalytic bed unveil a
distinct system of gas–solid interactions, underscoring the
reliability of the integrated CFD/CPFD approach.

As deduced from CFD, the bed velocity served as the
boundary condition for CPFD, guiding bed expansion and
particle volume fraction across diverse rotating rates. The
discerned bed characteristics were subsequently employed in
CFD simulations within revised mesh models. Comparatively
subdued bed velocities and momentum loss in the circulation
section underscore an optimization direction for the reactor's
geometry—trimming the stationary zone for enhanced
fluidization. The pressure distributions amid various bed
expansions insinuate that the overarching pressure drop is
virtually indifferent to the fluidization status, though it
profoundly influences the gas velocity in the catalytic bed.

We posited several pivotal hydrodynamic indicators for
the Berty-type reactor and juxtaposed the predictive outcomes
from CFD against those from the combined CFD/CPFD
method. Disparities were spotted concerning fluidization
status and mixing pattern by the bed velocity, singular-round
gas–solid contact duration, and the recirculation rate
between consistent and modulated porosity setups. This
underscores the imperative of incorporating precise

hydrodynamic attributes during the design phase of the
Berty-type reactor.

Given that the pressure drop is governed by both the rotation
rate and the flow medium, irrespective of the fluidization status,
we integrated the bed expansion correlation with the impeller
relationship. This was done to characterize the hydrodynamics
of the ILS Berty reactor concerning superficial gas velocity under
varying impeller rotation rates.

Nomenclature

A Impeller constant of the Berty reactor
Abed Is the cross-sectional area of the catalytic bed
B Intercept constant
C2 Inertial resistance factor
CD Drag coefficient
d Diameter
D Drag force
f Function of the particle location
F Gas-to-particle momentum transfer rate

per unit volume
Fi External body forces
g Gravitational acceleration
h Bed height
J Diffusion flux of the species
k Turbulence kinetic energy
lm Momentum loss factor
m Mass
p Pressure
Δp Pressure drop obtained between the inlet

and outlet of the ILS Berty reactor

Fig. 7 Variation of superficial gas velocities in the catalytic bed as a function of impeller rotation rates for different solid loadings and bed
porosities. θg = (a) 0.3, (b) 0.4, (c) 0.5, (d) 0.6, (e) 0.7.
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R Recirculation rate
rblade Radius of impeller blade
S Other source items
t Time
top Operating time
tc Single-round gas-solid contact time
u Velocity
g Gas phase
ur The velocity of the moving frame relative

to the inertial reference frame
Vreactor Reactor volume
va Absolute velocity viewed from the stationary frame
vr Relative velocity viewed from the moving frame
Yi Local mass fraction of each species

Symbols

ρ Density
τ Stress tensor
α Viscous resistance factor
θ Volume fraction
ωr Angular velocity with/without the direction vector â
ω Specific dissipation rate
τD Particle collision damping time
μ Viscosity
η Rotation rate
ε Effectiveness factor

Subscripts

s Solid phase

Abbreviations

CFD Computational fluid dynamics
CFPD Computational particle fluid dynamics
CREC Chemical Reactor Engineering Centre
CSTR Continuous stirred tank reactor
DEM Discrete element method
ILS Integrated Lab Solutions
MRF Multiple reference frame
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