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In many biomass conversion processes, the separation of cellulosic sugars from residual, lignin-rich solids

is a critical step, and achieving high recovery yields of sugars by conventional tangential crossflow and

vacuum filtration is challenged by the presence of biomass solids, which rapidly foul filters, resulting in

decreased throughput. Considering the performance limitations of traditional filtration methods, dynamic

filtration, which generates high shear at the membrane surface to decrease fouling, is emerging as a

viable alternative for demanding solid–liquid separations. For high solids separations, there is little avail-

able information regarding the performance, limitations, and energy consumption of dynamic filtration.

To that end, here we characterized the performance of a dynamic filtration module, specifically a rotating

ceramic disc (RCD) filter, for the aseptic recovery of cellulosic sugars from biomass solids following pre-

treatment and enzymatic hydrolysis. We show how RCD rotational velocity and percent biomass solids

impact the filter throughput. Additionally, we used computational fluid dynamics (CFD) simulations to esti-

mate the shear rate at the membrane surface and to visualize hydrodynamic profiles within the module.

With the combined CFD simulations and experimental results, we estimated the energy demand and

operating expenses for a viable dynamic filtration system operating with a lignocellulosic feed slurry. Our

results indicate that an RCD filter can achieve ≥95% recovery of sugars and produce a retentate slurry

containing 12 wt% insoluble solids with low energy consumption (a 2.2-fold improvement over cross-flow

filtration) and low operating costs ($0.06 per kg sugars). These results show a viable path towards opera-

tionally reliable, energy efficient, and cost-effective separations of sterilized cellulosic sugars from

biomass solids and highlight the potential of dynamic filtration systems for challenging solid–liquid

separations.

Introduction

The production of cellulosic sugars from lignocellulosic
biomass commonly proceeds through a variety of saccharifica-
tion pathways that generate soluble carbohydrates in the pres-
ence of biomass solids, which typically comprise residual
lignin and unreacted polysaccharides.1–7 Many subsequent
pathways for the conversion of the resulting cellulosic sugars
to biofuels or biochemicals rely on biological or catalytic trans-

formations that mandate a solid–liquid separation (SLS) step,
which for biological transformations also requires strict steri-
lity, typically down to 0.2 µm filtration to remove whole cells.
However, lignocellulosic slurries are challenging to clarify
because of the high moisture content and slow settling rate of
biomass particles.8–11

Filtration is a non-thermal, low energy, and scalable solu-
tion for solids separations and sterilization in many appli-
cations, including in the food and pharmaceutical industries12

and in wastewater treatment13,14 However, there remains a
need to identify viable filtration conditions for processing bior-
efinery slurries including from pretreatment,15,16 enzymatic
hydrolysis,16,17 consolidated bioprocessing (CBP),18 and
anaerobic digestion (AD).19 Filtration of these slurries by tra-
ditional cross-flow filtration is often challenged by membrane
fouling and is ultimately limited to slurries containing less
than ∼5 wt% insoluble solids.20,21 Strategies to mitigate the
impact of membrane fouling include the application of clean-
ing solutions,22 backwashing,22 addition of inorganic filter
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aids,23 and the addition of polyelectrolyte flocculants.11,24

These methods are primarily a means to clean conventional
membranes or focused on adding exogenous, usually sacrifi-
cial components to aid filtration.

Conversely, the use of a high shear rate at the membrane
surface via dynamic filtration could offer a more direct means
to address challenging SLS problems,25 and indeed, early-stage
research suggests that dynamic filtration can improve both
throughput and recovery in high-solids containing
slurries.21,24–26 Dynamic filtration systems generate a high
shear rate (between 104 and 105 s−1) at the membrane surface
that decreases membrane fouling and results in higher average
permeate flux.24 The two most common types of dynamic fil-
tration modules are vibratory membranes with parallel plates
and rotating ceramic disc (RCD) filters that are single or
double shafted.26 Relevant dynamic filtration studies include
the processing of fermentation broth,25,27 juice, wine, and
dairy solutions, wastewater effluents,24,26 and alkaline pre-
treated liquor from NaOH-based biomass pretreatment.28 Most
often, experimental studies and computational fluid dynamics
(CFD) simulations of dynamic filtration to date have been con-
ducted with Newtonian fluids,29 non-Newtonian fluids with
cellular suspended solids,24 and activated sludge with total
suspended solids (TSS) up to 2 g L−1.30 However, many
biomass slurries are non-Newtonian with insoluble solids
present (up to 15 wt%) and the advantages, hydrodynamics,
and performance of dynamic filtration remains unclear for
SLS applications within the biorefinery, including the separ-
ations of pretreated, enzymatically-digested lignocellulose
residual solids from liberated, soluble cellulosic sugars in
water.

To that end, here we assessed the feasibility of an RCD
filter to perform SLS on a process stream obtained from enzy-
matic hydrolysis of pretreated corn stover. We first character-
ized the rheology of the slurry by measuring the viscosity as a
function of shear rate. We then determined the throughput
(flux) of an RCD filter operating with 3 wt% insoluble solids as
a function of disc rotation velocities (300–1200 rpm) and in-
soluble solids content in the retentate slurry (8–13 wt%). To
show the hydrodynamics within the module operating with
solids present and to estimate the local shear rate and average
filtration energy demand, CFD simulations were performed
with an experimentally parameterized viscosity model across
the experimental operational range. By combining the experi-
mental and CFD simulation results, we developed an open-
source filtration process model to calculate mass and energy
balances for a 95% recovery extent of soluble sugars from the
solids-rich lignocellulosic hydrolysate stream. Lastly, we show
how the target sugar recovery impacts operating expenses,

while providing insight into the water consumption and oper-
ating range of RCD filtration. The results suggest that RCD fil-
tration is a viable, cost-effective, and energy efficient SLS
method for this critical biorefining application.

Results
Preparation and rheology of DDR-EH slurry

We used deacetylated and disc refined (DDR) enzymatic hydro-
lysate (DDR-EH) generated from alkaline pretreated corn stover
as the exemplary stream for SLS demonstrations.31,32 Briefly,
dried, milled corn stover was deacetylated in a 1900 L paddle
mixer at 92 °C for 2 hours with a loading of 80 kg NaOH per
tonne of biomass. The deacetylated biomass was acidified to a
pH of 3.0 with H2SO4 and then dewatered via a screw press
prior to being sent to an Andritz pilot plant (Springfield, OH)
for disc-refining. The deacetylated and refined biomass then
underwent enzymatic hydrolysis in a 1900-L paddle reactor at
50 °C with 25 mg protein per g cellulose total enzyme loading
at a 4 : 1 ratio of Novozymes Ctec3 : Htec3 and at an initial in-
soluble solids loading of 15 wt%. The hydrolysis was com-
pleted in 72 hours and the slurry was frozen for future use.
The resulting DDR-EH used in this study contained 15 wt%
total solids with 3.0 wt% insoluble solids, 73 g L−1 glucose,
and 34 L−1 xylose (Table S1†). Table 1 shows results from com-
positional analysis performed on the milled corn stover and
the solids fraction of DDR-EH.

To determine the impact of shear on the rheology of the
DDR-EH hydrolysate, we measured the dynamic viscosity as a
function of shear rate using a vane spindle equipped on a
Brookfield viscometer. Rheological properties including yield
stress and viscosity have been previously reported for DDR-EH
via a roughed parallel plate technique.33 However, large
biomass particles present in the slurry (up to 3 mm)33 reduce
the accuracy of this technique because the parallel plate con-
figuration tends to eject particles from between plates, effec-
tively changing the composition of the slurry. The use of a
vane geometry to obtain dynamic rheology information for
slurries containing insoluble solids is recommended, as
sieving is not required and the slurry properties remain homo-
geneous during measurements.34,35

Fig. 1 shows the viscosity as a function of the shear rate
from the vane spindle measurements. As expected, the hydro-
lysate exhibits non-Newtonian shear-thinning properties. For
context, the viscosity of water is 0.001 Pa s, olive oil is 0.084 Pa
s at 20 °C,36 honey ranges from 0.42 to 23 depending on temp-
erature and water content,37 and glycerol is 1.4 Pa s at 20 °C.38

A power law model was used to fit the viscosity data (eqn (1)

Table 1 Compositional analysis of milled corn stover and the solids fraction of DDR-EH

wt% lignin wt% glucan wt% xylan wt% galactan wt% arabinan wt% total ash

Corn stover 16.0 32.3 17.2 1.7 3.6 12.1
DDR-EH solids 53.6 17.0 7.2 1.5 1.8 9.9
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and Table 2). For eqn (1), the power law coefficient, K, was esti-
mated as the slope and the power law exponent, n, was esti-
mated from the y-intercept from a log–log plot of shear rate as
a function of viscosity. The K and n parameters were then
plotted as a function of wt% insoluble solids, with the result
that K and n exhibit a power law trend with respect to wt% in-
soluble solids (Fig. S1 and eqn (S1), (S2)†).

μ ¼ K γ̇n�1 ð1Þ
where μ is the apparent viscosity (Pa s), n is the power law expo-
nent (dimensionless), K is the power law coefficient, and γ̇ is
the shear rate (1 s−1).

The above results provide a method to estimate the viscosity
at a specific shear rate and at a given wt% insoluble solids.
Within the CFD simulations, we used the experimentally para-
meterized viscosity model to estimate the viscosity within the
RCD module at 3, 6, 9, and 12 wt% insoluble solids at
200–1200 rpm (vide infra).

SLS of hydrolysate using RCD filtration

Using the prepared DDR-EH slurry as the feed material, we
then performed RCD filtration with a single disc Andritz
dynamic crossflow (DCF) module, which is shown in Fig. 2.

The demonstrations resulted in a clarified permeate and a
retentate containing concentrated insoluble solids. A microfil-
tration membrane with a 0.2 µm pore size was chosen to
remove suspended and insoluble solids, including potential
intact microbial cells, with the intention to study this process
as it would be practiced industrially to produce cellulosic
sugars in sterile conditions. The measured permeate con-
tained soluble components including glucose (73 g L−1), xylose
(34 g L−1), and a low concentration of acetic acid (2.26 g L−1)
and lactic acid (1.4 g L−1) (Table S1†).

To first investigate the impact of disc velocity on membrane
performance, the disc was operated at 300, 600, and 1200
rpm. At each velocity, 500 mL of hydrolysate with 3 wt% in-
soluble solids was fed to the vessel, and dead-end filtration
was performed by keeping the retentate valve closed during
operation. Fig. 3A shows the flux measured at each
rotational velocity. As expected, the highest sustained flux
occurred at a disc velocity setting of 1200 rpm. However, all
conditions show that membrane flux declined by 50% over
the initial minute of filtration. We used the classical cake
formation model,39 which assumes that the suspended
solids form a porous layer on the membrane surface (eqn
(S3)†) to fit data over the first minute. The cake formation
coefficient (Kcf ) for conditions 1200, 600, and 300 rpm is
0.0022, 0.0025, and 0.0032 respectively, indicating that as
the disc velocity increases, the extent of membrane fouling
decreases. The cake formation model is plotted on Fig. 3A
for the 600 rpm condition. Reduced fouling at 1200 rpm
motivated further investigation for the performance of the
module in continuous mode at this disc velocity.

We measured the flux of the RCD filter operating in con-
tinuous mode at 1200 rpm, where 10 L of DDR-EH at 3 wt% in-
soluble solids were fed to the disc module and concentrated to
8, 11, or 13 wt% insoluble solids in the retentate slurry, which
was set by adjusting the flow rate of the retentate flowrate (a
lower retentate flow results in a higher concentration of solids
in the retentate). At each retentate slurry concentration (8, 11,
and 13 wt%), we measured flux during the filtration process
(Fig. 3B).

Next, we investigated if the initial flux of the membrane
could be restored after an hour of filtration time with a back-
flush with 50 mL of water for 1 minute. Backwashing was
effective in restoring the operational flux to the initial flux
(Fig. 3C). These results indicate that membrane fouling is
reversible and that flux may be effectively mitigated over
longer durations with commonly employed fouling mitigation
methods such as backwashing. A photo of the retentate and
permeate generated from a single continuous filtration dem-
onstration is shown in Fig. 3D.

Computational fluid dynamics (CFD) simulations of RCD
filtration

Based on the results presented above, both disc velocity and
insoluble solids in the retentate impact the extent of fouling
and throughput of the RCD filter. To understand the impact of
disc velocity and insoluble solids on the hydrodynamics and

Fig. 1 The dynamic viscosity of DDR-EH is shown as a function of
shear at 3, 6, 9, and 12 wt% insoluble solids. The curve fits are based on
eqn (1) using the corresponding power law coefficients and exponent
listed in Table 2.

Table 2 Power law coefficient (K) and power law exponent (n)

wt% insoluble solids K n

3 0.359 0.154
6 0.922 0.053
9 2.59 0.017
12 5.16 0.011
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minimum energy demand of the RCD filter, we use CFD simu-
lations to estimate shear rate, fluid velocity, and filtration
energy demand across the range of tested experimental con-
ditions. To accomplish this, a 3D geometry was developed
based on the dimensions of our RCD filter (Andritz DCF 152/S,
as shown in Fig. 2). This filter has one ceramic disc with two
shear plates or islands on both the front and back sides of the
housing that are adjacent to the feed port of the module. In
the simulation, we modeled the shear response of the hydroly-
sate slurry using the power law viscosity model (eqn (1)). With
the experimentally parameterized viscosity model, we can
approximate, with high fidelity, the hydrolysate slurry as a
homogeneous fluid to reduce computational complexity by
avoiding modeling the interaction of fluid and fine particle
suspension. The governing equations for hydrolysate flow
within the module are provided in the Materials and methods

section and the files used to perform simulations are accessi-
ble on GitHub (see Notes section).

To understand the flow behavior inside the module at
various operating conditions, CFD simulations were conducted
across the range of 200 to 1200 rpm and across the range of 3
to 12 wt% insoluble solids within the module. Fig. 4 shows the
simulation result of the RCD operated at 1000 rpm with 6 wt%
insoluble solids. Fig. S2† shows the shear stress in the module
at 6 wt% insoluble solids in the module and between 200 and
1200 rpm, and Fig. S3† shows the shear stress in the module
at 3, 6, 9, and 12 wt% insoluble solids and at 1000 rpm. Due to
membrane rotation, the hydrolysate at regions close to the
membrane experiences high velocity and high shear stress, sig-
nificantly higher than near the walls of the module. Thus, the
viscosity of the hydrolysate near the membrane surface is
much lower than at regions farther away from discs. The exist-

Fig. 2 Photos and an illustration of the Andritz dynamic crossflow (DCF) 152/S module used in this study. (A) A photo of the 152 mm diameter
(0.034 m2

filtration area) RCD filter is shown. The ceramic disc has internal channels that collect permeate within the membrane. During filtration,
permeate flows from the internal channels into the center shaft and exits to the permeate line (shown in (D)) via the shaft permeate ports as shown
in (B). (B) A photo of the module with the ceramic disc removed to show a shear plate and shaft permeate ports. The module has two shear plates
on the front and back side of the housing. These shear plates, located next to the feed port, help induce turbulence in the flow and create higher
shear near the membrane surface. The membrane is attached to the shaft via a mechanical seal. (C) An illustration of the RCD filter and module
showing the feed and retentate ports, a shear plate, and housing around the membrane. To seal the membrane, the disc is pressed against a
mechanical seal (shown). On the front side of the membrane a Viton™ O-ring and metal disc (shown in (A)) hold the ceramic disc against the
mechanical seal. (D) and (E) show the externals of the module including the feed, permeate, and retentate lines as well as the 0.25 kW motor that is
attached to the disc shaft via belt drive. (F) An illustration of the RCD system showing the locations of the motor, shaft, and housing combination,
the hollow ceramic disc membrane, shear plate locations, and the inlet and outlet streams. During operation, the feed slurry effectively fills the
housing (light gray) containing the ceramic disc filter (white).
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ence of the shear plates contributes to the increased shear for
hydrolysate in the gap between the disc and the shear plate
island. We can see from Fig. 4A that the hydrolysate entering
the gap accelerates to a higher velocity as it passes through the
gap.

Another important result from the CFD simulation is the
energy demand needed to spin the membrane in the presence
of hydrolysate. The energy demand reported here is derived
from the governing computational equations as provided in
the materials and methods section (eqn (2)–(10)). Specifically,
energy demand (power consumption) was calculated using
eqn (10) with the normal pressure moment and tangential
viscous moment being calculated using eqn (8) and (9). The
estimated energy demand does not include the mechanical
energy inefficiency of the system due to friction loss and/or

heat loss within the module, and it also does not include the
power inefficiency of the motor. As expected, the energy
required for the filtration process is estimated to increase with
increasing rotation velocity and wt% insoluble solids, as
shown in Fig. 5. At 9 wt% insoluble solids within the module
and at 1000 rpm, the energy demand is 17 W m−2 (∼0.24 kW h
per m3 of permeate).

Comparison to cross-flow filtration

Based on the findings above, the energy consumption of RCD
filtration, related to spinning the disc, was as compared to the
pumping energy consumption of traditional cross-flow fil-
tration for the same DDR-EH feed. CFD results at 600, 1000,
and 1200 rpm were translated to kW h per cubic meter of
permeate by dividing the energy per square meter results

Fig. 3 (A) Batch filtration results showing the flux decline at 300, 600, and 1200 rpm over a few minutes. The gray line corresponds to the cake fil-
tration model39 at the 600 rpm condition. The flux is reported in LMH (liters per square meter per hour, L m−2 h−1). (B) Continuous filtration through-
put results at 1200 rpm producing 8, 11, and 13 wt% insoluble solids in the retentate slurry. (C) Continuous filtration throughput with a single
backflush event at ∼60 min. The favorable flux return after backflushing indicates reversible fouling. For this demonstration, the RCD was producing
13 wt% insoluble solids in the retentate slurry. Each experiment was performed in (B) and (C) was performed with 10 L of feed material and generated
8 L of permeate after each run as shown in (D) for a single run. (D) Photo of 2 L of slurry retentate (left) and 8 L of permeate (3 bottles, right) samples
collected from a single continuous RCD filtration demonstration.
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(Fig. 5) by flux (LMH) to give consumption in units of kW h
per cubic meter. Energy consumption results from CFD were
fit by a power law over the experimental insoluble solids

content range to estimate the energy consumption between 5
and 15% insoluble solids in the retentate slurry (Fig. 6). We
chose a flux value of 30 LMH for both the RCD and the cross-
flow case for this comparison as a conservative estimate and to
normalize the energy consumption across the two cases with a
constant flux value. Results show that the energy savings
associated with RCD filtration is 74 to 79% relative to cross-
flow filtration.

For the cross-flow case, energy consumption was calculated
at a cross-flow velocity of 1.0, 1.25, and 1.5 m s−1. A minimum
cross-flow velocity of 1.0 m s−1 was chosen as at this velocity
the wall shear rate at the filter entrance is 1000 1 s−1 which is
recommended for microfiltration. A detailed description of the
governing equations used to calculate the pumping energy
consumption are shown in the ESI section entitled ‘Energy
consumption equation list for cross-flow filtration’.† Briefly,
the shear-rate was calculated using the Rabinowitsch–Mooney
relationship for a tubular membrane module with a diameter
of 3.5 mm. The pressure drop along the length of a tubular fil-
tration module was calculated via the Darcy–Weisbach
equation, with a Fanning friction factor calculated from the
modified Reynolds number estimate for non-Newtonian fluids
defined by Metzner and Reed.28 The pumping energy was then
calculated based on the volumetric flow rate, pressure drop,
and with a pumping efficiency of 0.6 (an efficiency value of 0.6
was also applied to the RCD energy consumption as a motor
efficiency). Cross-flow filtration energy demand ranges from

Fig. 4 Simulation of flow behavior inside the RCD filter module shows the inhomogeneity in viscosity, simulated here at 1000 rpm with 6 wt%
solids hydrolysate within the module. (A) Hydrolysate flow streams colored by velocity on a log scale show that hydrolysate is predicted to accelerate
to higher velocity in the gap between the shear plate and disc. (B) Viscosity distribution on the center slice view of the ceramic disc, (C) velocity dis-
tribution, shown on a log scale, on the center slice view shows high velocity close to the disc region and the shear plate islands force the hydrolysate
to accelerate and go through the gap, (D) shear stress distribution on the center slice view shows that high shear occurs close to the membrane,
and (E) shear rate distribution, shown on a log scale, on the center slice view shows that the shear plate island helps increase shear rate in regions
close to the membrane and maximum shear rate occurs near the membrane surface.

Fig. 5 The impact of disc rotation velocity and insoluble solids content
within the module on the minimum energy demand per square meter of
membrane area. The power consumption is calculated from eqn (8)–
(10) (see Materials and methods) which then divided the membrane area
to derive the energy demand per unit area.
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4.8 at 1.0 m s−1 to 8.2 kW h m−3 at 1.5 m s−1. Results indicate
that the operating the RCD at a retentate slurry concentration
of 12% insoluble solids, has an estimated energy consumption
that ranges from 1.0 kW h m−3 at 600 rpm to 2.1 kW h m−3 at
1200 rpm. Energy savings is visualized across a large experi-
mental window in Fig. 6. Volume recovery corresponds to the
percent volume of feed recovered as permeate. With respect to
additional process energy requirements, the energy demand
associated with backwashing the membranes was not incor-
porated into the comparison for either case. Backwash energy
demand is dependent on several factors including solids
loading, flux, frequency, etc. leading to a large range of
reported energy demands. For example, the backwash energy
demand is reported to range from 0.07 to 1.35 kW h m−3 for
anaerobic membrane bioreactors.40

Two-stage filtration and process model

We then developed and validated a process model against
experimental data to estimate the sugar recovery and operating
cost of the SLS unit operation. A two-stage experimental fil-
tration (following the block flow diagram in Fig. 7A) was per-
formed to serve as a validation for a process model that esti-
mates sugar recovery. Two liters of DDR-EH was filtered by the
RCD filter, producing a retentate with 8.24 wt% insoluble
solids (Table S2†) from the first stage. As expected, the results
show that microfiltration maintains the feed sugar concen-
tration in the permeate and that the insoluble solids are con-
centrated by the filter. Note that the soluble solids pass
through the membrane and have a concentration of 12.1 wt%

in the permeate. We used particle size analysis across slurry
samples to determine show the average size of the particles
(Table S2 and Fig. S4†). Particle size did not change upon fil-
tration (permeate samples did not scatter visible light). A
second filtration stage was implemented by first diluting the
retentate from the first stage from 8.2 wt% insoluble solids to
3.6 wt% insoluble solids (Table S2†). The diluted sample was
then fed to the RCD filter to concentrate the insoluble solids
to 8.5 wt%. The combined two-stage filtration achieved an
overall sugar recovery of 86 wt% within the permeate.

Expanding on the above experimental results, we used
process modelling to predict the sugar recovery and OPEX as a
function of insoluble solids content in the retentate slurry and
dilution (Fig. 7). Our process model boundary encompasses an
SLS via RCD filtration and a multi-effect evaporator to concen-
trate sugars to 500 g L−1. The process was modeled in Python
and is accessible on GitHub (see Notes section). All assump-
tions and equations used are described in the ESI.† Briefly, the
Python code completes a water, sugar, and insoluble solids
mass balance over the system. We set the sugar inlet concen-
tration at 3% insoluble solids and 100 g L−1 cumulative
soluble sugars based on experimental data (Table S2†). In the
process model, the term ‘sugar’ corresponds to the summation
of soluble sugars including glucose, xylose, galactose, and ara-
binose measured in our DDR-EH. A second stage of RCD fil-
tration was modeled to recover additional sugars from the
slurry retentate generated from stage 1. Prior to the second
RCD unit, the slurry is mixed with a water wash stream, which
reduces the insoluble solids content to a processable level
(below <15 wt%) in the second RCD unit. Because of the hygro-
scopic nature of the hydrolysate flocs, it is assumed that the in-
soluble solids entrain soluble sugars, decreasing the recovery
after mixing in accordance with the wash dispersion model,41

and to treat this, an experimental correlation was used to
determine the reduced sugar recovery associated with entrain-
ment.41 After the permeate streams are combined, a multi-
effect evaporator with integrated mechanical vapor recompres-
sion was modeled to concentrate sugars in the permeate
streams to achieve a final concentration of 500 g L−1 (50 wt%)
of sugars. We scaled the process model to a small demon-
stration-scale by using a feed flow rate of 10 000 L h−1 (45.5 dry
tons per day).42,43 Based on our above RCD filtration results,
we assumed that the SLS process could be operated continu-
ously to produce a slurry containing from 6 to 15 wt% in-
soluble solids in the retentate slurry streams from stage 1 and
stage 2 filtration. Under these operating conditions, the first
RCD filter concentrates the feed by 2.0 to 5.0-fold and achieves
a sugar recovery of 50% to 80% respectively. After the second
stage of filtration, a sugar recovery of >95% can be achieved.
We determined the minimum operating expenses (OPEX) as a
summation of energy and material costs per kg of sugar recov-
ered. The OPEX presented below are associated with the esti-
mated membrane replacement cost, process water costs
(Table S2†), cleaning costs,44 and energy costs for the evapor-
ator, RCD, and slurry mixer.45 Labor costs, cleaning and main-
tenance costs, and insurance were not factored into the OPEX

Fig. 6 Energy consumption on a per volume of permeate calculated
for RCD filtration and cross-flow filtration over a range of % insoluble
solids in the retentate slurry with the corresponding volume recovery
indicated (% feed captured as permeate). Energy demand of cross flow
is substantial higher at recommended and demonstrated conditions.
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estimate. Evaporation operating expenses were accounted for
by solving the electrical and heating demand of an evaporator
in Aspen Plus. The OPEX breakdown of the system operating
at 12 wt% insoluble solids in the retentate slurry and 95%
sugar recovery is shown in Fig. 7B – with an overall OPEX of
$0.06 per kg of recovered sugar. As shown in Fig. 7C, the recov-
ery from the process improves as the wash flow rate and solids
content are increased. Fig. 7C shows the experimental two
stage sugar recovery result based on Table S2† data. The model
output for sugar recovery matches the experimental sugar
recovery result (86% sugar recovery) at 8.5% insoluble solids in

the retentate and when scaled to the process model flowrate.
Fig. 7D shows that the overall OPEX increases as the wash
water flow and solids content increase. The increased operat-
ing cost at higher wash water is due to the cost of using
process water and the additional evaporation energy required.
The increased operating cost at higher solids content is due to
the lower flux observed as solids content increases, resulting
in increased membrane area and overall membrane cost.

To determine if the use of flocculant could decrease OPEX,
we modified our two-stage MF model to include the use of
flocculate and considered that flocculates can increase the

Fig. 7 (A) A block flow diagram of the modeled two-stage filtration system. The microfiltration (MF) stages clarify the hydrolysate to generate an in-
soluble solids-free stream that contains sugars and other soluble compounds. Downstream of filtration, a multi-effect evaporator is used to concen-
trate the sugars to 500 g L−1 for downstream use. (B) Operating expenses (OPEX) breakdown associated with the two-stage SLS process including
evaporation costs at 12 wt% insoluble solids in the retentate slurry and 95% sugar recovery. The two major cost contributors are the evaporation unit
(37.6%) – attributed to the energy used to evaporate water from the permeate, and the membrane cost (23.0%) – attributed to the membrane re-
placement costs due to wear. (C) A heatmap showing the sugar recovery as a function of wash water flow rate and operating % insoluble solids
content. 95% sugar recovery is shown in the lightest two colors in the top right of the figure. (D) A heatmap showing the total OPEX of the process
as a function of wash water flow and operating % insoluble solids.
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throughput. As previously observed, entrainment of soluble
products scales to the third of the floc size, resulting in
additional entrainment as flocculates are known to increase
the size of the floc.8,41 While the operating costs of the floccu-
lant case (Fig. S5†) are similar (or lower in some cases) than
the baseline non-flocculate case due to the reduced membrane
area required (estimated as 20-fold less), it is apparent that the
recovery is limited to 91–94% due to additional entrainment of
sugar in the slurry. However, we find that the recovery for both
cases is highly sensitive to the solids loading with higher
solids content reducing the wash water requirements.

Discussion

SLS of lignocellulosic biomass is a common processing step in
biorefineries to produce cellulosic sugars. Within several biore-
finery process models, SLS is typically specified with ∼95%
sugar recovery via filtration methods.42,46 However, many of
the filtration data sets in the literature are limited to batch
vacuum filtration experiments that are difficult to translate
into continuous process models. In this work, we aimed to
bridge this gap by demonstrating continuous filtration of a
hydrolysate at industrially relevant solids loadings. We also
developed a continuous process and process model that can
be used in holistic biorefinery models to improve cost esti-
mates of dynamic filtration systems.

The results presented above highlight the potential of RCD
filtration to achieve high sugar recovery (95%) from a corn
stover hydrolysate slurry at a relatively low operating cost (<
$0.06 per kg sugar) without the addition of filter aids and floc-
culants. Results show that a single-stage RCD filter can obtain
81% sugar recovery operating at 13 wt% insoluble solids
loading and a two-stage RCD filter system obtains a sugar
recovery of up to 98%. These results are in a similar range as
previous reports completed using traditional methods. For
example, Burke et al. used batch dead-end vacuum filtration
and a polyelectrolyte flocculant to achieve 83% sugar (without
washing) from a ponderosa pine hydrolysate.47 Sievers et al.
used batch dead-end vacuum filter, polyelectrolytes flocculant,
and wash water to achieved up to a 95% recovery of sugars
from corn stover hydrolysate.8 Kinnarinen et al. used a dead-
end filter with filter aids to achieve a sugar recovery of 91.4 to
94.7% over 10 minutes of operation time from enzymatic
hydrolysis of cardboard waste.23

Our results also show that the throughput of an RCD filter
is 120 to 40 LMH, with decreasing flux as the insoluble solids
loading is increased, corresponding to a capacity of ∼15 to
3 kg solids per h m2. A capacity in the range of 1–3 kg h−1 m−2

has been previously reported for dead-end filtration methods.8

The use of flocculants has been shown to increase the
throughput of the filter up to 40-fold due to an increase in floc
size and porosity of the cake on the membrane surface.8 The
use of filter aids or flocculants may become needed if an envi-
sioned process is to produce >13 wt% insoluble solids in the
retentate because of the excessive fouling that is expected

above this solids loading.48 However, filter aids and flocculants
are expected to decrease the percent sugar recovery due to
increase sugar entrainment in the cake (Fig. S5†).

The shear stress distribution on the membrane surface has
been identified as a critical factor for dynamic filtration as
higher shear stress on the membrane surface contributes to
the prevention of membrane fouling.49 In many previous
reports, the average shear rate over the membrane surface is
estimated as a solution of the Navier–Stokes equation with the
use of a constant velocity coefficient parameter that accounts
for the surface pressure and fluid velocity variation along the
radius of the membrane.50–52 Because of the complex geometry
and time dependence of velocity, CFD simulations enable
precise estimation of the shear stress distribution on the mem-
brane surface as well as the normal force. The mechanical
energy predicted from CFD simulations includes contributions
from both normal pressure force and tangential shear force,
shown below in eqn (6) and (7) (see Materials and methods). It
is the tangential shear force on the membrane surface that
helps prevent membrane fouling. The normal force on the
other hand produces additional transmembrane pressure
difference apart from the static pressure difference which also
benefits the filtration process by increasing the flux.

Challenges for RCD filtration for SLS applications in the
biorefinery include the potential for high capital cost relative
to non-dynamic systems and the need to replace membrane
materials throughout the lifetime of the plant. Regarding
capital cost, dynamic filtration modules are currently built at a
relatively small scale (<150 m2). Information on capital cost is
highly limited to a few units of small capacity made by a few
manufacturers including Andritz and Novoflow. Cost infor-
mation provided by Novoflow reveals that a unit with 60 m2 of
membrane area cost $525 000 in 2024. Cost improvements and
further scale-up of the technology are necessary to gain indus-
trial traction against traditional cross-flow and vacuum fil-
tration technologies. Regarding membrane lifetime, the pres-
ence of silica in biomass hydrolysates would likely wear on the
membrane surface and reduce the lifespan of the material. To
account for the reduced lifetime due to abrasion of the mem-
branes at a high shear rate, we set the lifetime of the mem-
brane to be 5 years rather than the typical 20 to 30 years life-
time generally stated for ceramic membranes by manufac-
turers and in the literature.28

Conclusion

Bioprocessing is rich with examples of slurries containing sus-
pended and insoluble biomass solids such as the case for
downstream processing after fermentation, wastewater treat-
ment, anaerobic digestion, lignocellulosic hydrolysis, and
lignin depolymerization. Processing solids is challenging as
downstream equipment including filtration modules typically
rapidly foul, leading to low throughput. In this work, we
demonstrated and characterized RCD filtration with high
solids in a continuous mode. We then modeled a disc module
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by CFD and developed mass and energy balances across a
simple filtration and evaporation system to obtain concen-
trated sugars at 500 g L−1 and used sensitivity analysis over a
range of solids loading to understand the economic drivers of
the process and achievable sugar recovery. Operating at an in-
soluble solid content of 12 wt% in the retentate slurry at a disc
velocity of 1200 rpm is advantageous over cross-flow filtration
with at least a 2-fold energy reduction and achieves a high
recovery of sugars (95%) with low OPEX ($0.06 per kg sugar).

Materials and methods
Preparation of hydrolysate

Air dried corn stover provided by Idaho National Laboratory
(INL) was milled at the National Renewable Energy Laboratory
(NREL) using a knife mill (Jordan Reduction Solutions, Model
14 × 20, Birmingham, Alabama) to pass through a 19 mm (3/
4-inch) round hole rejection. The size reduced corn stover was
pretreated following the Deacetylation and Disc Refining
(DDR) method described previously.32 Briefly, the milled corn
stover was deacetylated using a dilute (0.1 M) NaOH solution
at 92 °C for 2 hours with a chemical loading of 80 kg NaOH
per tonne of biomass. The deacetylated biomass was then
dewatered via a screen filter and washed to remove solubilized
acetate and lignin. The washed solids were further acidified to
a pH of 3.0 with sulfuric acid to preserve the material. The
material was then dewatered in a screw press prior to being
sent to an Andritz pilot plant (Springfield, OH) for disc-refin-
ing. The disc refining was carried out using a 36″ disc refiner
(Sprout, Model 401) with a set of Durametal fine-bar sector
plates (plate pattern 36104) at an energy consumption of
approximately 200 kW h per tonne of biomass. The deacety-
lated and disc refined biomass then underwent enzymatic
hydrolysis in the 1900-L paddle reactor at 50 °C with 25 mg
protein per g cellulose total enzyme loading at a ratio of
Novozymes Ctec 3 to Htec 3 of 4 : 1 and an initial solid loading
of 15% (w/w). The hydrolysis was completed in 72 hours and
frozen for future use.

Liquor and compositional analysis

Chemical analysis of the DDR-EH samples was performed as
described in Sluiter et al.53 Compositional analysis of the
biomass samples was performed as described in Sluiter et al.54

Dynamic viscosity

The dynamic viscosity of hydrolysate was measured using a
DV2T Brookfield viscometer. DDR-EH samples containing 4 to
20 wt% insoluble solids were prepared by sampling the reten-
tate during dynamic microfiltration.

Dynamic microfiltration

The Andritz DCF 152/S was used to demonstrate SLS and con-
sists of a 0.25 kW motor, one 152 mm ceramic membrane
disc, and associated piping, feed tank (15 L), pressure tank,
and chiller/heater. We selected a pore size of 0.2 µm (from

Andritz) to remove insoluble solids, suspended solids, and
bacterial contaminants. The membrane area on the Andritz
DCF 152/S is 0.034 m2. During the experiments, the system
was operated with a 1 bar transmembrane pressure (TMP). We
used 10 L feed samples (containing 3 wt% insoluble solids)
and adjusted the rpm of the motor to determine an optimum
disc velocity. Between experiments, the membrane was rinsed
with 1% NaOH solution for 1 hour. Because some clogging of
the 1

4 inch outer diameter (OD) feed line occurred during our
initial batch experiments, we installed a 1

2 inch OD feed line
between the feed vessel and the DCF 152/S module and
additionally used a stainless-steel mesh with 1

4 inch openings
to remove string and other large objects from the EH slurry.
Backwashing was performed with water at 50 mL min−1 for
1 min.

Particle size analysis

Particle size analysis was performed using an Anton Paar PSA
1190 particle size analyzer. All samples were run in water
using a full 450 mL reservoir. Parameters for all samples were
set to fast pump and fast stir speed. A measurement time of 45
seconds, obscuration limits set to 5%–30%, and the Franhofer
Reconstruction mode was used. One small drop of Igepal
CO-630 (Sigma Aldrich-542334) was added to the water reser-
voir to aid in breaking up agglomerations. Instrument per-
formance was verified using White House Scientific PS314 par-
ticle size standard. Anton Paar Kalliope Professional Version
3.2.5 software was used for data analysis.

Computational methods

Geometry and computational domain. A 3D computation
geometry was developed based on the dimensions of our RCD
filter (Andritz DCF 152/S). To resolve the fluid-membrane
interaction, we refined the computational mesh close to the
disc region. The mesh contains a total of 21.4 million compu-
tational cells. The computational domain is divided into a
rotational region near the disc and a stational region near the
boundaries of the stationary enclosure. These two regions are
coupled together using a cyclic arbitrary mesh interface.

Governing equations and model details. The governing
equations for hydrolysate flow inside the dynamic filtration
unit include the conservation of mass and momentum, shown
in eqn (2) and (3), respectively. These two equations were
solved in both stationary and moving reference frames for the
rotation stationary domain and rotating domain using the
multiple reference frame method. The difference in velocity
(Vr) between stationary, absolute velocity (U), moving reference
frame, and the relative velocity (Ur) is shown in eqn (4). The
viscous dissipation of momentum via the viscous stress (τ̄) is
computed using the local hydrolysate viscosity. The turbulence
dissipation via the Reynolds stress (R̅) is computed using the
shear-stress transport k − ω model.55

@ρ

@t
þ ∇ � ðρUrÞ ¼ 0 ð2Þ
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@

@t
ðρUÞ þ ∇ � ðρUrUÞ ¼ � ∇pþ ∇ � ðτ̄ þ R̄Þ � ρ½Ω� ðU � UtÞ�

ð3Þ

V r ¼ U � U r ¼ Ut þΩ� r ð4Þ

τ̄ ¼ μ ð∇U þ ∇UTÞ � 2
3
∇ � UI

� �
ð5Þ

Fp ¼
þ
ρðp� prefÞdsf ð6Þ

Fv ¼
þ
dsf � μð∇U þ ∇UT Þ ð7Þ

Mp ¼
þ
ρðp� prefÞrdsf ð8Þ

Mv ¼
þ
dsf � μð∇U þ ∇UT Þr ð9Þ

P ¼ Mω ð10Þ
To compute the membrane energy demand, we first compute

the fluid shear rate close to the disc. Due to the interaction of
hydrolysate with the RCD filter, a normal pressure force (Fp) and a
tangential viscous force (Fv) are experienced by the membrane
surface which can be computed using eqn (6) and (7). We can
also compute the torque using eqn (8) and (9). The power con-
sumption for rotation motion is then calculated using eqn (10).

Nomenclature
Latin symbols

Fp Normal pressure force vector
Fv Tangential viscous force vector
K Power law coefficient
Kcf Cake formation coefficient
Mp Normal pressure moment
Mv Tangential viscous moment
n Power law exponent
P Power consumption
p Pressure (Pa)
pref Reference pressure (Pa)
R̅ Reynolds stress
sf Face area vector
t Time
U Absolute velocity vector
Ur Relative velocity vector
Ut Translational velocity vector
UT Transpose of the absolute velocity vector
Vr Velocity of the moving frame relative to the stationary

frame

Greek symbols

γ̇ Shear rate (1 s−1)
μ Apparent viscosity (Pa s)

ρ Density (kg m−3)
τ̄ Viscous stress tensor
Ω Rotation velocity of the membrane (rpm)
ω Angular velocity of the membrane

Notes

Python codes are available on GitHub.com (NREL-SEPCON –

https://github.com/NREL-SEPCON).
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