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The separation and purification of bio-based chemicals from conversion processes often contribute sub-

stantially to bioprocessing costs, and for many biochemicals produced through fermentation, solvent-

based liquid–liquid extraction (LLE) is a common separations strategy for in situ product recovery (ISPR).

Many in situ LLE-based separations for biochemicals are often challenged by emulsion formation

between the immiscible aqueous and organic phases. Typically, membrane contactors have been used to

overcome emulsion formation, with the aqueous and organic phases coming into contact in the mem-

brane contactor pores, but these unit operations require a large membrane area to compensate for their

limited effective interfacial area. In this study, we show that a hydrophobic polytetrafluoroethylene (PTFE)

membrane-based emulsion separator (MBES) enables continuous LLE for the recovery of an exemplary

fermentation product, butyric acid, with substantially improved throughput relative to a membrane con-

tactor. With a membrane permeate flux of 290 L m−2 h−1, the overall butyric acid flux of the single-stage

MBES system was calculated to be 1450 g m−2 h−1, which is substantially higher than the 9 g m−2 h−1

achievable with a membrane contactor. At an equivalent butyric acid throughput, process modeling esti-

mates that MBES-assisted LLE can enable a 55% and 91% reduction in process costs (the sum of CAPEX

and OPEX) and greenhouse gas emissions, respectively, compared to a membrane contactor due to a

∼160-fold decrease in the required membrane area. Although membrane fouling from cellular debris led

to reduced membrane flux and phase separation efficiency, common fouling mitigation strategies includ-

ing the incorporation of ultrafiltration and periodic membrane backwashing effectively recovered the

membrane performance. Overall, MBES systems can potentially enable continuous LLE processes in bio-

processing separations, including where emulsion formation is a challenge.

Introduction

The conversion of biogenic feedstocks in microbial processes
holds substantial promise to displace fossil carbon-derived
fuels and chemicals.1 For the production of many bio-based
chemicals, downstream separations are often the most expen-
sive and energy-intensive unit operations of an integrated
process,2,3 accounting for up to 90% of the total production

cost.4 Towards improved separation processes in bioproces-
sing, in situ product recovery (ISPR) can potentially enhance
product biosynthesis rates and titers, and enable continuous
fermentation processes.5–9 For many products produced from
bioconversion, solvent-based liquid–liquid extraction (LLE) is
among the most well studied approaches for ISPR due to its
ability to achieve high product recovery yields.4,10–12

Traditional in situ LLE is conducted with a solvent overlay
in a bioreactor to continuously extract the bioproducts.
However, this approach is challenged by emulsion formation
between immiscible aqueous and organic phases, which in
turn impairs phase separation.13,14 The solvent droplets dis-
persed in the aqueous phase can be toxic to microorganisms,6

and the water droplets dispersed into the organic phase can
increase the energy consumption for the subsequent biopro-
duct purification and solvent recovery steps. To reduce the
potential toxic effects of the solvents on the microbial culture,
a cell retention and product clarification step is often added
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prior to solvent extraction7,15,16 to physically retain the cells in
the bioreactor and prevent their direct contact with the organic
solvent (Fig. 1A). Continuous membrane-based solvent extraction,
a popular separation technology in green chemistry and
engineering,17–19 has also been integrated to the ISPR processes.
A membrane contactor, in which a hydrophobic porous mem-
brane serves as a physical barrier between the aqueous and
organic phases, is typically used downstream of the cell retention
unit operation for continuous solvent extraction and to prevent
emulsion formation (Fig. 1A).20–23 In previously reported ISPR
processes, a membrane contactor enabled continuous carboxylic
acid extraction from fermentation broth.7,15,24–27 The acid flux
was limited, however, because the aqueous and organic phases
were only in contact in the membrane contactor pores,28 and
thus, a large membrane area was needed to compensate for the
low throughput of butyric acid extraction.

To increase bioproduct flux in continuous LLE, the use of a
membrane-based emulsion separator (MBES)16,29 is a potential
alternative approach to a membrane contactor (Fig. 1B). MBES-
assisted LLE starts with sufficient mixing of the two phases to
promote emulsion formation, shown as a phase mixer in Fig. 1B.
Emulsification ensures ample contact between the two phases
through increased effective interfacial area, and thus enhances
the mass transfer rate of a target product into the extraction
solvent. After achieving equilibrium, the MBES, a porous mem-
brane-based system, could be used to continuously separate the

emulsion into a product-rich organic solvent and product-lean
aqueous phase. Such complete in-line phase separation can be
achieved via MBES systems by leveraging surface tension and
fine-tuning pressure differential,16 and this approach has been
applied successfully in petrochemicals,30–42 pharmaceuticals,43–52

and petroleum refining,53 suggesting that MBES systems could
also be promising for bioprocessing applications.

Based on the potential of membrane demulsification
systems in bioprocessing applications, we were interested to
examine if an MBES unit operation could improve the efficiency
and economics of the continuous LLE-based solvent extraction of
biochemicals from fermentation broth. To that end, we used a
short-chain carboxylic acid, butyric acid, produced via fermenta-
tion with Clostridium tyrobutyricum,7 as a case study to evaluate
the technical feasibility of an MBES-assisted LLE process
(Fig. 1B). Our goal was to optimize the extraction rate, membrane
throughput, and phase separation efficiency of the MBES unit
operation. The optimized conditions were used to evaluate mem-
brane fouling propensity, and the feasibility of utilizing pre-fil-
tration and membrane backwashing to mitigate fouling.
Following process optimization, we compared the economics and
greenhouse gas (GHG) emissions of an MBES-assisted LLE
process with the membrane contactor-assisted LLE process
(Fig. 1) to assess if the MBES systems can potentially enhance the
sustainability and economic viability of continuous LLE pro-
cesses in downstream bioprocessing.

Fig. 1 ISPR process configurations with (A) a membrane contactor unit operation and (B) a membrane-based emulsion separator, both to achieve
continuous LLE-based solvent extraction of a target bioproduct. For both process configurations, there is a cell retention unit operation before LLE
to ensure that microbial cells and solids do not interact with the membrane systems, and a distillation column is shown downstream of the LLE step
for product purification and solvent recovery. The current study examines the use of an MBES system in place of a membrane contactor. Notably,
other strategies can be used for the separation of the bioproduct and the organic solvent; distillation is shown here for illustrative purposes.
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Results
MBES performance for butyric acid recovery and comparison
to a membrane contactor

We first aimed to evaluate the performance of MBES-assisted LLE
for solvent extraction of butyric acid at different permeate fluxes
and phase volume ratios. For these initial experiments, we pre-
pared a solution of butyric acid at 10 g L−1 and pH 5 as a ‘mock
broth’, representing a single component model solution to mimic
the C. tyrobutyricum fermentation broth (vide infra).7 From our
previous work, 10 g L−1 was the target residual butyric acid titer
in the bioreactor at pH 5 to prevent microbial product inhibition,
while creating a sufficient driving force for partitioning into the
organic phase in LLE. For these initial experiments, we used an
organic extractant mixture consisting of 70 vol% Cyanex 923 and
30 vol% mineral oil, which exhibits the optimal partition coeffi-
cient for butyric acid at pH 5.7,15 Notably, Cyanex 923 is a com-
mercial mixture of phosphine oxides with detailed compositions
described previously,15 and is selected in the present study due to
its low volatility, commercial availability, miscibility with organic
solvents, and relatively low freezing point.15

We began by vigorously mixing the aqueous and organic
phases in a range of phase volume ratios using a magnetic stir
plate to form emulsions (Fig. 2A), with the intention to mimic
the in-line phase mixer in Fig. 1B and maximize the contact
area between the aqueous and organic phases. The emulsion
was then pumped into the MBES unit (SEP-200). We used a
hydrophobic polytetrafluoroethylene (PTFE) membrane
(OB-2000-S200F) with a pore size of 1 μm and effective mem-
brane area 60 cm2 (Zaiput Flow Technologies) at a range of
feed flow rates with different corresponding permeate fluxes
for membrane-based demulsification. The MBES unit continu-
ously separated this emulsified feed stream into butyric acid-
lean aqueous and butyric acid-rich organic phases (Fig. 2A).
The phase separation efficiency (PS) of the MBES system was
evaluated by measuring the water content in the feed and
permeate streams using Karl Fisher (KF) titration and com-
pared with the conventional overlay LLE as a reference using
the same organic solvent composition. PS was defined as:

PS ¼ 1� Cw;p=Cw;f ð1Þ

where Cw,p and Cw,f are the water content (wt%) of the perme-
ate and feed solutions, respectively.

Notably, there is a thermodynamic limit of the phase separ-
ation efficiency at each aqueous : organic phase volume ratio (ϕ)
due to the co-extraction of water. For example, the maximum
achievable PS is 93.1% at ϕ of 1.0 and 94.9% at ϕ of 2.0, which is
also the thermodynamic limit of PS (PSTL), defined as:

PSTL ¼ 1� Cw;min=Cw;f ð2Þ

where Cw,min is the minimum water content in the organic
phase at equilibrium due to the co-extraction (i.e., solubility)
of water. The thermodynamic limits of phase separation
efficiency at different phase volume ration were measured fol-
lowing a procedure described in ESI.†

Since membrane demulsification using the MBES system is
based on the differences in membrane affinity of the different
solvents, membrane surface hydrophilicity is an important
indicator of its phase separation efficiency. Membrane surface
hydrophilicity can be indicated by membrane surface free
energy of hydration (ΔGiw), calculated from the Young-Dupré
equation:

ΔGiw ¼ �γwð1þ cos θwÞ ð3Þ
where γw is the liquid water surface tension (72.1 mN m−1 at
20 °C) and θw is the sessile drop water contact angle measured
using an automated drop shape analyzer (DSA20; KRÜSS
GmbH). Surfaces are considered hydrophilic and hydrophobic
with ΔGiw ≤ −113 and >−113 mJ m−2, respectively.54 An
increase in the membrane surface hydrophilicity often indi-
cates that the membrane surface is wetted by the retained
aqueous phase and thus is often correlated with a compro-
mised membrane phase separation efficiency.

We also evaluated butyric acid extraction efficiency using
the MBES system by measuring the butyric acid concentrations
in the aqueous phase before and after the MBES-assisted LLE
process using high-performance liquid chromatography
(HPLC), and compared that to the previously reported results15

of a membrane contactor-assisted LLE experiment as the refer-
ence, again using the same organic solvent composition. The
organic solvent partition coefficient (KD) for butyric acid was
calculated as:

KD ¼ CBA;Org;final=CBA;Aq;final ð4Þ
where CBA,Aq,final and CBA,Org,final are the final butyric acid con-
centrations in the aqueous and organic phases, respectively,
after reaching partition equilibrium. The final butyric acid
concentration in the organic phase is given by:

CBA;O;final ¼ ðCBA;Aq;initial � CBA;Aq;finalÞ � ϕ ð5Þ
where CBA,Aq,initial is initial butyric acid concentration in the
aqueous phase before LLE.

The overall MBES butyric acid extraction efficiency (EE) for
a specific aqueous : organic phase volume ratio (ϕ) can thus be
defined by:

EE ¼ CBA;Org;final=ðCBA;Aq;initial � ϕÞ ð6Þ
The MBES butyric acid flux (EF) was determined by:

EF ¼ CBA;Org;final � Jv ð7Þ
where Jv is the membrane volumetric permeate flux of the
organic phase.

From the initial phase mixing experiments, only 3 min were
required to reach the butyric acid partition equilibrium (with a
measured partition coefficient KD = 1; eqn (4)) after a vigorous
phase mixing (at a phase volume ratio of 1 : 1 and a stir rate of
650 rpm). The vigorous phase mixing results in emulsion for-
mation with the aqueous phase present in the form of droplets
with an average diameter of 3.5 μm (measured using a
Zetasizer) dispersed in the continuous organic phase, which
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Fig. 2 (A) Schematic of the experimental setup for continuous membrane demulsification using MBES with an effective total membrane area of
60 cm2 (image created partly with BioRender.com). Mock fermentation broth (10 g L−1 butyric acid, pH 5) and organic solvent (70 vol% Cyanex 923,
30 vol% mineral oil) were vigorously mixed using a magnetic stir plate to form an emulsion for the MBES extraction step, and then continuously sep-
arated via MBES into pure aqueous and organic phases. The extraction efficiency of butyric acid into the organic solvent was characterized using
HPLC of the aqueous phase before and after the MBES unit, and the phase separation efficiency was measured using Karl Fisher titration with both
the organic and aqueous phases after the MBES unit. (B) Images (top) and Karl Fisher titration measurements of water content in the organic solvent
phase (values at bottom) after different settling time of an emulsion that is kinetically stable for 1500 min. (C) The impact of the aqueous : organic
phase volume ratio (ϕ) and permeate flux on MBES phase separation efficiency (PS; eqn (1)). The thermodynamic limits of PS (due to the water par-
tition coefficient) at a ϕ value of 0.5, 1.0, 2.0, and 3.0 are 90.5%, 93.1%, 94.9%, and 95.8%, respectively (eqn (2)). Membrane phase separation
efficiency reversibility as indicated by: (D) the phase separation efficiency at different permeate flux (at an exemplary ϕ of 0.5; dark blue curve –

direction of increasing permeate flux; light blue curve – direction of decreasing permeate flux) and supplemented by (E) the corresponding photos
of the MBES permeate (left) and retentate (right) samples at the tested range of permeate flux. The error bars in (C) and (D) represent the standard
deviation from at least 3 replicate measurements. The data shown in (C) and (D) are provided in Tables S2–S5.†
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thus allowed droplet-based liquid–liquid microextraction with
accelerated partitioning. However, despite the significant
increase in the mass transfer rate, the experimentally formed
emulsion is kinetically stable and unbreakable via natural sep-
aration in overlay LLE. As shown in Fig. 2B, the top organic
layer remained as an emulsion with 7.9 wt% water content
after 1500 min of settling time. The impractically long time
required for natural phase separation is attributed to the pres-
ence of a robust oil/water interface, making solvent extraction
via a direct overlay infeasible.

To accelerate and achieve complete demulsification, the
MBES unit was used to separate the emulsion into a butyric
acid-lean aqueous phase and a butyric acid-rich organic phase
(Fig. 2A). Due to the high surface hydrophobicity of the chosen
membrane, indicated by its ΔGiw (−30.8 mJ m−2; Table S1†)
significantly higher than the threshold value of −113.0 mJ
m−2,54 the membrane should have higher affinity (i.e., wettabil-
ity) and preferential transport of the organic phase.55,56

Consequently, it was expected that the organic phase should
permeate through the membrane, while the aqueous phase
should be retained. Specifically, it required only 10 min for the
MBES (at its maximum permeate flux with complete phase
separation; Fig. 2C) to continuously separate a 400 mL emul-
sion with the 60 cm2 membrane used here.

As expected for demulsification, the MBES unit achieved
complete phase separation at a lower range of permeate fluxes
across phase volume ratios (Fig. 2C). For example, the MBES
system enabled complete separations of an emulsion at a ϕ

value of 1.0 into a pure aqueous phase as the retentate (water
content = 100 wt%; Fig. S1(d)†) and an organic phase as the
permeate with water content at the thermodynamic limit for
permeate flux values <290.0 L m−2 h−1. At a higher range of
permeate flux, membrane phase breakthrough (i.e., intrusion)
was observed, as expected (Fig. 2C–E). At these higher perme-
ate fluxes, the aqueous phase wetted the hydrophobic PTFE
membrane, resulting in increased membrane surface hydro-
philicity (with 40.9% reduced membrane surface water contact
angle, and ΔGiw decreased from −30.8 to −92.1 mJ m−2;
Table S1†) and greater aqueous phase-membrane affinity, thus
leading up to 28.0% aqueous phase intrusion (Fig. 2C).
Notably, the increased preferential transport of the aqueous
phase also led to membrane rejection of the organic phase,
resulting in both permeate and retentate streams composed of
mixtures of aqueous and organic phases.

The compromised membrane phase separation efficiency at
higher permeate flux values can be 100% reversed by reducing
the permeate flux (Fig. 2D). However, the reversal curves (in
the direction of decreasing permeate flux) of the permeate and
retentate water content do not perfectly overlay with the orig-
inal ones (in the direction of increasing permeate flux;
Fig. S2†), due to the interplay between membrane surface
wetting and phase breakthrough. This hysteresis is caused by a
more wetted membrane exhibiting lower transport resistance
to the aqueous phase, which further increases the potential of
aqueous phase breakthrough and surface wetting in a positive
feedback loop. It is thus not surprising that a lower permeate
flux was needed to achieve the same membrane phase separ-
ation efficiency after membrane surface and/or pore wetting.

At ϕ = 1.0, the MBES butyric acid extraction efficiency (EE;
eqn (6)) was calculated to be 50%. The butyric acid extraction
efficiency was limited by the organic solvent partition coefficient
(KD) and aqueous : organic phase volume ratio (ϕ), but can be
improved with a counter-current multi-stage membrane system
(see ESI† for modeling details). With a membrane permeate flux
of 290.0 L m−2 h−1, the overall butyric acid flux (eqn (7)) of the
present single-stage MBES system was calculated to be 1450.0 g
m−2 h−1, which is substantially higher than 8.9 g m−2 h−1 achiev-
able with a membrane contactor (Table 1). As a result, to have the
same butyric acid extraction rate, an MBES would require a ∼160-
fold smaller membrane area than a membrane contactor.
Notably, this calculated butyric acid flux will change as a function
of phase volume ratio. Here, we selected the same ϕ = 1.0 for a
direct comparison with the previous membrane contactor-
assisted LLE results.15

Characterization of membrane fouling in the MBES system

The results presented above suggest considerable advantages
in using membrane demulsification for butyric acid separ-
ations, based on use of a mock broth solution containing only
butyric acid at 10 g L−1 in water at pH 5. Importantly, fermen-
tation broth contains impurities including microbial cell
debris, thus making membrane fouling a potential challenge
for the use of an MBES system, which can lead to both flux
decline and compromised permeate quality.57,58 Thus, we were
interested in evaluating membrane fouling propensity during
its filtration with an emulsified feed stream prepared from the
fermentation broth, relative to the emulsified mock broth
described above.

Table 1 Comparison of the butyric acid extraction ratea between an MBES system and a membrane contactor unit operation

Membrane
area (m2)

Butyric acid
extraction rate (g h−1)

Butyric acid
flux (g m−2 h−1)

Membrane area needed
(to extract 100 g h−1 butyric acid) (m2)

MBES 0.006 8.4 1450.0 0.07
Membrane contactorb 1.4 12.5c 8.9 11.2

a Butyric acid extraction rate was measured by using 70 vol% Cyanex 923, 30 vol% mineral oil to extract butyric acid from 10 g L−1 butyric acid aqueous
mock solution at pH 5 and a phase volume ratio, ϕ, of 1. bTwo Liqui-Cel Extra-Flow 2.5 × 8 membrane contactor units (3 M) were used for membrane
contactor LLE. The aqueous and organic phases were continuously circulated through the lumen and shell sides of the membrane contactor, respect-
ively, at the flow rate of 40 mL min−1. cA membrane contactor unit (Liqui-Cel 2.5 × 8, a polypropylene membrane with 1.4 m2 membrane area) can
achieve butyric acid extraction efficiency as high as the thermodynamic limit (partition equilibrium) according to a previous study.15
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The emulsified fermentation broth was prepared by mixing
300 mL of filtered C. tyrobutyricum fermentation broth using a
rotating microfiltration (MF) ceramic disc (with pore size of
0.2 μm and rotating speed of 750 rpm) and mixing it with
150 mL organic phase. As a comparison, an emulsified mock
broth was also prepared by mixing 300 mL of 10 g L−1 butyric
acid aqueous solution with 150 mL organic phase. In both
systems, we used a stirring rate of 650 rpm for 3 min to
achieve ϕ = 2. It was expected that by increasing the aqueous :
organic phase volume ratio, we could decrease the volume of
organic solvent used in the process and thus improve the
efficiency of the separation process.

Membrane fouling propensity is indicated by the normal-
ized membrane permeate flux and flux decline, and the
change in water content in the feed, permeate, and retentate
streams. The normalized permeate flux ( Jov ) was calculated by:

Jov ¼ Jv;t=Jv;o ð8Þ

where Jv,o is the initial permeate flux of the pristine membrane
at the beginning of the filtration test, and Jv,t is the membrane
permeate flux at time t. Membrane flux decline (FD) was
defined as:

FD ¼ 1� Jv;final=Jv;o ð9Þ

where Jv,final is the final membrane permeate flux at the end of
1 h filtration test. The flux decline caused by membrane fouling
is often attributed to membrane surface cake layer buildup and
membrane pore narrowing. The increase in membrane resistance
for solvent permeation after membrane fouling is referred to as
fouling resistance (Rfouling), which was defined as:

Rfouling ¼ ΔP
μ

� 1
Jv;final

� 1
Jv;o

� �
ð10Þ

where ΔP is the applied pressure and μ is the butyric-rich
organic phase viscosity (0.0126 Pa s measured using
Brookfield Viscometer DV2T Pro).

After a 1 h membrane filtration experiment with the emulsi-
fied fermentation broth (at a feed flowrate 29.5 mL min−1), a
96.1% flux decline (eqn (9)) was observed for the hydrophobic
PTFE membrane (Fig. 3A). The reduced membrane permeate
flux can be explained by the accumulation of foulants on the
membrane surface, which served as a resistance layer (with a
calculated Rfouling of 3.0 × 1012 m−1; eqn (10)) and thus
decreased the organic solvent permeability through the mem-
brane. Indeed, compared to the pristine membrane, a thick
cake layer on the membrane surface was confirmed via scan-
ning electron microscopy (SEM) of the fouled membrane sur-
faces (Fig. 4). As the C. tyrobutyricum fermentation broth was
pre-filtered by a 0.2 μm MF ceramic disc to remove the intact
cells before feeding to the MBES unit, only fouling from
microbial or organic media components should occur on the
membrane surface and/or inside the pores. The extent of
organic fouling was also examined by energy-dispersive X-ray
spectroscopy (EDS) analysis, which showed the fouled hydro-
phobic PTFE membrane surface exhibited a 12.5-fold higher
carbon-to-fluorine (C/F) ratio relative to the pristine membrane
and an oxygen content of 24 wt% (Fig. 4 and Table 2). Notably,
even at a 96.1% flux decline, the MBES still exhibited 6.2 times
higher butyric acid flux than the membrane contactors.

Additionally, the foulant layer buildup on the membrane
surface not only caused membrane flux decline, but also led to
significant aqueous phase breakthrough (Fig. 3B). Unlike the pris-
tine hydrophobic PTFE membrane, which separates almost pure
organic phase (3.6 wt% water content; Fig. S1(c)†) as the perme-
ate, the permeate stream from the fouled membrane was com-
posed of 92.0 wt% aqueous and 8.0 wt% organic phases (Fig. 3B).
The observed phase breakthrough is attributed to the reduced
hydrophobic PTFE membrane surface hydrophobicity (as indi-
cated by the decrease in ΔGiw from −30.8 to −108.4 mJ m−2;
Table S1†) with the accumulated fouling layer. Membrane surface
wetting thus altered the solvent-membrane surface interactions
by significantly increasing the aqueous phase membrane affinity,
leading to preferred transport of the aqueous phase.

Fig. 3 Fouling propensities of the hydrophobic PTFE membrane during a 1 h filtration of both emulsified mock broth and emulsified fermentation
broth as indicated by (A) the permeate flux profile normalized to initial permeate flux of the pristine membrane (eqn (8)) and (B) the final water
content in the permeate and retentate streams measured using Karl Fisher titration. Note: the error bars in (B) represent the standard deviation from
at least 3 replicate KF water content measurements. The data shown in this figure are provided in Table S7.†
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It may be expected that the observed high fouling propen-
sity is due to the hydrophobic nature of the tested membrane
via dispersive forces59 between the membrane surface and
organic compounds. Hydrophilic membranes, conversely,
could exhibit much lower fouling propensity due to high
surface hydrophilicity that could reduce the hydrophobic inter-
actions and thus mitigate surface adsorption or
deposition.60–65 Therefore, we also tested the commercial
hydrophilic PTFE membrane from Zaiput Flow Technologies

(IL-2000-S200F; pore size 1 μm) for demulsification of the
emulsified fermentation broth, which should result in the
aqueous phase as the permeate while retaining the organic
phase. It was observed, as expected, that the hydrophilic PTFE
membrane, which has much higher surface hydrophilicity
(52.2% reduced water sessile drop contact angle compared to
the hydrophobic membrane, Table S1†), exhibited lower
fouling propensity as indicated by a 62.5% flux decline over a
1 h filtration experiment, which is significantly less than the

Fig. 4 EDS (left) and SEM (right) images of the surfaces of (A and B) the pristine hydrophobic PTFE membrane, and the hydrophobic PTFE mem-
branes filtered with (C and D) emulsified mock broth and (E and F) emulsified fermentation broth.

Table 2 Elemental composition of the different membrane surfaces as characterized using EDS

Membrane F C O C/F O/F

Pristine hydrophobic PTFE membrane 79.1% 20.9% — 0.26 —
Hydrophobic PTFE membrane after filtering mock brotha 50.6% 42.5% 2.1% 0.84 0.04
Hydrophobic PTFE membrane after filtering fermentation broth 14.2% 46.1% 23.6% 3.25 1.67

a The membrane filtration was carried out at feed flow rate of 140 mL min−1 for 1 h and membrane phase breakthrough was observed.
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96% flux decrease for the hydrophobic PTFE membrane
(Fig. S3A†). The lower fouling propensity of the hydrophilic
membrane was consistent with a thinner cake layer observed
on the fouled hydrophilic membrane surfaces (with some
membrane pores and void fractions exposed) via SEM images
(Fig. S4†) and a relatively minor increase in the surface C/F
and oxygen-to-fluorine (O/F) ratios compared to the fouled
hydrophobic PTFE membrane (Fig. S4 and Table S6†).
Moreover, no phase breakthrough was observed for the hydro-
philic PTFE membrane, but rather the purity of the permeate
stream was maintained even at the end of a 1 h fouling test
(Fig. S3B†). The preferred permeation of the aqueous phase
throughout the fouling test was due to further increased
surface hydrophilicity (and thus membrane affinity to the
aqueous phase) after organic fouling (as indicated by the
decrease in ΔGiw from −109.1 to −125.6 mJ m−2; Table S1†).
Despite this, the hydrophilic membrane is not suitable for sep-
arating emulsified fermentation broth (which is a water-in-oil
emulsion) due to its significantly lower permeate flux: namely,
the initial permeate flux of the hydrophilic PTFE membrane
was only 4.0 L m−2 h−1, which is 96% lower than that of the
hydrophobic PTFE membrane. Such a low initial permeate flux
is likely due to the limited contact area between the dispersive
aqueous phase droplets and the membrane surface.

It is also interesting to note that, unlike the hydrophilic
membrane, oil wetting (i.e., oil fouling)66 is not a concern for
hydrophobic membrane separation of a water-in-oil emulsion.
Even though the organic phase attachment does alter the
membrane surface morphology, as indicated via the SEM
images (by filling in all the pores and void fractions of the
membrane; Fig. 4D) and membrane surface chemical compo-
sition as indicated by the EDS results (with increased C/F and
O/F ratios; Fig. 4 and Table 2), it does not lead to membrane
permeate flux decline. Instead, the permeate flux through the
hydrophobic PTFE membrane increased by 85.7% after 1 h of
membrane filtration with the emulsified mock broth (Fig. 3A),
which can be explained by the absorption of organic phase
into the membrane matrix (Fig. 4D), leading to membrane sol-
vation (i.e., swelling).67,68 Such membrane solvation phenom-
enon in organic solvent is widely reported and is consistent to
the literature.69–73

Development of fouling mitigation strategies in the MBES
system

To address the substantial decreased membrane performance
shown in the previous section, fouling mitigation strategies
were explored. We hypothesized that proteins (both
C. tyrobutyricum-derived extracellular proteins and yeast
extract-derived proteins from the media) were the dominant
foulants in the emulsified fermentation broth solution, and
thus we first evaluated the effectiveness of MF membranes
(with pore sizes of 0.2 and 0.1 μm; GNWP04700 and
VCTP04700, Millipore Sigma) and ultrafiltration (UF) mem-
branes (with molecular weight cutoff values of 10 and 1 kDa;
PLGC04310 and PLAC04310, Millipore Sigma) filtration for
protein removal from C. tyrobutyricum fermentation broth. The

above MF and UF membrane pre-filtrations of fermentation
broth were carried out with a 50 mL dead-end stirred UF cell
(Amicon 8050, Millipore Corporation) at 3.4 bar and a stirring
rate of 400 rpm, with the intention to mimic a continuous
crossflow unit operation in the ISPR process with its retentate
stream sent back to the bioreactor to maintain biological pro-
ductivity. It is noted that throughout the fermentation broth
pre-filtration tests, all MF and UF membrane permeate flux
remained constant at a permeate volume recovery of up to
80%, suggesting minimum membrane fouling occurred. The
effectiveness of protein removal using MF and UF membranes
with different pore sizes was indicated by the average solute
size (measured by Zetasizer) and the results of protein gel elec-
trophoresis measured for the membrane permeate as com-
pared to the unfiltered C. tyrobutyricum fermentation broth.
The MBES performance was then evaluated in a 1 h filtration
experiment using the emulsified, pre-filtered fermentation
broth in terms of both flux decline and water content in the
final permeate and retentate streams. After the filtration test,
the fouled membranes were cleaned with a 2 min membrane
permeate backwash to evaluate membrane cleaning efficacy.

The performance recovery was determined for both perme-
ate flux and phase separation efficiency. Membrane permeate
flux recovery (PFR) was defined as:

PFR ¼ Jv;cleaned=Jv;o ð11Þ

where Jv,cleaned is the membrane permeate flux after the 2 min
permeate backwash. Similarly, membrane phase separation
efficiency recovery (PSR) was defined as:

PSR ¼ PScleaned=PS0 ð12Þ

where PS0 is the initial phase separation efficiency of the pris-
tine membrane before the 1 h filtration test, and PScleaned is
the final membrane phase separation efficiency after the
2 min permeate backwash.

With the measured membrane permeate flux recovery, we
could calculate the reversible (Rrev) and irreversible (Rirrev)
fouling resistances, and their contribution to the overall
fouling resistance (Rfouling). It is noted that overall fouling re-
sistance is the sum of reversible and irreversible fouling
resistances:

Rfouling ¼ Rrev þ Rirrev ð13Þ

in which Rirrev can be determined by:

Rirrev ¼ ΔP
μ

� 1
Jv;cleaned

� 1
Jv;o

� �
ð14Þ

For MF and UF membrane filtration of the C. tyrobutyricum
fermentation broth for protein removal, the filtered fermenta-
tion broth exhibited a progressively lighter color at higher
resolution of filtration, which was consistent with the reduced
average solute size as a function of filter cutoff (Fig. 5A). The
effectiveness of membrane protein removal was also demon-
strated by protein gel electrophoresis, where 100% removal of
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larger proteins (>14 kDa) was achieved with both 10 kDa and
1 kDa UF membranes (Fig. 5B).

MF and UF membrane pre-filtration of the C. tyrobutyricum
fermentation broth demonstrated effective protein removal
and thus led to significantly reduced MBES membrane fouling
propensity. Over a 1 h filtration of emulsified pre-filtered fer-
mentation broth (filtered with membranes of different pore
sizes), the hydrophobic PTFE membrane fouling propensity
was lowered by 12.5%, 80.0%, and 87.5% (Fig. 5C) using mem-
branes with pore size of 0.1 μm, 10 kDa, and 1 kDa, respect-
ively, relative to 0.2 μm MF pre-filtration. Moreover, phase
breakthrough in the permeate was also minimized with mem-
brane protein removal, as indicated by the final permeate
water content measurement lowered by up to 63.0%. For mem-
brane performance recovery, a 2 min membrane backwash
(where the direction of the permeate flow is reversed to dis-
lodge foulants accumulated on the membrane surface or
inside the pores66) was carried out at the end of the 1 h mem-
brane filtration test, leading to 68.6–100.0% and 32.1–100.0%
permeate flux and phase separation recovery (Fig. 5D).
Especially the 1 kDa UF membrane pre-filtration exhibited

complete recovery of both membrane permeate flux and phase
separation efficiency indicating the absence of irreversible
fouling, while the use of larger pore size membranes led to
less effective protein removal and thus 2.6–32.6% irreversible
fouling (Table 3).

Process economics and environmental impacts

The use of a single-stage MBES unit operation for ISPR (Fig. 6)
was evaluated with techno-economic analysis (TEA) and life
cycle assessment (LCA), using a membrane contactor unit
operation as a baseline. The ISPR process model and TEA/LCA
boundary encompasses a cell retention device, a solvent extrac-
tion system, a flash tank, and two-stage distillation columns to
continuously extract butyric acid from the C. tyrobutyricum fer-
mentation broth. The process was modeled using Aspen Plus
with a process flow diagram and complete mass balance of
water, butyric acid, and organic solvent provided in Fig. 6, as
well as other model simulation details listed in Fig. S7.† All
assumptions and process conditions used are described in the
ESI.† We modeled a butyric acid titer in the fermentation
broth of 15 g L−1. Other components, such as sugar, acetate,

Fig. 5 Pre-filtration of the C. tyrobutyricum fermentation broth using both microfiltration (MF) and ultrafiltration (UF) membranes with different
pore size can effectively (A) reduce the average solute size and (B) remove proteins above 14 kDa, thus leading to (C) reduced hydrophobic PTFE
membrane fouling propensity and (D) enhanced cleaning efficacy. (Note: membrane fouling propensity was evaluated with 1 h filtration of the emul-
sified fermentation broth, and membrane cleaning efficacy was assessed with 2 min membrane organic phase backwash with a flow rate of 20 mL
min−1.) The error bars in (A) represent the standard deviation from at least 3 replicate measurements and in (C) and (D) represent the systematic error
for pressure and flow rate measurements. The data shown in this figure are provided in Table S8.†
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mineral salts, and solids, are not extracted significantly into
the organic phase and are of low concentration in the fermen-
tation broth, and these are shown as ‘others’ in process flow
diagram (Fig. 6). Based on our bench-scale LLE results, solvent
extraction using 70 vol% Cyanex 923 and 30 vol% mineral oil
with an aqueous-to-organic volume ratio of 1 : 1 was assumed
to achieve a butyric acid partition coefficient of 1 and water co-

extraction of 5.2 wt%. As described above, the MBES system
achieved ∼160-fold higher butyric acid flux than the mem-
brane contactor, which affected the process cost but did not
change the overall mass balances. After LLE, a flash tank was
used to partially recycle the organic solvent at 0.1 atm, fol-
lowed by two distillation columns for butyric acid purification
and ISPR solvent recycling. The operating temperatures of the

Table 3 Summary of hydrophobic PTFE membrane intrinsic, reversible, and irreversible fouling resistance as affected by the pre-filtration MF and
UF membrane pore size

Pre-filtration Rm
a (m−1) Rfouling

b (m−1) Rrev
c (m−1) %Reversible Rirrev

c (m−1) %Irreversible

0.2 μm MF 1.2 × 1011 3.0 × 1012 2.0 × 1012 67.4% 9.7 × 1011 32.6%
0.1 μm MF 1.2 × 1011 6.0 × 1011 5.5 × 1011 91.7% 5.0 × 1010 8.3%
10 kDa UF 1.2 × 1011 2.3 × 1010 2.2 × 1010 97.4% 5.9 × 108 2.6%
1 kDa UF 1.2 × 1011 1.1 × 1010 1.1 × 1010 100.0% 0.0 0.0%

aMembrane intrinsic resistance, Rm, was determined from the relation Lp = 1/μRm, where Lp is the membrane organic phase permeability, and μ
is the organic solvent viscosity (0.0126 Pa s at 20 °C). Membrane permeability (Lp) was determined from the slope of a linear plot of membrane
permeate flux as a function of the differences between applied pressure and intrusion pressure (i.e., Lp = Jv/(ΔP − PI), where Jv is membrane
permeate flux of the organic phase, ΔP is the applied transmembrane pressure, and PI is the membrane organic phase intrusion pressure).54,74
b At the end of each fouling test, a determination was made of the membrane overall hydraulic resistance (RT) being the sum of the intrinsic
membrane resistance (Rm) and fouling resistance (Rfouling).

54,75 The fouling resistance (Rfouling) is the sum of reversible and irreversible fouling
resistances: Rfouling = Rrev + Rirrev.

cMembrane backwash with the permeate organic solvent was conducted by reversing the pump direction at
20 mL min−1 for 2 min. The resistance of the backwashed membrane was then again determined with organic solvent, thereby allowing quantifi-
cation of the combined intrinsic membrane and irreversible fouling resistances expressed as R′T = Rm + Rirrev. Subsequently, Rrev and Rirrev were
determined given the calculated values of RT and R′T.

54,75

Fig. 6 A process flow diagram of the modeled ISPR process for continuous butyric acid extraction from a bioreactor. It is noted that membrane LLE
separator can represent both a membrane contactor and an MBES system, only varying the butyric acid flux and thus the membrane area. The flow
rates are modeled at the scale of butyric acid production rate of 20.6 t h−1 corresponding to a 2000 t day−1 biorefinery feedstock scale consistent
with previous work.63

Green Chemistry Paper

This journal is © The Royal Society of Chemistry 2024 Green Chem., 2024, 26, 9398–9414 | 9407

O
pe

n 
A

cc
es

s 
A

rt
ic

le
. P

ub
lis

he
d 

on
 0

2 
A

ug
us

t 2
02

4.
 D

ow
nl

oa
de

d 
on

 1
2/

27
/2

02
5 

8:
07

:3
1 

A
M

. 
 T

hi
s 

ar
tic

le
 is

 li
ce

ns
ed

 u
nd

er
 a

 C
re

at
iv

e 
C

om
m

on
s 

A
ttr

ib
ut

io
n-

N
on

C
om

m
er

ci
al

 3
.0

 U
np

or
te

d 
L

ic
en

ce
.

View Article Online

http://creativecommons.org/licenses/by-nc/3.0/
http://creativecommons.org/licenses/by-nc/3.0/
https://doi.org/10.1039/d4gc02772h


flash tank and two distillation columns were verified to stay
below the decomposition temperature (220 °C) of Cyanex 923.
The production rate of butyric acid was 20.6 tonnes per hour
(t h−1), which corresponds to a TEA feedstock scale of 2000
t day−1, consistent with previous work.63 The butyric acid purity
was 86.7 wt% with an overall recovery of 94.4 wt%. Additionally,
the organic solvent recycling efficiency was modeled to be
greater than 99.9 wt%, and the unrecovered butyric acid is
modeled as being lost to the aqueous waste stream. In this
process, organic solvent loss (0.007% of Cyanex 923 and 0.16%
of mineral oil) into the aqueous phase76 is consistent with the
estimates from our previous work.77 The aqueous waste stream
was sent for wastewater treatment to remove organics and salts
before recycling back to the process.77

The butyric acid separation cost was determined by estimat-
ing the process total capital expenses (CAPEX) as the sum of
equipment of the major unit operations and the initial
material purchase cost for organic solvent and membrane. The
major pieces of equipment were assumed to have a lifetime of
30 years. The CAPEX estimates were based on quotes of the
commercial products, Aspen scaling model simulations, and
empirical correlations from the literature.77 In addition to
process CAPEX, we also determined the yearly process operat-
ing expenses (OPEX) as a summation of raw material and

utility costs for each process. Specifically, the OPEX includes
the costs for membrane replacement, solvent makeup, other
chemicals (sulfuric acid, ammonium hydroxide, etc.), and
energy consumption for the feed pump and distillation
columns. Energy costs were estimated by solving the electrical,
heating, and cooling demand of the process in Aspen Plus.
Labor costs, maintenance costs, insurance, and taxes were not
factored into the current OPEX estimate.

The CAPEX and OPEX of both the MBES and membrane
contactor-based ISPR processes are shown in Fig. 7A and B
and Tables S10 and S11.† For the membrane contactor-based
ISPR process, as the membrane contactor needs ∼ a 160-fold
larger membrane area compared to the MBES system to
achieve the same butyric acid flux, the membrane cost (initial
and replacement) becomes the major driver contributing to
61% and 53% of CAPEX and OPEX, respectively (Fig. 7B).
While in the MBES-based ISPR process, the membrane cost
only contributes to 4% and 3% of CAPEX and OPEX, respect-
ively (Fig. 7A). All other expenditures in this process model are
assumed to be the same for both MBES and membrane contac-
tor-based ISPR processes. Consequently, the ISPR process
using the MBES unit operation for LLE demonstrated 59.6%
lower CAPEX and 51.6% lower OPEX compared to the one
using membrane contactors with a $10 per m2 estimated mem-

Fig. 7 Comparison of TEA estimates for MBES and membrane contactor-based ISPR processes in terms of (A) CAPEX and (B) OPEX, and sensitivity
analysis regarding (C) membrane cost and (D) MBES operating conditions as well as other major cost factors. The data shown in this figure are pro-
vided in Tables S9–S15.†
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brane cost (including membrane module) for both MBES and
membrane contactor (Fig. 7A and B) consistent with the litera-
ture.78 The overall butyric acid ISPR production cost (sum of
CAPEX and OPEX) was normalized to the total amount of
butyric acid produced. The results showed that the MBES-
based ISPR process contributes to a production cost of $0.22
per kg, which is 51.8% lower than the production cost of $0.46
per kg when using membrane contactors. The production cost
differences between MBES and membrane contactor-based
ISPR processes increase with the estimated cost of membrane,
as shown in Fig. 7C.

Based on our experimental findings, it has become evident
that the MBES system is prone to fouling. Therefore, it is
necessary to implement a more effective pre-filtration step
along with periodic membrane backflush to counteract the
issue. However, this may lead to extra membrane area, system
downtime, and product loss. To assess the impacts of mem-
brane lifetime, extra membrane area and energy consumption
required for pre-filtration, and system downtime and product
loss due to membrane backwashing, as well as phase inline
mixing and other major cost factors such as electricity price
and time factor, we conducted a sensitivity analysis for the
MBES-based ISPR process (Fig. 7D). The baseline case
assumed an MBES membrane lifetime of 3 months, an electri-
city price of $0.0682 per kW per h, and a time factor of 0.9. In
the sensitivity analysis, we evaluated the impacts of varying mem-
brane lifetime (1–12 months), electricity price ($0.03–0.12 per kW
per h), and on-stream time factor (0.80–0.95) on butyric acid pro-
duction cost using the MBES-based ISPR process. Up to a 50%
increase in overall energy consumption was used to simulate the
extra energy consumption for inline mixing and pre-filtration.
The membrane area needed for the pre-filtration step,
∼350 000 m2 for the nth-plant scale of butyric acid production rate
of 20.6 t h−1, was estimated based on the simulated process feed
flow rate of 24 724 L min−1, the membrane permeate flux of 12.6

L m−2 h−1 measured during C. tyrobutyricum fermentation broth
clarification using a commercial regenerated cellulose UF mem-
brane with molecular weight cutoff of 1 kDa (at 3.4 bar and a stir-
ring rate of 400 rpm), and an estimated membrane lifetime of
4 months. The extra system downtime and product stream loss
leading to a 7.5% butyric acid production cost increase was esti-
mated based on our experimental measurements. It is interesting
to know that with the consideration of pre-filtration, inline phase
mixing, and periodic membrane backflush (Fig. 7D), the MBES-
based ISPR process still demonstrated about 30% lower butyric
acid production cost compared to the ISPR with membrane
contactor.

In addition to economics, environmental impacts are
another major concern of the downstream separation process
in the biofuel industry. Notably, the solvent makeup is the
major contributor to GHG emissions of the separation process
(90% and 99% for MBES and membrane contactor-based
ISPR, respectively). Excluding the solvent makeup, the carbon
intensity of the MBES-based ISPR process is 90.8% reduced
relative to membrane contactor, from 21.7 to 2.0 g CO2e per kg
butyric acid (Fig. 8A). The GHG emissions were derived from
the energy and material flows and the membrane and organic
solvent usage of each process (Table S16†). The life cycle GHG
emissions were calculated using a 100-year GHG emission
factor in grams of carbon dioxide equivalent (g CO2e). Other
than solvent makeup, energy and membrane consumption
were the main driving factors. It is noted that the difference in
carbon intensity of the MBES and membrane contactor-based
processes only lies in their membrane material and consump-
tion in terms of membrane material types and area. The PTFE
membrane used for MBES has 16.2 and 13.3 times higher
GHG emissions per membrane area during its production
process than the regenerated cellulose membrane used for pre-
filtration and polypropylene membrane used for the mem-
brane contactor, respectively (Table S16†). Nevertheless, the

Fig. 8 Comparison LCA of MBES and membrane contactor-based ISPR processes in terms of (A) greenhouse gas emissions (excluding solvent
makeup) and (B) other environmental impacts.
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MBES-based process exhibits 90.8% lower GHG emissions
than the membrane contactor-based process due to the
160-fold smaller membrane area needed for MBES (due to its
higher flux) than membrane contactor for the same butyric
acid production rate. In addition to global warming potential,
other impact categories were also considered, and the results
are summarized in Fig. 8B and Table S17.† The case with
MBES exhibits more favorable impacts than the membrane
contactor case in all categories.

Discussion

In this work, we aimed to demonstrate the potential of MBES-
assisted LLE for enabling continuous LLE processes in biopro-
cessing separations. It is worth noting that our proposed ISPR
process with the integration of continuous membrane-based
extraction aligns well with five of the 12 principles of green
membrane processes79 in terms of (i) minimizing processing
steps compared to the traditional batch processes with crystal-
lization and salting-out approaches, (ii) reducing solvent con-
sumption, (iii) promoting closed-loop systems with the inte-
gration of organic solvent and water recycle, (iv) minimizing
buffer tanks and auxiliaries, and (v) minimizing footprint by
adopting a continuous operating mode.

Compared to solvent overlay and membrane contactors, the
use of MBES for solvent extraction of bioproducts can lead to
increased mass transfer rate, complete in-line phase separ-
ation, lower toxicity effects on microorganisms, and higher
bioproduct flux. We also developed a process model which
estimates that MBES-assisted LLE can result in a 55% and
91% reduction in process costs (the sum of CAPEX and OPEX)
and greenhouse gas emissions, respectively, compared to a
membrane contactor. Despite the above advantages, using
MBES in the downstream bioprocessing is challenged by
phase breakthrough and membrane fouling.

The MBES performance evaluation results indicate that
whether phase breakthrough of a selected membrane will
occur depends on the applied pressure (ΔP), which needs to
be between the organic and aqueous phase intrusion pressures
to achieve complete phase separation. The intrusion pressure
is defined as the maximum pressure that the membrane can
withstand without liquid passing through.66,80 Due to the
much higher affinity to the organic solvent of the hydrophobic
PTFE membrane than the aqueous solvent, it is expected that
when the applied pressure is higher than the organic solvent
intrusion pressure but lower than that for water (PI,aq), com-
plete phase separation should be achieved with phase separ-
ation efficiency equivalent to the thermodynamic limit. With
the applied pressure higher than the aqueous phase intrusion
pressure, however, phase breakthrough will be observed as the
aqueous phase has enough driving force to break the capillary
pressure of the organic phase in the membrane pores, leading
to both membrane surface and pores partially wetted by the
aqueous phase. As in the current system setup, where the
transmembrane pressure increases with the feed flow rate (or

pump speed), as indicated by a higher membrane permeate
flux (Fig. S1†), MBES operation conditions and permeate flux
are highly limited by membrane phase intrusion pressures.

In addition to phase breakthrough, membrane fouling is
another major challenge when applying MBES-assisted LLE in
biorefineries. The high membrane fouling propensity observed
for MBES is attributed partly to the high surface hydrophobi-
city of the used PTFE membrane leading to hydrophobic inter-
actions with the foulant molecules. The low crossflow velocity
(i.e., feed flow rate) required to achieve complete in-line phase
separation also limits the shear rate on the membrane surface,
and thus increases adhesion force between the membrane
surface and foulant molecules. Membrane fouling would lead
to not only permeate flux decline, but also membrane wetting,
and thus a reduced transport resistance (or even preferential
transport) of the aqueous phase (Fig. 3B).

The wetted membrane due to both phase breakthrough and
membrane fouling can be regenerated by membrane flushing or
backflushing using pure organic solvent, but as shown in the
process model (Fig. 7D), this will lead to system downtime and
additional energy consumption and organic solvent usage. To
further reduce the cost of the MBES-assisted LLE process, it is
important to prolong membrane service time. The above may be
achieved by optimizing operation conditions and permeate flux,
developing more effective foulant pre-removal strategies, and
designing membranes with larger differences between their
affinity for the aqueous and organic phases (for more flexible
MBES operations). These membranes should also have low
fouling propensity and be suitable for bioprocessing applications.

PTFE membranes, although have various advantages such
as high chemical and temperature resistance, excellent clean-
ing efficacy, long durability, and low hydraulic resistance, are
challenged by the adverse environmental effects related to
their production and disposal. In fact, a new proposal has
been drafted to completely ban the use of PTFE materials
under the EU REACH regulation process,81 and thus there is a
need to seek sustainable membrane alternatives for continu-
ous membrane-based extraction processes.

Other than membrane development for enhanced perform-
ance and sustainability, there are merits to explore the following
research directions and thus further improve ISPR process cost
efficiency and sustainability: (i) the use of a membrane cascade
instead of a single stage MBES unit to achieve increased extrac-
tion efficiency with the same solvent volume usage; and (ii) evalu-
ate the potential solvent alternatives for in situ extraction of bio-
based carboxylic acids and carefully assess their toxicity, extrac-
tion efficiency, recyclability, and availability.

Abbreviations

CAPEX: Capital enpenses
EDS: Energy-dispersive X-ray spectroscopy
EE Extraction efficiency
GHG: Greenhouse gas
HPLC High-performance liquid chromatography
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ISPR: In situ product recovery
KF Karl Fisher
LCA Life-cycle assessment
LLE Liquid–liquid extraction
MBES Membrane-based emulsion separator
MF Microfiltration
Mw Molecular weight
OPEX: Operating expenses
PI Intrusion pressure
PS Phase separation efficiency
PTFE Polytetrafluoroethylene
SEM: Scanning electron microscopy
TEA Technoeconomic analysis
UF Ultrafiltration
ΔGiw Free energy of hydration
ΔP Applied pressure
ϕ Aqueous : organic phase volume ratio
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