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Flexible methanol and hydrogen production from
biomass gasification with negative emissions

Alessandro Poluzzi,@ Giulio Guandalini® and Matteo C. Romano @ *

Bioenergy plants with carbon capture and storage have been recently receiving attention as negative emission
technologies. In this work, a techno-economic analysis of bio-methanol and bio-hydrogen production plants
coupled with carbon capture and storage is conducted. The plants include different gasification technologies
(direct oxygen-blown gasification and indirect gasification) and different CO, capture processes (pre-
combustion MDEA-based and post-combustion MEA-based CO, capture) from different streams, to
achieve increasing CO, capture rates at increasing marginal costs. Moreover, an assessment of the
economic impact of multi-product plants which flexibly produce methanol and hydrogen is carried out.
Overall fuel production efficiencies of between 65.1 and 68.1% have been computed in all cases, showing
a little dependency of energy efficiency on the gasification technology and the final product. In methanol
production plants, a CO, capture rate of between 26 and 55%, depending on the gasification technology,
can be reached via a pre-combustion capture process at a cost of 41-46 € per tco,. In hydrogen
production plants, between 64 and 90% capture efficiency can be reached at a cost of 52-56 € per tco,.
Higher CO, capture efficiency, resulting in CO, residual emissions below 2% of the inlet carbon, can be
achieved via post-combustion capture with a marginal cost of 98-205 € per tco, and an average cost of
47-77 € per tco, Flexible methanol-H, production plants result in the highest capex and the highest
LCOF. However, when considering the time-dependent H, market price, the internal rate of return of
flexible methanol-H, plants is slightly higher or slightly lower than that of the corresponding best single-
product plant. On the other hand, multi-product flexible plants are never the worst case scenario despite
the highest investment costs, thus offering a potential advantage from the financial risk perspective thanks

rsc.li/sustainable-energy

1. Introduction

Hydrogen production from biogenic feedstocks has been
recently receiving attention due to (i) the high added value of
the final product which offers opportunities for the decarbon-
isation of a wide range of sectors (e.g. long-haul transport, high
temperature industrial heating, chemicals, iron and steel), and
to (ii) the possibility of providing negative emissions by
capturing and storing the CO, which is produced within the
conversion process (i.e. bioenergy with carbon capture and
storage ~-BECCS-). For this reason, biomass-to-hydrogen (BtH,)
plants with carbon capture and storage (CCS) are included in
a broader spectrum and scenario analyses as a key option to
meet CO, emission reduction objectives.

Baker et al." investigated several BECCS pathways which may
allow California to reach the target of carbon neutrality by 2045.
The BtH, pathway via biomass gasification shows the lowest
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to lower exposure to market price volatility.

CO, removal cost (25-57 € per tco,) among all the analysed
technologies (e.g. direct air capture, biogas-to-electricity, fast
pyrolysis, etc.). The cost significantly depends on the type and
on the origin of the inlet biomass. BtH, plants guarantee a high
capture rate, as up to 95% of the carbon contained in the
feedstock can be captured.

Bui et al.” analysed the potential to meet negative emission
targets of a series of BECCS plants, among which there are more
mature technologies such as biomass-fired power plants and
biomass-fuelled combined heat and power plants, and less
mature ones such as BtH, plants. The report showed that BtH,
can play a major role in meeting CO, removal targets and that it
is more cost-effective to deploy BtH, plants alongside more
mature BECCS technologies (e.g. biomass-fuelled combined
heat and power plants).

Hannula et al.®> examined the potential of carbon-neutral
synthetic fuels (i.e. biofuel via gasification and electrofuels from
CO, and water using electricity) in decarbonizing road trans-
port. Synthetic fuel plants are expected to have advantages in
long-haul light duty and/or heavy duty options where battery
operated electric vehicles are less competitive. According to the
International Energy Agency (IEA), 26 EJ year ' of biofuels

This journal is © The Royal Society of Chemistry 2022
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would be consumed globally in the transportation sector in
2050.* BECCS plants may cover that consumption in the most
effective way, ensuring higher emission savings than biofuel
plants without CCS and electrofuels. BECCS plants can not only
produce negative emissions, but are also less sensitive to power
sector emissions and they are not dependent on scarce low-
carbon electricity which may limit the deployment of several
technologies in the future.

The most significant techno-economic analyses in the
scientific literature about BtH, plants are summarised in Table
1. The reported studies are mainly focused on large plants (i.e.
100-1700 MW of biomass input) where, in some cases, biomass
is co-fed with coal, and different gasification technologies are
considered, such as oxygen-blown fluidized bed, indirect dual
fluidized bed, and entrained flow oxygen-blown gasification.

Larson et al.’ investigated large-scale gasification-based
systems for producing different biofuels, namely Fischer-
Tropsch (F-T) fuels, dimethyl ether (DME) and hydrogen. In the
hydrogen production plant, biomass is gasified in an oxygen-
blown fluidized bed reactor for producing syngas. Two sour
shift reactors and CO, separation with Rectisol allow for max-
imising the production of hydrogen in the downstream pres-
sure swing adsorption (PSA) system. The biomass-to-hydrogen
process proves to be the most fuel efficient among all the ana-
lysed cases (about 59%). From an economic perspective, the
costs of production are relatively low, favoured by the large size
of the plants (i.e. 13.6 € per GJ for 893 MW of biomass input).
The cost of producing hydrogen is the lowest (per GJ) among all
the fuels examined in the article. The possibility of adding CCS
to the plant was not investigated.

Salkuyeh et al.® performed a techno-economic analysis of
BtH, plants with and without CCS employing two different
gasification technologies, namely dual fluidized bed indirect
steam gasification and oxygen-blown entrained flow gasifica-
tion. The entrained flow reactor allows the downstream syngas
reforming and tar removal to be avoided, but it increases the
plant complexity and capital cost. The syngas conditioning
section is composed of high-temperature and low-temperature
water-gas shift (WGS) reactors in series, placed downstream of
sulphur cleaning, and of MDEA-based scrubbing as a CO,
removal unit. Hydrogen is produced through PSA. When CCS is
included, the oxy-combustion of PSA tail gas is carried out.
When CCS is included, steam and electricity produced by
exploiting PSA tail gas are not sufficient to satisfy the internal
demand, and therefore additional natural gas is burned (3-8%
of biomass input power) in order to increase steam and elec-
tricity production. The entrained flow gasification-based plant
with CCS can capture almost all the CO, produced during the
process. Conversely, the dual fluidized bed option captures only
60% of the produced CO, since only the CO, contained in the
syngas is captured and the CO, from the combustor is emitted.
The entrained flow gasification-based plant allows a higher fuel
efficiency to be achieved compared to the fluidised bed option
(47.5% vs. 37.6%). It is important to highlight that the obtained
fuel efficiencies are significantly lower than those reported in
other articles for similar gasification technologies. The reason
for such low efficiencies cannot be derived from the
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information in the article. Although the two plant configura-
tions with CCS share the same hydrogen production cost, the
integration of CCS is less costly in the case of the entrained flow
gasification-based plant (6.6 € per tco, vs. 9.1 € per tco ).

Antonini et al.” conducted a techno-environmental analysis
of BtH, plants based on three different gasification technolo-
gies, namely indirect dual fluidized bed steam gasification (heat
pipe reformer), sorption-enhanced oxygen-blown gasification
and oxygen-blown entrained flow gasification. The heat pipe
reforming and sorption-enhanced gasification-based plants
share similar units downstream of the gasification section, that
include steam methane reforming, externally heated by the
combustion of PSA tail gas, and a high-temperature WGS
reactor. The entrained-flow gasification-based plant, instead,
does not need syngas reforming, but it includes a low-temper-
ature WGS reactor, downstream of the high-temperature one, in
order to convert the high amount of CO contained in the syngas.
In all the configurations, CO, is removed through MDEA
scrubbing and hydrogen is produced in a PSA unit. The biofuel
plants are studied with and without CCS. When CCS is not
included, the MDEA scrubbing unit is not present. Oxy-
combustion within the combustor of the dual fluidized bed
sorption-enhanced gasification-based plant guarantees addi-
tional CO, capture. Sorption-enhanced and heat pipe reformer
gasification-based plants are more fuel efficient than the
entrained flow option, which requires more biomass per unit of
hydrogen produced due to biomass energy loss in the pre-
treatment process and less efficient gasification process. In
contrast, the entrained-flow gasification-based plant can ach-
ieve the highest CO, capture rate (ie. 98%), since steam
methane reforming is not needed and related emissions from
tail gas combustion are avoided. The sorption-enhanced
configuration can achieve up to a 92% CO, capture rate by
combining MDEA scrubbing with the oxy-combustion within
the gasification section. The heat pipe reforming gasification
option only achieves a 60% CO, capture rate, since a post-
combustion CO, removal technology is not employed for the
flue gas exiting the gasification section.

Del Pozo et al.® investigated the techno-economic potential
of hydrogen production from large-scale coal/biomass (biomass
30%,,) co-gasification plants with CO, capture. A benchmark
plant is compared with three other plant configurations. The
benchmark plant includes oxygen-blown entrained flow gasifi-
cation, two sour-shift reactors, CO, removal with Selexol, PSA
for hydrogen purification and a steam cycle. All the other plant
configurations include entrained flow oxygen-blown gasifica-
tion, high-temperature WGS reactors and membrane-assisted
WGS, which replaces the Selexol absorption and the PSA unit.
The first configuration produces power through oxy-combus-
tion of the membrane-assisted WGS retentate to generate
additional steam for the steam turbine. The second plant
configuration introduces a more efficient entrained-flow gasi-
fication with slurry vaporization and power generation with
a gas turbine fuelled by the purge stream of the CO, cryogenic
purification unit. The third configuration removes the power
cycle, allowing for electricity imports and performing oxy-
combustion of the retentate in order to increase steam
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production and therefore hydrogen production. All the
proposed configurations are proven to be more fuel efficient
than the benchmark (62.9-73% vs. 59.3%) and with a higher or
very close CO, capture rate (91.7-100% vs. 93.8%). The relatively
low hydrogen production cost achieved in all the plants of the
study arises from the low cost of coal feedstocks and the
benefits of the economies of scale provided by large hydrogen
production capacities (13.3-15.7 € per GJ).

Hannula et al. 2021 (IEAGHG)® provided a techno-economic
assessment of several biomass-to-X pathways, among which
BtH, plants without and with CCS are studied. The plant
without CCS includes oxygen-blown fluidized bed gasification,
syngas reforming, two sour shift reactors, Rectisol-based CO,
separation, PSA and a steam cycle. Compression of CO, is
included when CCS is added, as separation of CO, is already
present in the base case. A plant configuration where the CO,
capture rate is maximised (CCS,4y) is included in the analysis
and it consists of capturing with MEA scrubbing the CO, con-
tained in the flue gas produced by the combustion of the PSA
tail gas and char in an auxiliary boiler. The plant with CCS
reaches a CO, capture rate of about 90%. By adding MEA
scrubbing, the capture rate is maximised up to 96.5%. The
economic analysis is based on a first-of-a-kind (FOAK) plant
assumption. The total capital investment of the biofuel
demonstration plant GoBiGas is scaled up from 30 MWy to
103 MWy of biomass input. CCS components (i.e. CO,
compression and post-combustion CO, capture) are added on
top of the total capital investment. This analysis leads to
a higher cost compared to other studies in the scientific litera-
ture. The integration of CCS starting from the base case costs
about 20 € per tgo,. A cost of 92 € per tco, is required in order to
maximise the CO, capture rate through the addition of MEA
scrubbing.

In a carbon constrained economy with the objective of
reaching net zero CO, emissions, biomass represents a scarce
resource. Therefore, it is fundamental to make the best use of
biogenic carbon according to market and societal needs and to
sustainability criteria. The possible uses of biomass include its
combustion to generate electricity and/or heat, and its
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conversion into a high value product (e.g. carbon-based prod-
ucts, bio-hydrogen, and biochar). As discussed in ref. 10 bio-
energy plants integrated into the broader energy system may be
required to cope with the intermittency of renewable energy
sources (RES), that lead to variable prices of electricity on hourly
time-scales and may lead to variable hydrogen prices on daily-
monthly time scales depending on the cost of storage and on
the flexibility of the market demand. Therefore, the expected
time-dependent relative values of power, carbon-based prod-
ucts, hydrogen, and sequestered CO, may lead to economic
benefits for plants integrated with electrolysis units increasing
carbon utilization and product yield during low electricity price
periods'™** and for multi-product plants operated flexibly to
produce goods generating the highest revenues.

In this work, a techno-economic analysis of biomass-to-
methanol and biomass-to-hydrogen plants with CCS is carried
out, with the following main original outcomes:

(i) The calculation of the cost of CO, avoided for different
products (methanol and hydrogen), different gasification tech-
nologies (direct oxygen-blown and indirect gasification) and
different CO, capture strategies (pre-combustion MDEA-based
and post-combustion MEA-based CO, capture);

(i) The assessment of the economic impact of the design of
plants with flexible production of methanol and hydrogen,
when hydrogen is subject to time-dependent market prices.

2. Plant description

The following BECCS plants have been assessed in this work:

- The biomass-to-methanol plant, based on O,-blown fluid-
ized bed direct gasification (BtM DG);

- The biomass-to-methanol plant, based on dual fluidized
bed indirect gasification (BtM IG);

- The biomass-to-hydrogen plant, based on O,-blown fluid-
ized bed direct gasification (BtH, DG);

- The biomass-to-hydrogen plant, based on dual fluidized
bed indirect gasification (BtH, IG).

The block diagrams of the four assessed processes are shown
in Fig. 1-4. All the plant configurations combine the same

As received Dried Raw Reformed
biomass biomass syngas Autoth || synsas
Dryer Direct gasification utotherma WGS reactor 2 Syng.as
Reformer cleaning
A
SteamT 0, |—> Bio-char 0, Flue
gas
Air internal Flue
nterna gas MEA €O, co,
ASU combustion .
N CO, capture compression
Offgas ,—’ engine
| | CO, to storage
Raw Syngas
Methanol methanol Methanol M=2 | |ntercooled MDEA Intercooled
purification synthesis compression CO, capture compression

|—> Methanol

Fig. 1 Block diagram of the direct gasification-based biomass-to-methanol plant.
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Fig. 2 Block diagram of the indirect gasification-based biomass-to-methanol plant.
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Fig. 3 Block diagram of the direct gasification-based biomass-to-hydrogen plant.
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Fig. 4 Block diagram of the indirect gasification-based biomass-to-hydrogen plant.
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Tablel Summary of the selected recent literature on biomass-to-hydrogen plants. All the cost data are converted to 2019€. When not specified
in the original paper, the currency year is assigned as: (year of publication — 1)

Biomass input and

gasification and syngas CO,
cleaning and conditioning capture PSA Fuel CO, capture Main data for economic
Reference technology efficiency  H, recovery efficiency rate analysis Cost of product
Larson Biomass input: 893 MW, ~100% 95% 58.9% — Biomass cost: 4.0 € per No CCS: 13.6 € per
et al. 2009°  20% wt moisture. GJ GJ
0,-blown fluidized bed TCI no CCS CCS: -
gasification, thermal/ (per kWpyoa): 1018 €
catalytic cracking, two sour per kW
shift reactors, Rectisol, TCI CCS (per kWproa)“: -
PSA, steam cycle.
Salkuyeh Biomass input: 1677 MW,  N/A N/A 37.6% 60% Biomass cost: 4.6 € per No CCS: 24.7 € per
et al. 2018°  5.8% wt moisture. GJ GJ
Indirect dual fluidized bed TCI no CCS (per CCS: 27.9 € per GJ
steam gasification, syngas KkWpoa): 982 € per kW
reforming, high-T and low- TCI CCS (per kWpoqa): CO, avoidance
T WGS reactors, MDEA, 1293 € per kW marginal cost: 9.1 €
PSA, steam cycle (boiler fed per tco,
with oxygen and additional
natural gas -CCS- or with
air -no CCS-).
Salkuyeh Biomass input: 1327 MW,  N/A N/A 47.5% ~100% Biomass cost: 4.6 € per No CCS: 27.1 € per
et al. 2018°  5.8% wt moisture. GJ GJ
Entrained flow O,-blown TCI no CCS (per CCS: 27.9 € per GJ
gasification, high-T and KkWp,oa): 1845 € per kW
low-T WGS reactors, MDEA, TCI CCS (per kWpoa): CO, avoidance
PSA, steam cycle (boiler fed 2033 € per kW marginal cost: 6.6 €
with oxygen and additional per tco,
natural gas ~CCS- or with
air -no CCS-).
Antonini Indirect dual fluidized bed 98% 90% 58-65% 60% N/A N/A
et al. 20217  steam gasification (heat
pipe reformer), syngas
reforming, high-T WGS
reactor, MDEA (if CCS),
PSA, steam cycle.
Antonini Sorption-enhanced O,- 98% 90% 60-82% 60% (oxy- N/A N/A
et al. 20217 blown gasification, syngas comb) 92%
reforming, high-T WGS (oxy-comb +
reactor, MDEA (if CCS), MDEA)
PSA, steam cycle.
Antonini Entrained flow O,-blown 98% 90% ~55% 98% N/A N/A
et al. 20217  gasification, high-T and
low-T WGS reactors, MDEA
(if CCS), PSA, steam cycle.
Del Pozo Coal & biomass input: 1255 95% 90.5% 59.3% 93.8% Biomass cost: 6.5 € per No CCS: -
et al. 2021° MW, 30% wt biomass. GJ
Entrained flow O,-blown Coal cost: 2.7 € per GJ  CCS”: 15.7 € per GJ
gasification, two sour shift TCI no CCS (per
reactors, Selexol, PSA, kwWprod): -
steam cycle. TCI CCS (per kWprod):
~1530 € per kW
Del Pozo Coal & biomass input: 1255 — — 1. 62.9%, 1.~100%, Biomass cost: 6.5 € per No CCS: -
et al. 2021° MW, 30% wt biomass. 2.67.5%, 2.91.7%, aJ
Entrained flow O,-blown 3.73.0% 3. ~100% Coal cost: 2.7 € per GJ  CCS”: 1. 14.3 € per

gasification, high-T WGS
reactor, membrane-
assisted WGS. 1. Steam
cycle. 2. More efficient
gasification + gas turbine.
3. No power cycle
(electricity import) + more
steam to increase H,
production.

3834 | Sustainable Energy Fuels, 2022, 6, 3830-3851

TCI no CCS (per
kwprod): -

TCI CCS (per kWp,oq):
1. ~1370 € per kW,
2. ~1250 € per kW,
3. ~1140 € per kW

GJ, 2. 13.8 € per GJ,
3.13.3 € per GJ
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Table 1 (Contd.)
Biomass input and
gasification and syngas CO,
cleaning and conditioning capture PSA Fuel CO, capture Main data for economic
Reference technology efficiency  H, recovery efficiency rate analysis Cost of product
Hannula Biomass input: 103 MW, 97% 86% 56.9% 89.9% Biomass cost: 2.8 € No CCS: 38.0 € per
etal. 2021  15% wt moisture. (Rectisol) (Rectisol) per GJ GJ
(IEAGHG)’  O,-blown fluidized bed 90% 96.5% TCI no CCS (per CCS: 41.2 € per GJ
gasification, syngas (MEA) (Rectisol + KkWp,0q): 6633 € per kW
reforming, two sour shift MEA) TCI CCS (per kWp0q):  CO, avoidance

reactors, Rectisol, PSA,
steam cycle, MEA (if
CCSpmax)-

6679 € per kW marginal cost: 20.3
€ per teo,
TCI CCSppax (per CCSpax: 42.2 € per
KkWpoa): 6847 € per kW GJ
CO, avoidance
marginal cost: 92.2

€ per tco,

“ The overnight capital cost is reported. > CO, credit of 50 € per t is included.

fundamental conversion steps, namely biomass drying and
gasification, syngas purification, conditioning and compres-
sion, final product synthesis and purification, and CO, removal
and compression. All the plants are self-sufficient in terms of
heat and steam balance, while grid electricity can be imported.

A description of the plant units and of the calculation
methods is given in the next sections. Extensive tables with the
properties of the main streams and the main calculation
assumptions are reported in the ESI material (Table A1-A11).}
Assumptions and calculation methods are consistent with our
previous studies on power and biomass to methanol plants.*"*?

The process models are developed using Aspen Plus®, which
is used to compute the mass and energy balances of the inte-
grated plants. The computations are conducted for a biomass
input of 100 MW} y. The proximate and the ultimate analysis of
the as-received woody biomass are assumed from the litera-
ture*® and are reported in the ESI material.{ Different thermo-
dynamic models are considered for the different plant sections.
The general model is the RKS-BM model that is complemented
by the SRK model in the methanol synthesis section, the NRTL
model in the methanol purification section, the ELECNRTL
model in the water scrubber and the IAPWS-95 model for pure
water streams.

2.1. Syngas production

The as-received woody biomass is fed to a belt dryer to reduce
the moisture content from 45% to 15%, before feeding it to the
gasification island. A detailed description of the belt drier can
be found in the previous papers*'> and design specifications
are reported in the ESI material (Table A11).}

In the direct gasification-based plants (Fig. 1 and 3), the
gasifier is a pressurized circulating fluidized bed (CFB) which is
fed with a mixture of steam and oxygen. Therefore, the gasifi-
cation process is thermally sustained through the partial
oxidation of biomass by means of oxygen from an air separation
unit (ASU). Most of the inlet carbon remains in the nitrogen-free

This journal is © The Royal Society of Chemistry 2022

syngas as CO, CO, and CH,, while a minor part is extracted from
the fluidized bed as unconverted char.

In the indirect gasification-based plants (Fig. 2 and 4), the
gasifier is a dual fluidized bed, constituted by a bubbling
fluidized bed (BFB) gasifier and a circulating fluidized bed
(CFB) combustor. A solid heat carrier material (e.g. olivine)
circulates between the higher temperature combustor and the
lower temperature gasifier to provide the heat required for
biomass gasification. The heat is generated from the combus-
tion with air of the unconverted char that flows from the gasifier
to the combustor, and of additional biomass. A post-combus-
tion CO, removal unit based on MEA scrubbing allows the
capture of CO, from the flue gas generated in the combustor.

A detailed description of the model and of the design spec-
ifications of the gasification technologies can be found in ref.
12. The operating conditions are displayed in Table 2 and the
comparison of the simulated syngas composition with literature
data both for DG and IG is reported in the ESI material (Table
A12).§

The aforementioned gasification processes generate
a nitrogen-free syngas, which contains a significant amount of
tar and methane. A catalytic auto-thermal reformer (ATR) unit is
included downstream of the gasifier and a high temperature
filtration unit, in order to convert methane and tar into CO and
H,. The ATR is fed with oxygen produced by an ASU with a purity
of 95%mo1,"* Using catalysts designed to operate on raw syngas.'®
A restricted equilibrium calculation approach has been adopted
for the ATR, assuming 90% methane conversion and complete
conversion of higher hydrocarbons. Information about the
operating conditions of the ATR for both the configurations is
reported in Table 2.

The reformed syngas must be further conditioned, cleaned
and compressed before the final product synthesis and purifi-
cation. In all the configurations, a water scrubber allows the
removal of soluble contaminants contained in the syngas, such
as ammonia and chlorine. Bulk sulfur removal is performed
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Table 2 Gasifiers and autothermal reformer operating conditions and exit gas composition

Parameter DG 1G
Gasification

Gasifier outlet temperature, °C 870.0 815.0
Gasifier outlet pressure, bar 4.0 1.4
H,, %mer dry, Ny, Ar free 34.3 44.7
CO, %me dry, Ny, Ar free 25.0 23.1
COy, %o dry, Ny, Ar free 29.6 19.9
CHy, %mol dry, N,, Ar free 7.6 9.7
C,Hy, %mo dry, Ny, Ar free 3.4 2.6
H,0, %m0 40.2 36.3
Syngas module at the gasifier outlet 0.09 0.58
Syngas flow rate, kmol h™* 2058 1707
Char conversion in the gasifier, % of inlet C 95.50 83.00
Biomass to gasifier, % of inlet biomass 100.0 86.0
Oxygen input, kg s* 1.93 —
Carbon efficiency, % of inlet C 95.50 71.39
Fuel efficiency, % v of dried biomass 79.62 77.89
Flow rate of solids from the combustor to the gasifier, kg s™* — 169.32
Syngas reforming

Reformer outlet temperature, °C 915.0 800.0
Oxygen input, kmol h™* 71.2 55.5
H;, %mer dry, Ny, Ar free 45.93 56.46
COy, %ol dry, Ny, Ar free 24.28 17.87
CO, Y%mer dry, Ny, Ar free 29.17 24.91
S/C at the reformer inlet 1.0 1.0
Syngas module at the reformer exit 0.41 0.90

using a liquid redox unit (LO-CAT process'®), where H,S is
converted into elemental sulfur and water by reaction with an
iron oxygen carrier. The system is simulated as a black box, with
data from ref. 17. An activated carbon bed and sulfur scav-
enging units, which are used to remove trace contaminants, are
placed upstream of the last compression stage at a pressure of
about 50 bar in methanol production plants, and upstream of
the PSA at about 30 bar in hydrogen production plants.

2.2. Biomass-to-methanol plants

The methanol production plants must be fed with syngas with
a module M = (H, — CO,)/(CO + CO,) of around 2, which is
achieved through syngas conditioning by means of a WGS
reactor and/or CO, removal unit.

Downstream of the ATR in the DG-based plant, the syngas is
cooled down to 220 °C and partly (about 27.4% of the total flow
rate) fed to the adiabatic sour WGS reactor, which allows the
adjustment of the syngas composition prior to the CO, removal
step. The WGS inlet temperature is close to the lower end of the
temperature range given by ref. 18 for raw gas shift (200-500
°C). A lower inlet temperature may also cause the condensation
of residual tars.” It has to be remarked that conventional
cobalt-molybdenum-based WGS catalysts require
a minimum content of sulfur compounds in the dry raw gas of
about 100-1500 ppm to maintain the catalyst activity.'® With the
biomass and the gasification conditions assumed in this study,
the sulfur content in the sour WGS after direct gasification is
around 100 ppm, meaning that the operating conditions should
be validated with a catalyst vendor and the use or blending with

sour
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higher sulfur biomass may be considered. In the IG-based
plant, the WGS reactor is not present since the syngas compo-
sition does not require adjustments prior to CO, removal.

After bulk cleaning, syngas undergoes a compression to 30
bar through a 4-stage and a 6-stage intercooled compressor in
DG- and IG-based plants, respectively. In all the configurations,
the intercooler outlet temperature is 40 °C and the pressure
ratio per stage Bgage is about 1.8, leading to gas temperature at
the outlet of each compression stage below 115 °C.

A pre-combustion CO, removal unit based on MDEA scrub-
bing at 30 bar allows the removal of the CO, contained in the
syngas. In the DG-based plant, 95% of the CO, is separated from
the syngas,” while in the IG-based plant, 90% of the CO, is
removed to achieve the target module upstream of the methanol
synthesis.

In BtM plants, a 2 stage intercooled compressor allows the
pressure of the conditioned syngas to be increased to about 90
bar, which is the operating pressure of the methanol synthesis
reactor. Downstream of the syngas purification, conditioning
and compression steps, the fresh syngas with a module of 2.05
is fed to the methanol synthesis island.

The main features of the syngas conditioning process and
the delivered syngas properties are summarized in Table 3.

The fresh syngas is first mixed with the unconverted recycled
gas and then preheated in a feed/effluent heat exchanger,
upstream of the methanol synthesis reactor. The stream from
the methanol reactor is cooled down to 40 °C and separated in
a flash unit from the light gases which are recycled back to the
reactor.

This journal is © The Royal Society of Chemistry 2022
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Table 3 Main features of the syngas conditioning island
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Parameter BtM DG BtM IG BtH, DG BtH, IG
Syngas conditioning

WGS bypass, % 72.56 — — —
WGS reactor(s) inlet temperature, °C 220 — 220/220 300/180
Steam addition to the WGS reactor, kg s™* — — — 3.0

CO, separation efficiency, % of inlet CO, 95 90 95 95
Conditioned syngas properties

Temperature, °C 115.2 115.0 40.0 40.0
Pressure, bar 92.0 92.0 30.2 30.2
Mass flow rate, kg s~ * 3.83 3.73 1.70 1.39
Molar flow rate, kmol h™* 1218 1214 1234 1218
H,, %me dry, Ny, Ar free 67.33 67.32 93.41 94.77
CO,, %omer dry, Ny, Ar free 1.94 2.12 3.27 2.44
CO, Y%mor dry, Ny, Ar free 29.96 29.69 2.56 1.93
CH,, %me dry, Ny, Ar free 0.77 0.87 0.76 0.86
CO/CO, 15.44 14.02

Methanol synthesis is performed in a multi-tubular fixed bed
reactor filled with commercial Cu/ZnO/Al,0; catalyst (CZA)
pellets and externally cooled by boiling water (i.e. boiling water
reactor, BWR). The methanol synthesis is modeled using Aspen
Plus as a plug flow reactor with the kinetic model proposed by
Vanden Bussche et al.** Detailed information on the thermo-
dynamics and the kinetics of the methanol reactor model can be
found in ref. 22. The methanol synthesis reactor features a tube
length of 6 m and diameter of 40 mm, a boiling water temper-
ature of 238 °C and catalyst specifications as reported in Table
A11 in the ESI material. Moreover, the number of tubes in the
reactor depends on the selected gas hourly space velocity
(GHSV, defined as Nm® h™" of reactor feed per m* of inner
volume of reactor tubes). In this work, the plants are designed
with a GHSV of 5000 h™* and a recycle ratio (RR, defined as the
molar flow rate of the recycle stream divided by the molar flow
rate of the fresh syngas) of 5.

The performance of the methanol synthesis unit is evaluated
through the methanol carbon yield defined in eqn (2-1) and the
methanol productivity (defined as the methanol produced per
unit mass of the catalyst), where the produced methanol Fy out
refers to the flow rate of liquid methanol downstream of the
flash separator.

Yield = FM, out — FM, in

— 2-1
(Fco, + Fco);, 1)

The two methanol production plants have the same design
specifications and a very similar CO/CO, ratio of the inlet
syngas. As a consequence, the size and performance of the two
systems are comparable (Table 4).

The raw product, rich in methanol and water with other trace
species (low boiling components and ethanol), enters the
purification section at 2 bar and about 40 °C, after throttling.
Two distillation columns in series are employed; the first one
removing most of the incondensable gases and the second one
aimed at concentrating the methanol up to the desired purity of
99.85%4y:. Methanol recovery is at least 99.5%p,, in both

This journal is © The Royal Society of Chemistry 2022

columns. The first column, i.e. the stabilizing column, accom-
plishes the separation with 20 trays, while the second one, i.e.
the concentration column, performs the separation with 40
trays. The performance of the two plants is similar, as shown in
Table 4.

The purge from the methanol synthesis and purification
units contains a significant amount of light gases, whose
heating value is exploited either in a cogenerative internal
combustion engine (ICE) for electricity and steam production in
the case of DG-based plants or in a boiler for steam production
in the case of IG-based plants.

2.3. Biomass-to-hydrogen plants

The hydrogen production plants are designed with two WGS
reactors with intercooling in order to increase the hydrogen
fraction in the syngas. In the DG-based plant, two adiabatic sour
WGS reactors are placed upstream of the compression step and
operated at about 4 bar, similar to the gasifier. Both WGS
reactors operate with an inlet temperature of 220 °C. The overall
CO conversion in the WGS section is 93.1%. The first and
second WGS reactors convert 75.5% and 71.9% of the inlet CO,
respectively. In the IG-based configuration, the WGS section is
placed downstream of syngas cleaning and compression and
operates at about 30 bar. The first is a high-temperature WGS
reactor with iron-based catalysts, fed with syngas at 300 °C,
complying with the temperature range indicated by ref. 18 (300-
510 °C). Upstream of the reactor, the syngas is mixed with
superheated steam at 250 °C, with the flow rate tuned to reach
a reduction factor R = (pco + pu,)/(pco, + Pr,o0) equal to 1.3,
where p; is the partial pressure of the given species. Such a value
is selected in order to avoid over-reduction of Fe;O, in Fe-based
high-temperature shift catalysts.*® Since the syngas contains
a very low amount of water at this step, a relatively high quantity
of superheated steam (3.0 kg s~ ') must be added in order to
reach the target value of the reduction factor. The second
reactor is a low-temperature shift with copper-based catalysts.
Syngas is fed at 180 °C, complying with the temperature range
for low-temperature shift (180-270 °C).*® The first and second
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Table 4 Main features of the methanol synthesis and purification processes

Parameters BtM DG BtM IG
Methanol synthesis

Number of tubes 4345 4331
GHSV, h™* 5000 5000
RR, molar basis 5.0 5.0
Recycle flow rate, kmol h™* 6090 6071
Methanol yield per pass, % 63.74 69.33
Overall methanol yield, % 98.31 98.77
Syngas module at the reactor inlet 5.66 6.81
Inert (CH,, Ny, Ar) concentration at the reactor inlet, %01 44.90 40.15
Syngas temperature at reactor inlet, °C 187.4 186.35
Thermal power released by the reactor, MW 6.95 6.86
Methanol concentration at the reactor outlet, %01 6.22 6.29
Methanol concentration at the flash unit outlet, %, 93.07 92.54
Methanol productivity, kg day " kge,, " 13.03 13.21
Methanol purification

Inlet mass flow rate, kg s~ 3.46 3.50
Inlet molar flow rate, kmol h™* 398 405
Inlet methanol concentration, %1 93.07 92.54
Inlet H,O concentration, %, 4.77 5.51
Stabilizing column

Condenser duty, MW 0.013 0.012
Reflux ratio 0.11 0.11
Reboiler duty, MW 0.84 0.85
Concentration column

Condenser duty, MW 5.84 5.97
Reflux ratio 0.63 0.64
Reboiler duty, MW 5.68 5.81

WGS reactors convert 63.4% and 82.2% of the inlet CO,
respectively, leading to an overall CO conversion of 93.5%.

Syngas compression to 30 bar is carried out through a 4-stage
and a 6-stage intercooled compressor, respectively in DG- and
IG-based plants. In all the configurations, the intercooler outlet
temperature is 40 °C and the pressure ratio per stage Bgge iS
about 1.8, leading to gas temperature at the outlet of each
compression stage below 115 °C.

In both DG- and IG-based plants, a pre-combustion CO,
removal unit based on MDEA scrubbing at 30 bar allows the
removal of 95% of the CO, contained in the syngas.

Downstream of CO, removal, H,-rich syngas at 30 bar is fed
to the PSA unit without additional compression. The syngas
specifications for the plant configurations are shown in Table 3.
The products of the PSA system are hydrogen with a purity of
higher than 99.99%,,, at 30 bar and a tail gas stream at atmo-
spheric pressure. The hydrogen separation efficiency of the PSA
is assumed to be 90%.>*

The heating value of the light gases in the PSA tail gas is
exploited either in a cogenerative internal combustion engine
(ICE) for electricity and steam production in the DG-based plant
or in a boiler for steam production in the IG-based plant, as
discussed in Section 2.5.

3838 | Sustainable Energy Fuels, 2022, 6, 3830-3851

2.4. CO, capture

The studied plants are designed to capture the CO, produced
during the conversion of biomass into the final product. As
a consequence, the carbon which is captured from the air
during the biomass growth can be stored underground result-
ing in a negative emission process.

The technologies considered in this work for CO, separation
are pre-combustion and post-combustion chemical absorption
processes based on MDEA and MEA solvents respectively. In
methanol production plants, CO, is removed by means of
MDEA scrubbing in order to reach the target module necessary
for the downstream synthesis. In hydrogen production plants,
CO, is removed from the syngas in order to obtain a high-purity
CO, stream. The post-combustion technology may be employed
in all the plant configurations in order to increase the overall
CO, capture rate. The IG-based plants adopt MEA scrubbing to
separate the CO, from the flue gases coming from both the CFB
combustor and from the PSA tail gas boiler. The DG-based plant
uses post-combustion technology in order to separate the CO,
from the flue gas of the ICE which burns the off-gas of the
methanol synthesis and purification. The amount of high-purity
CO, coming from the amine scrubbing units changes signifi-
cantly according to the gasification technology and the product.
As shown in the ESI material (Table A1-A10),} the mass flow
rate of separated CO, with MDEA ranges between 2.79 kg s * of
the BtM IG case, where most of the carbon is retained in the

This journal is © The Royal Society of Chemistry 2022
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product and released as CO, from the combustor, and 9.09 kg
s ! of the BtH, DG case, where most of the carbon has to be
separated as CO, from the syngas. The mass flow rate of sepa-
rated CO, with MEA is 0.20 and 0.92 kg s~ for BtM DG and BtH,
DG respectively. For IG-based plants, 2.88 kg s~ is separated
from the flue gas of the CFB combustor and 0.19 and 0.73 kg s~
from the flue gas of the boiler for BtM IG and BtH, IG
respectively.

As the selected amine scrubbing processes are well-known
commercial technologies, the CO, removal units are not
modelled in detail, but the amount of CO, to be separated is set
to 90-95%, as mentioned in Sections 2.2 and 2.3. The reboiler
duty of the stripping column is set to 1 MJ kgco, ' for MDEA?*2”
and 3.7 MJ kgeo, ' for MEA scrubbing.?® The electricity
consumption of the two technologies, that has a little impact on
the overall electricity balance, is derived from ref. 29. CO, is
assumed to be released from the stripping columns with 100%
purity (dry basis) at near atmospheric pressure.

Once separated in the respective amine scrubbing units, the
captured CO, stream is sent to the compression unit, composed
of an intercooled compressor followed by a pump. The 5-stage
intercooled compressor pressurizes the CO, up to 80 bar with
a pressure ratio per stage of about 2.3 and an intercooler outlet
temperature of 40 °C. Downstream of the last compressor,
supercritical CO, is pumped up to 150 bar. The overall elec-
tricity consumption of the compression process is 0.11 kW hg;
kgco, ', which is consistent with the literature.*

2.5. Thermal integration

Biomass-to-X plants make available significant amounts of heat
to be recovered from many sources (e.g. hot syngas, flue gas,
methanol synthesis, etc.). However, a great amount of the
recovered heat is needed to provide heat for amine regenera-
tion, for methanol purification, and to generate steam for the
gasification unit. This can be partly supplied by the combustion
of the tail gas from the methanol synthesis process and from
the PSA for hydrogen purification. Such off-gases are exploited
either in a cogenerative ICE for electricity and steam production
(in DG-based plants), or in a boiler for steam production (in IG-
based plants). IG-based plants face a higher heat demand
compared to DG-based plants due to the larger capacity of the
post-combustion CO, separation process, which is more energy
intensive. In the DG-based plants, the energy balance of the ICE
is evaluated by using linearized equations derived from ref. 30.
Such equations allow computation of the electric power, the net
electric efficiency, the thermal power and thermal efficiency of
the ICE. ICEs feature an electric efficiency of between 44.7 and
46.4% and a thermal efficiency of between 44.4 and 45.6%. The
flue gases exit the ICE at 400 °C and are cooled down to 100 °C
by recovering 18.6-19.8% of the fuel energy input. The rest of
the heat is transferred to the cooling circuit of the ICE and can
be recovered at low temperature, if required. In the IG-based
plants, the high temperature flue gases from the boiler are first
cooled down to 160 °C by steam generation and then to 80 °C for
combustion air pre-heating.

This journal is © The Royal Society of Chemistry 2022
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In Table 5, the heat available and the thermal loads are
shown for each plant configuration. The available high
temperature heat is much higher in the IG-based plants
compared to the DG cases. This is due to the high temperature
flue gas from the CFB combustor and to the tail gas boiler. The
methanol production plants require boiling water for the cool-
ing of the reactor, which is not present in the hydrogen
production plants. The availability of low temperature heat is
similar among the BECCS plants. The methanol production
plants can exploit a considerable amount of thermal power
from the methanol cooler upstream of the flash unit and the
purification section. The hydrogen production plants have
higher heat recovery potential in the CO, compression section
due to the higher CO, mass flow rate. The DG-based plants can
exploit the heat recovery from the cooling circuit of the ICE.

As previously mentioned, the IG-based plants require larger
amounts of heat due to the higher amount of CO, separated
with the post-combustion capture technology. The BtM DG-
based plant has a similar thermal consumption to the BtH, DG
configuration because the heat required by the reboiler of the
methanol concentration column balances the higher heat
requirement of the CO, removal units which handle a higher
mass flow rate to be separated. The same happens with the IG-
based plants which share a similar amount of high temperature
heat consumption. The low temperature heat demand is the
same for all the configurations and is related to the hot water
requirement of the belt dryer. Steam generation is required for
the gasification unit mainly for fluidizing the bed and for
sealing and cleaning purposes. In BtH, IG, superheated steam
is required for the high temperature WGS reactor in order to
avoid catalyst over-reduction, as described in Section 2.3.

The thermal integration for all the configurations depends
on the heat available and the thermal loads within the plant. In
none of the biomass-to-X plants, heat is recovered with a steam
cycle as the high heat demand for CO, removal does not leave
heat available for power generation or does not make it
economically competitive to produce very small electric power
output. Furthermore, the technical constraint related to the
metal dusting,*" which forbids superheating the steam with the
syngas cooler, involves low superheating temperature and low
steam cycle efficiency. Therefore, steam/water loops are adopted
in all the configurations to transfer heat from waste heat sour-
ces to the heat users. The TQ diagrams of the four plants are
reported in Fig. A5-A8 (ESI material).}

In the BtM DG plant, as shown in the temperature heat
diagram in Fig. A5,7 two water loops at different evaporation
pressures are adopted. In the high pressure loop, the evapora-
tion pressure (32.2 bar) is fixed by the methanol reactor. The
saturated steam from the BWR is condensed back to provide
heat to the distillation column reboilers. The evaporation
pressure of the low pressure loop is 6 bar. In the syngas cooler
upstream of the sour WGS reactor, steam is evaporated. Part of
it is slightly superheated to 200 °C and fed to the gasifier and the
remaining part is supplied to the MDEA and MEA reboilers.

Similarly to the previous configuration, the BtM IG plant
(Fig. A6t) adopts two water loops for heat recovery. As in the
previous case, the high pressure loop at 32.2 bar is fixed by
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Table 5 Heat availability and thermal loads of the assessed plants
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Thermal loads BtM DG

BtM IG BtH, DG BtH, IG

High-medium temperature 24.24
heat available (suitable for

steam generation, amine

regeneration, and methanol

purification), MWy,

Flue gas cooler —
Syngas cooler 1
Syngas cooler 2¢ —
Clean syngas cooler 1 —
Clean syngas cooler 2° —
Methanol synthesis
ICE flue gas

Tail gas boiler

Low temperature heat
available (suitable for
biomass drying), MWy,
Syngas compressor
intercoolers 1

Syngas compressor
intercoolers 2°

Clean syngas cooler 3 —
Methanol cooler 7.75
CO, compressor intercoolers 2.41
ICE low temperature water 1.73
cooler

Medium temperature heat
demand, MWy,

Stabilizing column reboiler,
MW,

Concentration column
reboiler, MW,
Pre-combustion CO, capture
(MDEA), MWy,
Post-combustion CO, —
capture (MEA) (comb.
Fraction), MWy,
Post-combustion CO,
capture (MEA) (ICE/boiler
fraction), MWy,

Low temperature heat demand
(for biomass drying), MWy,
Steam generation, m [kg

s YT [°C)/p [bar]

4.25

0.78

12.58
0.84

5.68

0.74

13.04

2.66/200/6%
0.80/200/6

32.46 21.20 35.95

9.64 —
11.27 16.79
— 3.73

9.64
11.27

1.90
1.67
6.86 — —
— 0.68 —
4.69 11.47

17.08 14.33 15.14

5.78 5.33 5.02

0.77 — —

5.59
7.98 — —
2.55 4.36 4.53
— 4.64 —
20.83

12.49 20.14

0.85 — —
5.81 — —

2.79 9.09 6.78

10.66 — 10.67

0.72 3.40 2.69

13.04 13.04 13.04
2.62/400/4%
0.69/180/4

3.00/250/33

2.66/200/6%
0.80/200/6

2.62/400/4%
0.69/180/4

¢ Syngas cooler 2 is z)laced in between the sour WGS reactors. Syngas cooler 1 is the heat exchanger immediately downstream of the gasification and

reforming section.

Clean syngas cooler 2 is placed downstream of the low-temperature WGS reactor. Clean syngas cooler 1 is in between high-

temperature and low temperature WGS reactors. © Syngas compressor intercoolers 2 correspond to the compressor which performs compression
prior to methanol synthesis (up to 90 bar). ¢ The first row corresponds to the gasifier fluidization steam. The second row includes steam for
sealing and cleaning purposes in the gasification section. The third row is the steam addition to the high-temperature WGS in BtH, IG.

methanol reactor cooling. Saturated steam is sent to the distil-
lation column reboilers. In the low pressure loop, the evapora-
tion takes place at 4 bar with part of the cooling of the flue gas
from the CFB combustor, the syngas cooling upstream of the
water scrubber and the flue gas cooler downstream of the boiler.
Part of the saturated steam is preheated to 400 °C (fluidizing
steam) and to 180 °C (steam for cleaning and sealing purposes)
through the heat provided by the flue gas from the CFB

3840 | Sustainable Energy Fuels, 2022, 6, 3830-3851

combustor. The remaining part of the produced steam supplies
heat to the MDEA and MEA reboilers.

The BtH, DG plant (Fig. A7) has one low pressure water loop
at 6 bar. The evaporation is carried out in the syngas cooling
section and with part of the flue gas cooler downstream the ICE.
The saturated steam is partly superheated to 200 °C and sent to
the gasifier. The remaining steam provides heat for the regen-
eration of MDEA and MEA.

This journal is © The Royal Society of Chemistry 2022
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The BtH, IG plant (Fig. A8t) adopts two water evaporation
levels. The high pressure level is needed to provide steam to the
WGS reactors. Steam is evaporated at 33 bar and slightly
superheated to 250 °C in the syngas cooler upstream of the
water scrubber. The low pressure loop operates at 4 bar. The
heat sources exploited for steam evaporation are the hot syngas
upstream of the water scrubber, the flue gas from the CFB
combustor and from the tail gas boiler, and the hot syngas
downstream of the high-temperature and the low-temperature
WGS. Part of the saturated steam is preheated to 400 °C
(fluidizing steam) and to 180 °C (steam for cleaning and sealing)
through the heat provided by the flue gas from the CFB
combustor. The remaining part of the steam supplies heat to
the MDEA and MEA reboilers. A make-up is provided to balance
out the process steam consumed in the gasifier and the WGS
unit.

In all the configurations, low temperature heat is used to
provide the heat needed in the belt drier (see Table 7). A water
loop from 90 to 30 °C supplies about 13 MWy, for biomass

drying.

2.6. Flexible methanol and hydrogen production

Methanol price varies over time, depending on the global
market. Even though hydrogen is not currently traded as
a commodity, this may change in the future, when increasing
amounts of green hydrogen may be produced from renewables
and its availability and price may change on a seasonal basis. In
such a context, multi-product plants may take economic
advantage by operating flexibly to produce the good (methanol
or hydrogen in this case) that generates the highest revenues. In
order to design a plant which flexibly produces methanol and
hydrogen, all the components must be designed to operate
under both the operating conditions, i.e. methanol production
mode and hydrogen production mode.

In both biomass-to-methanol & hydrogen plants based on
direct gasification (BtMH, DG) and on indirect gasification
(BtMH, IG), the gasification island is designed and operated
stably, since its operation is independent of the operating
mode. On the other hand, the process units downstream of the
gasifier and the reformer can be designed for methanol or
hydrogen operation mode and may be bypassed depending on
the operating point.

In the DG-based plant, two sour WGS reactors are present for
the production of hydrogen. In methanol production mode,
WGS reactors should be partly or totally bypassed. Downstream
of the scrubber all the plant components are designed for the
hydrogen production case due to the higher flow rate in this
configuration (more syngas shift and therefore less water
removed in the scrubber purge). The methanol synthesis and
purification islands (including the 2nd syngas compressor) and
the hydrogen production island are both installed to provide
the different products according to the market needs. The CO,
capture and compression units are designed for the hydrogen
production case, since a higher CO, flow rate is separated in
hydrogen production mode. The high pressure steam genera-
tion loop is dedicated to the methanol production (methanol

This journal is © The Royal Society of Chemistry 2022
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synthesis reactor and distillation columns). The low pressure
loop is present in both the configurations and it is designed in
the hydrogen production mode.

In the IG-based plant, the methanol and hydrogen produc-
tion plants are identical up to the syngas compressor (same flow
rates, pressures and temperatures of the streams). Downstream
of the compression stage, the hydrogen production mode needs
a high temperature WGS reactor and a low temperature WGS
reactor in order to maximize the hydrogen production. In the
methanol production mode, WGS reactors should be partly or
totally bypassed. As in the previous case, methanol and
hydrogen production islands are both installed and the units
for CO, capture are designed in the hydrogen production mode.
A high pressure steam generation loop is dedicated to methanol
production (methanol synthesis reactor and distillation
columns). Another high pressure level is necessary to provide
the steam requirement for the WGS in the hydrogen case. In this
case, the syngas cooler and the flue gas cooler provide heat both
to the high pressure and the low pressure levels.

3. Process simulation results

In order to assess the performance of the BECCS plants
described in this work, the following key performance indica-
tors have been selected.

The fuel efficiency (nz;) is the ratio between the chemical
energy of the product stream and the chemical energy input to
the process (both based on LHV). The fuel efficiency can be
evaluated for the whole plant or for any plant process unit (i).

Mout, i* LHVout.i

. (3-1)
Mini- LHVy ;

NEi =

The carbon efficiency (CE;) can be defined as the ratio
between the carbon molar flow rate in the stream Fc ; at the exit
of each process unit i and the carbon molar flow rate in the inlet
biomass stream F¢ piom-

CE; = i

= 3-2
Fc piom (2)

The equivalent fuel efficiency (9peq) accounts for the
biomass saving associated with the electricity production of the
plant. A steam cycle with 35% electric efficiency (7ejref) is
assumed as a reference, considering a biomass-fed subcritical
steam power plant.

my- LHVy
NFeq = P.
Mpiom * LHVbinm -

(3-3)

el,ref

The carbon capture rate (CCR) is the percentage of stored
carbon with respect to the carbon contained in the feedstock

F C,stored

CCR = (3-4)

FC.biom
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Table 6 Overall performance of the assessed plants

Performance indexes BtM DG BtM IG BtH, DG BtH, IG
Nedryers % 108.75 108.75 108.75 108.75
Nr,gas % 79.62 77.89 79.62 77.89
Npret, % 97.47 99.26 97.47 99.26
NFpur-cos % 98.70 99.97 94.33 95.46
Nrsyny % 79.48 79.83 — —
Nrg pury % 98.27 98.03 84.97 85.38
Nr,globals %0 65.07 65.77 67.65 68.53
NFeqy % 50.35 48.29 55.36 50.15
Carbon efficiency, % 42.34 42.81 — —
Carbon capture rate, % 56.60 55.34 98.98 98.14
Oxygen demand, kg s™* 2.57 0.50 2.57 0.50
Biofuel production, kg s™* 3.27 3.31 0.56 0.57
Biofuel output, MWy 65.07 65.77 67.65 68.53
Net electric output, P}, MW —9.93 —12.31 —7.55 —12.46
Electricity generation, MW 2.17 — 5.55 —
Electricity consumption, MW 12.10 12.31 13.10 12.46
Belt dryer electricity consumption 0.65 0.65 0.65 0.65
Gasification combustor air fan — 0.68 — 0.68
Gasification oxygen compressor 0.24 — 0.24 —
Syngas compressor 1 4.49 5.77 5.58 5.98
Syngas compressor 2 1.66 1.66 — —
Methanol loop recycle compressor 0.38 0.38 — —
MDEA electricity consumption 0.23 0.12 0.40 0.30
MEA electricity consumption 0.02 0.28 0.08 0.32
ASU? 2.27 0.49 2.27 0.49
CO, compression 2.13 2.25 3.85 4.00
Other auxiliaries” 0.03 0.03 0.03 0.04
Total waste water, kg s—* 3.84 3.71 2.52 5.35
Water make-up, kg s 3.46 3.30 3.46 6.30
Net water consumption, kg s~ —0.38 —0.41 0.94 0.95

“ Specific consumption depending on size from ref. 32. ? Other auxiliaries include liquid redox, water scrubber pumps and water loop pumps.

The described performance indices alongside other signifi-
cant quantities are reported in Table 6.

The DG-based plants show the highest gasifier fuel efficiency
(nF,gas) which is mainly due to the use of oxygen as an oxidant
instead of air. The benefits of oxygen-blown gasification coun-
terbalance the overall lower char conversion in the gasification
system and the feed of steam at lower temperature. The lower
fuel efficiency of the reformer (ny,.f) in the DG configurations
with respect to the IG cases is due to the higher syngas flow rate
and to the higher difference between the gasifier and reformer
exit temperatures, that cause a higher oxygen demand to heat
up the raw syngas to the reforming temperature. The loss of fuel
efficiency in the purification and conditioning step (7zpur-co) is
due to the exothermicity of the WGS reaction. The higher effi-
ciency loss of the hydrogen production plants is due to the
greater advancement of the WGS reaction. With regard to the
fuel efficiencies of the synthesis (7,sn) and of the purification
sections (ng¢ pur) in the methanol production plants, the
differences among the cases are modest and mainly related to
the differences in the CO/CO, ratio of the syngas. The loss of
efficiency in the methanol synthesis is due to both the
exothermicity of the reaction and the tail gas extraction. In both
plants, almost 80% of the fresh syngas thermal power ends up
in crude methanol, about 5% is released with the tail gas and

3842 | Sustainable Energy Fuels, 2022, 6, 3830-3851

about 15% is lost with the exothermic reaction. The loss of
efficiency in the last step of the hydrogen production plants is
due to the loss of hydrogen and other fuel gases (e.g. CH,, CO) as
tail gas from the PSA unit. The resulting overall fuel efficiencies
are slightly higher in the hydrogen plants (67.6-68.5%) than in
the methanol plants (65.1-65.8%). The bio-hydrogen plant
studied by Hannula et al,® which shares a similar plant
configuration to the BtH, DG plant assessed in this work,
features a global fuel efficiency of 56.9% referred to the biomass
LHV downstream of the dryer (vs. 62.2% of BtH, DG referred to
dried biomass). The difference is mainly due to the higher
hydrogen separation efficiency in the PSA of the BtH, DG plant
assumed in this work (90% vs. 86%). Overall, the aforemen-
tioned fuel efficiencies obtained in this work are in the high
range of the interval of values reported for similar plants in the
literature (see Table 1).

The carbon efficiencies show modest differences in meth-
anol production plants, ranging from 42.3 to 42.8%.

The electricity consumption of the investigated plants does
not show substantial differences, as all plants need to import
between 12.1 and 13.1 MW... In all plants, most of the electricity
consumption is associated with syngas compression, followed
by CO, compression and O, production (in DG-based plants).
The hydrogen production plants show higher CO, compression

This journal is © The Royal Society of Chemistry 2022
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Table 7 Carbon balance of the BECCS plants. Percent values refer to the total inlet carbon

Captured CO, (MEA,

Captured CO, (MEA, from vented gas combustion in ICE/ Vented
Cinfuel  Captured CO, (MDEA)  from gasification unit)  boiler) Bio-char  CO,
BtM DG 42.3% 50.3% — 1.9% 4.5% 1.1%
BtM 1IG 42.8% 26.3% 27.2% 1.8% — 1.9%
BtH, DG — 85.8% — 8.7% 4.5% 1.0%
BtH, IG — 64.0% 27.2% 6.9% — 1.9%

power, since a higher portion of the inlet carbon is separated as
CO,. The DG-based plants feature higher ASU consumption due
to higher oxygen demand. In the DG-based plants, the electricity
consumption is partly compensated by the electricity produc-
tion of the ICE. This is not the case of the IG-based plants,
where tail gas is burned in boilers rather than in the ICE, due to
the higher heat demand for CO, separation.

The steam produced within the plants partly allows the heat
demand of the thermal loads to be satisfied and is partly
consumed in the gasifier and in the high-temperature WGS
reactor (only in BtH, IG). In DG-based plants, a higher amount
of water is injected into the gasifier to reach the target steam-to-
carbon ratio upstream of the reformer, since a higher amount of
carbon is retained in the syngas. As a consequence, considering
only the contribution to the gasifier, a higher amount of water
make-up is required in DG-based plants. However, in BtH, IG,
superheated steam is added before the high-temperature shift
reactor to avoid catalyst over-reduction.

The injected steam is partly converted into hydrogen
through gasification, reforming and/or WGS and partly
condensed back to liquid water. Most of the condensed water
comes from the water scrubber purge. From 8 to 27% of the
total waste water derives from flue gas cooling, before MEA-
based CO, absorption. The waste water can be recovered and re-
used within the plant after treatment. Methanol production
plants do not require a net water addition, while hydrogen
production plants need a net addition. This is related to the fact
that in hydrogen production plants more syngas is shifted and
therefore more water is converted into hydrogen.

Table 7 shows the fate of carbon in the assessed plants. The
biogenic carbon which is contained in the biomass can be
retained in the final product (in the case of methanol produc-
tion), captured and stored, and vented as CO,. Most of the
carbon is captured through pre- and post-combustion CO,
technologies. In the direct gasifier, a small quantity of bio-char
is also released with the fluidized bed solids purge. In all the
plant configurations, less than 2% of the biogenic carbon is
vented to the atmosphere as CO,. In DG-based plants, most of
the CO, is captured by the pre-combustion MDEA process (50%
and 86% in the case of methanol and hydrogen production,
respectively) and a much lower amount of CO, is captured post-
combustion with MEA (2% and 9% for methanol and hydrogen
production, respectively). In contrast, in IG-based plants, post-
combustion capture is necessary to achieve high CO, capture
efficiency, as 27% of the total inlet carbon is captured from the
IG combustor. On the whole, CO, vented to the atmosphere is

This journal is © The Royal Society of Chemistry 2022

about 1% of the inlet carbon in the DG-based plants and 2% in
the IG based-plants.

It is important to note that this analysis does not include the
impact of indirect CO, emissions from the biomass supply
chain and from imported electricity. In this respect, considering
that the assessed plants consume between 0.40 and 0.66 MWh
of electricity per ton of carbon in the inlet biomass, indirect
emissions from power consumption would correspond to 1.0-
1.6% of the biogenic carbon fed to the plant if derived from 50
kgco, MWh ™! electricity, or to 5.9-9.8% of the biogenic carbon
fed to the plant if derived from 300 kgco, MWh ™" electricity.

4. Economic analysis

The economic analysis is performed by using the levelized cost
approach. The levelized cost of fuel (LCOF) is defined as the
breakeven selling price of the produced product (M) that
repays the total costs (Cy) at the end of the plant lifetime (LT).
The LCOF depends on the total capital investment (TCI) costs,
the utilities costs (Cy), the cost of the feedstock (Ceedstock) and
the fixed O&M costs (Cgixed 0sam), @S shown in eqn (4-1), where
Mgyer is the nominal fuel production rate and /4.4 represents the
equivalent yearly operating hours. Consistent with all the liter-
ature on techno-economic studies on biomass conversion via
gasification, a high capacity factor (90%) has been assumed,

Table 8 Main assumptions and parameters for the economic analysis

Economic parameters Value
Discount rate, % 10.0
Lifetime, y 20
Capital charge factor, % 11.75
Annual availability, h year™* 7884
Variable opex
Biomass feedstock cost, € per t 45.72
2019 Denmark average electricity price, € per MWh 38.49
CO, transport and injection/storage costs, € per t 13.39
Fixed opex
Maintenance and repairs, % FCI 5
Operating supplies, % FCI 0.5
Operating labor, % opex 10
Laboratory costs, % opex 2.5
Local taxes, % FCI 1
Insurance, % FCI 1
Methanol synthesis catalyst cost, € per kg 18.12
Catalyst lifetime, y 4
Sustainable Energy Fuels, 2022, 6, 3830-3851 | 3843
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which is needed to make high capex processes economically
competitive.

Ciot

_ TCI- CCF + Ciixed 0&M + Creedstock + Cut
Mo ;

Mgye] * heq

LCOF =

(4-1)

The method for capex and opex estimation is extensively
described in previous articles.™ The main assumptions,
coherent with our previous studies, are summarized in Table 8.
All the costs reported in this paper refer to the year 2019. The
details of the capital costs of the plant equipment are reported
in the ESI material (Table B3-B7).f The CO, transport and
injection/storage costs are considered to be equal to 13.4 € per
t. The assumed cost corresponds to a 100 km pipeline transport
from the conversion facility to the storage site and 2 km
underground storage in deep saline formations.®

View Article Online
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The details of the fixed capital investment (FCI) costs of the
BECCS plants are shown in Table 9. The FCI is derived by
subtracting the working capital from the total capital invest-
ment (see Table B1 in ESI informationt). Alongside the BtM and
BtH, plants, the flexible plants (i.e. BtMH, DG and BtMH, IG)
described in Section 2.6, are included in the table. The biomass-
to-syngas island cost differs depending on the gasification
technology. However, the cost of the DG- and 1G-based plants is
similar, as the higher cost of the ASU in the DG-based plants is
offset by the higher cost of the dual fluidized bed gasification.
The methanol production plants hold the lowest syngas puri-
fication, conditioning and compression costs, since they do not
have or have a smaller WGS section. The flexible methanol and
hydrogen production plants have the highest syngas purifica-
tion, conditioning and compression costs, since they require
both the higher cost WGS section for hydrogen production, and

Table 9 Breakdown of the fixed capital investment costs of the biomass to methanol (BtM), biomass to hydrogen (BtH,) and flexible biomass to

methanol and hydrogen (BtMH,) plants

Fixed capital investment BtM DG BtM 1G BtH, DG BtH, IG BtMH, DG BtMH, IG
Biomass-to-syngas, M€ 95.54 92.22 95.54 92.22 95.54 92.22
Feedstock handling 8.91 8.91 8.91 8.91 8.91 8.91
Belt dryer 7.11 7.11 7.11 7.11 7.11 7.11
ASU 23.32 10.25 23.32 10.25 23.32 10.25
O, compressor 2.35 0.43 2.35 0.43 2.35 0.43
Pressurized O, CFB gasifier 29.58 — 29.58 — 29.58 —
Steam CFB gasifier — 13.25 — 13.25 — 13.25
Combustor with fuelgas treatment — 30.87 — 30.87 — 30.87
Ceramic hot-gas filter 6.99 6.17 6.99 6.17 6.99 6.17
Catalytic reformer 17.27 15.24 17.27 15.24 17.27 15.24
Syngas purification, conditioning and 46.42 38.54 54.00 52.19 74.89 68.02
compression, M€

Scrubber 1.38 1.23 1.38 1.23 1.38 1.23
Liquid redox 2.90 2.58 2.90 2.58 2.90 2.58
Syngas compressor 1 14.56 17.23 16.84 17.65 16.84 17.65
Syngas compressor 2 7.49 7.48 — — 7.49 7.48
Activated carbon 0.37 0.33 0.37 0.33 0.37 0.33
Waste water treatment 1.53 1.34 1.02 1.70 1.53 1.70
WGS reactors 5.30 — 31.48 28.70 31.48 28.70
CO, removal pre-combustion (MDEA) 12.89 8.35 — — 12.89 8.35
Methanol and hydrogen production, M€ 10.99 10.98 5.65 5.10 16.64 16.09
Methanol synthesis BWR 6.97 6.95 — — 6.97 6.95
Recycle compressor 2.10 2.09 — — 2.10 2.09
Stabilizing column 0.41 0.41 — — 0.41 0.41
Concentration column 1.52 1.53 — — 1.52 1.53
PSA — — 5.65 5.10 5.65 5.10
Heat recovery, M€ 2.97 2.52 5.55 3.72 5.77 4.09
CHP internal combustion engine 1.29 — 3.03 — 3.03 —
Boiler — 0.43 — 0.97 — 0.97
Heat exchangers 1.68 2.09 2.52 2.76 2.73 3.12
Total FCI without CCS, M€ 155.91 144.26 160.74 153.25 192.83 180.42
CO, separation and compression, M€ 18.69 41.83 49.83 65.52 36.94 57.17
CO, removal pre-combustion (MDEA) — — 18.44 15.16 +5.56” +6.817
Decreased PSA cost” — — —2.02 —1.52 —2.02 —1.52
CO, removal post-combustion (MEA) 4.29 26.85 11.96 29.89 11.96 29.89
CO, compression and dehydration unit 14.40 14.98 21.44 21.99 21.44 21.99
Total FCI, M€ 174.60 186.09 210.56 218.77 229.77 237.59

“ BtH, plants without CCS include higher size PSA units because a higher amount of syngas needs to be treated when CO, is not separated by the
MDEA process. The decreased cost of PSA when MDEA is added to the plant is taken into account. ” In BtMH, plants, the MDEA unit is designed for
methanol production without CCS and for hydrogen production with CCS. These values correspond to the incremental cost of the MDEA process
when designed for hydrogen production rather than for methanol production.

3844 | Sustainable Energy Fuels, 2022, 6, 3830-385]
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the cost for CO, separation and additional compression
sections for methanol production. The DG-based plants for
methanol production show a higher syngas purification,
conditioning and compression cost compared to the IG-based
plants, because of the more complex syngas conditioning
process and the higher flow rate of captured CO,. The higher
complexity of the methanol synthesis and purification island
compared to the PSA unit leads to a higher cost of the methanol
synthesis section compared to hydrogen purification. Again, the
flexible BtMH, plants feature the highest capital investment
cost, as they include the equipment for the delivery of both
products. The heat recovery section is slightly more expensive in
the DG-based plants due to the installation of a CHP internal
combustion engine instead of a boiler.

The fixed capital investment (FCI) of plants without CCS can
be approximately derived by summing up all the aforemen-
tioned cost items. The simplifying assumption is that without
CO, scrubbing units, a different design of the heat recovery
would likely be preferable and might include a steam cycle for
power production. On the other hand, MDEA scrubbing cannot
be avoided to reach the target module in the methanol
production plants. The FCI of plants without CCS results in
being lower in the methanol production plants and in the IG-
based plants. When CCS is considered, MEA scrubbing, CO,
capture and compression units in all the plants, and MDEA in
BtH, plants must be added. In hydrogen production plants with
CCS, MDEA technology is necessary to obtain a high-purity CO,
stream not diluted with other compounds in the PSA off-gas.
The capital costs increase from a minimum of 12% in BtM DG-
based plants (174.6 vs. 155.9 M€) up to a maximum of 43% in
the BtH, IG plants (218.8 vs. 153.2 M€). Overall, the IG-based
plants with CCS have the highest FCI due to the larger size of the
post-combustion CO, capture unit.

In the flexible BtMH, plants, the equipment for CCS repre-
sents about 16% and 24% of the FCI in the DG-based and IG-
based plants respectively. The inclusion of the methanol
synthesis process involves an increase of 9-14% of the FCI
compared to the corresponding BtH, plants.

Table 10 shows the main results of the economic analysis
based on the levelized cost approach. The multi-product plants
are assumed to be operated for 50% of the time in methanol
production mode and 50% of the time in hydrogen mode. Most
of the product cost is associated with capex (40-43% of the total

View Article Online

Sustainable Energy & Fuels

cost), followed by O&M (29-31%) and biomass purchase (17-
22%). Electricity and CO, transport and storage have a much
lower impact on the production costs (3-6% each). The meth-
anol production plants show the lowest yearly total costs, fol-
lowed by the hydrogen production plants and the flexible multi-
product plants. The hydrogen production plants show the
highest CO, transport and storage cost because of the highest
amount of CO, separated. The methanol production plants are
characterized by lower LCOF, followed by the hydrogen
production plants and the multi-product plants. By considering
the same final product, the DG-based plants result in lower
LCOF. Compared to the bio-hydrogen plant assessed by Han-
nula et al,” who estimated a hydrogen cost of 42.2 € per GJ
(Table 1), 13% lower LCOF has been obtained in this work for
the BtH, DG plant, mainly due to the fact that Hannula et al.
referred to a first-of-a-kind (FOAK) plant, involving a higher
total capital investment than that in this work, that refers to N
of-a-kind (NOAK) cost assumptions.

Fig. 5 shows the marginal CO, avoidance cost vs. the
captured CO, in the DG- and IG-based plants respectively. In the
DG-based plants, about 5% of the CO, is avoided at zero
marginal cost and stored in the unconverted biochar. The
horizontal lines on the left hand side of the graph represent the
marginal cost of adding CCS to a biomass-to-X plant (i.e. adding
the CO, compression unit in the methanol production plant
and adding MDEA scrubbing and CO, compression in the
hydrogen production plant). On the right hand side, the step
increase represents the marginal cost of adding the post-
combustion MEA scrubbing unit and the corresponding CO,
compression.

In the plot, the following assumptions are adopted for the
sake of simplicity: (i) the scale effects on the capital cost of the
equipment for CO, capture, transport and storage are not taken
into account (if more CO, is captured, the CO, avoidance cost
should decrease, generating declining lines instead of hori-
zontal ones); (ii) the absence of MDEA and MEA units would
favor heat integration of the plant with a steam cycle for power
production, affecting the economics of the plants without CO,
capture or with partial capture.

In the BtM DG plant, a CO, capture rate of 54.7% is reached
at a cost of 40.8 € per tgo, through compression (27.4 € per tco,)
and transport and storage (13.4 € per tgo ). By adding the MEA
post-combustion capture wunit and increasing the CO,

Table 10 Main results of the economic analysis and levelized cost of fuel

Economic results BtM DG BtM IG BtH, DG BtH, IG BtMH, DG BtMH, IG
TCI CCF, M€ pery 24.12 25.71 29.09 30.22 31.74 32.82
O&M, M€ pery 17.71 18.82 20.82 21.76 22.51 23.36
Purchased electricity cost, M€ pery 3.01 3.74 2.29 3.78 2.65 3.76
CO, transport and storage cost, M€ pery 2.10 2.23 3.81 3.95 2.95 3.09
Biomass cost, M€ pery 13.32 13.32 13.32 13.32 13.32 13.32
Total cost, M€ pery 60.27 63.81 69.33 73.03 73.18 76.35
Methanol production, t year * 92 823 93 822 — — 46 412 46 911
Hydrogen production, t year " — — 16 006 16 214 8003 8107
LCOF, € per t 649 680 4331 4505 — —
LCOF, € per GJ 32.63 34.18 36.07 37.51 38.83 40.03

This journal is © The Royal Society of Chemistry 2022
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Fig. 5 CO, avoidance marginal cost vs. captured CO, in DG-based plants (a) and in IG-based plants (b). In DG-based plants, 4.5% of the inlet

carbon is stored as biochar.

compression capacity, the CO, capture rate is increased by 1.8%
at a marginal cost of 204.9 € per tgo,. In the BtH, DG plant,
a CO, capture rate of 90.30% is reached at a cost of 52.2 € per
tco, (38.8 € per tco, for capture + 13.4 € per tco, for transport
and storage). The marginal cost of adding post-combustion CO,
capture and increasing the capture rate up to 99% is 135.3 € per
tco,

In BtM IG plants, a CO, capture rate of 26.3% is reached at
a cost of 45.8 € per tco, (32.4 € per tco, for capture + 13.4 € per
tco, for transport and storage), through the addition of
compressors for the CO, separated by the MDEA unit. By adding
the MEA post-combustion capture unit and increasing the CO,
compression capacity, the CO, capture rate is increased by 29%
at a marginal cost of 105.1 € per tco,. In BtH, IG plants, a CO,
capture rate of 64% is reached at 55.6 € per tgo, by integrating
the MDEA separation process and CO, compression (42.2 € per
tco, for capture + 13.4 € per tgo, for transport and storage). The
addition of the MEA plant and the increase of the CO,
compression unit allows the increase of the capture rate up to
98.1%, at a marginal cost of 98.4 € per tgo,. Post-combustion

3846 | Sustainable Energy Fuels, 2022, 6, 3830-3851

MEA scrubbing is needed in IG-based plants to reach high CO,
capture rates.

BECCS plants benefit from CO, credits that reward their
capacity to remove CO, from the atmosphere. Fig. 6 shows the
LCOF as a function of the CO, credits for plants with no CCS,
partial CCS (CCSp, achieved via CO, compression in BtM, and
CO, separation and compression in BtH, plants) and maximum
CCS (CCSm, achieved via MEA-based CO, separation and
increased CO, compression capacity).

The BtM DG plant (Fig. 6a) needs 40.84 € per tco, and 46.76
€ per tco, in CCSp and CCSm cases respectively to reach
a production cost of 28.66 € per GJ in the case without CCS. The
two CCS configurations show a very similar trend of the LCOF in
the selected CO, credit range since they capture a very similar
amount of CO,. The BtM IG plant (Fig. 6b) requires 45.76 and
76.87 € per tco, in CCSp and CCSm cases respectively to reach
a production cost of 27.33 € per GJ in the case with no CCS. For
CO, credits higher than 105.1 € per tco, (i.e. the marginal cost
to achieve the highest capture rate), the CCSm configuration
becomes economically more competitive than the CCSp case.

This journal is © The Royal Society of Chemistry 2022
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The BtH, DG plant (Fig. 6¢) must be rewarded with 52.23 and
59.85 € per tco, in CCSp and CCSm respectively to achieve 27.22
€ per GJ in the case without CCS. CO, credits of 135.3 € per tco,
makes the CCSm configuration more competitive than CCSp.
The BtH, IG plant (Fig. 6d) needs 55.63 and 70.48 € per tco, in
CCSp and CCSm respectively to reach the same LCOF of 26.83 €
per GJ as the case with no CCS. CO, credits of 98.4 € per tgo,
which is again equal to the marginal cost for maximum capture,
are necessary to make CCSm the most competitive case.

It is also worth observing that hydrogen production plants
show steeper lines compared to methanol plants thanks to the
higher amount of captured CO, per GJ of the delivered product.
Therefore, BtH, plants become economically favourable at
higher CO, credits.

In CCSm cases, CO, credits of 148 € per tco, for DG-based
and 158 € per tco, for IG-based allow a methanol production
cost of around 400 € per t (i.e. 20.1 € per GJ) to be achieved and
credits of 131 € per tgo, for DG-based and 138 € per tco, for IG-

8

7 -

6 AverageH2
— price=4€/kg
¥
@ /
841
a
~3 1
T

2 -

AverageH2
1 price=2.5€/kg
0 T T T T

0% 20% 40% 60%

Yearly operating hours [%]

80% 100%

Fig. 7 Yearly hydrogen selling price profiles.
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based allow H, production costs of 2 € per kg (i.e. 16.7 € per GJ)
to be achieved.

As previously mentioned, in a context where the expected
time-dependent relative value of power, carbon-based products,
hydrogen, and sequestered CO, determines a significant varia-
tion in the revenues of bioenergy plants, multi-product plants
that can be operated flexibly to produce the goods with the
highest added value may gain an economic advantage. For
a simplified economic analysis of a flexible methanol and H,
plant, three different methanol selling prices (i.e. 450, 550, and
650 € per t) are selected and assumed to remain constant
throughout the year. Two simple linear profiles are assumed for
the cumulative hydrogen selling price (see Fig. 7), ranging
between a high price of 7 € per kg or 4 € per kg, representative
of periods with low availability of renewable electricity and
green H,, and a low price of 1 € per kg, representative of periods
with high availability of renewable electricity and green H,.
These two scenarios involve an average yearly H, market price of
4 and 2.5 € per kg. The rationale behind the assumption of
a hydrogen price profile is that water electrolysis is expected to
become the leading technology for hydrogen production in the
long-period. Therefore, the breakeven hydrogen selling price
will be influenced by the electricity price, inheriting its vola-
tility, possibly shrunk by some degree depending on the avail-
ability and cost of H, storage. CO, credits of 120 € per tgo, are
assumed for the stored CO, in these calculations.

In Fig. 8a and b, the internal rate of return (IRR) of the
flexible multi-product plants producing methanol and
hydrogen is compared with the IRR of methanol and hydrogen
plants delivering a single-product. On the x-axis, the fraction of
hours in which the plants operate producing hydrogen is re-
ported. Methanol plants are depicted as points on the left

Sustainable Energy Fuels, 2022, 6, 3830-3851 | 3847
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ordinate axis, since they never produce hydrogen. The hydrogen
plant curve shows an increasing trend with the yearly operating
hours. Therefore, 100% of the yearly operating hours corre-
sponds to the optimal conditions. It has to be noted that the
optimal number of operating hours could be lower than 100%,
in case the operational costs (biomass and power purchase,
variable O&M) overtake the hydrogen selling price, making the
interruption of the plant operation economically convenient.
For a specified methanol price, the maximum IRR obtained by
the multi-product plant must be compared with the highest IRR
found on the hydrogen production plant curve and the value
achieved by the methanol plant for that assumed price. As
shown in Fig. 8a, for methanol selling prices of 650, 550 and 450
€ per t, the economic optimum of the multi-product plant is
achieved when it operates for about 70, 80 and 90% of the time
in hydrogen mode and the remaining hours in methanol mode.
IRRs of 22.1, 21.1 and 20.5% are higher than the optimal values
generated by the single-product methanol plants (i.e. 20.4, 15.5
and 10.2%), but lower than the optimal value generated by the
single-product hydrogen plant (i.e. 23%).

3848 | Sustainable Energy Fuels, 2022, 6, 3830-3851

IRR vs. yearly operating hours in hydrogen production mode: (a) yearly average H, price = 4 € per kg and (b) yearly average H, price = 2.5

Considering the lower hydrogen price scenario (Fig. 8b), for
the maximum methanol selling price curve (i.e. 650 € per t), the
multi-product plant should operate for about 40% of the time in
hydrogen mode and the remaining hours in methanol mode. In
this case, the IRR of 14.3% is higher than the optimal value
generated by the single-product hydrogen plant (i.e. 12.3%), but
lower than the value generated by the single-product methanol
plant (i.e. 20.4%). Considering lower methanol selling prices
(i.e. 550 and 450 € per t), the multi-product plant should
operate for 60% and 80% of the yearly operating hours in
hydrogen mode. In this case, the IRRs of 12.2% and 10.8%, for
the 550 and 450 € per t methanol prices respectively, are lower
than the hydrogen single-product plant, but at least for the 450
€ per t higher than the single-product methanol plant.

Overall, with the assumptions of this study, multi-product
plants result in a slightly higher or slightly lower IRR than the
single-product plants with the highest revenues. On the other
hand, they are never the worst case scenario despite the highest
investment costs, thus offering a potential advantage from the
financial risk perspective thanks to lower exposure to market
price volatility.

This journal is © The Royal Society of Chemistry 2022
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5. Conclusions

In this work, a techno-economic analysis of biomass-to-meth-
anol and biomass-to-hydrogen plants with CCS has been carried
out. Each plant is studied including either oxygen-blown direct
gasification (DG) or air-blown dual fluidized bed indirect gasi-
fication (IG). MDEA and MEA-based solvent scrubbing are
considered as CO, removal technologies from syngas and flue
gas respectively. These solutions have been compared in terms
of fuel efficiency and carbon recovery potential. The economic
impact of adding CCS and of increasing the amount of CO,
which is captured within the plants is investigated together with
the impact of CO, credits on the overall economics of the plants.

A third solution involving multi-product bioenergy plants
able to flexibly produce methanol or hydrogen depending on
the relative selling price is hence introduced in the analysis.

The main conclusions can be summarised as follows:

- In DG-based plants, most of the CO, is captured from
syngas with MDEA solvent (50% and 86% of the inlet carbon for
methanol and hydrogen production, respectively) and a much
lower amount of CO, is captured from flue gas with MEA (2%
and 9% for methanol and hydrogen production, respectively).
Conversely, in IG-based plants, MEA is necessary to achieve
high CO, capture efficiency, as 27% of the total inlet carbon is
captured from the IG combustor and between 2% and 7% of
CO, is separated from the flue gas of the tail gas boiler. Because
of the high heat demand for CO, separation in IG cases, plants
have been designed without a heat recovery steam cycle. In this
way the heat available for solvent regeneration is maximized,
penalizing the electricity balance.

- The maximum CO, capture rate achieved is 55-57% in
methanol production plants and 98-99% in hydrogen produc-
tion plants. The capture rate in methanol plants is lower than
that in hydrogen plants, as part of the inlet carbon is stored in
the product. In all the assessed cases, less than 2% of the inlet
carbon is vented to the atmosphere as CO,.

- The overall fuel efficiencies are slightly higher in hydrogen
plants (67.6-68.5%) than in methanol plants (65.1-65.8%), with
a minor dependency on the gasification technology. The ob-
tained values are in the high range of the fuel efficiency intervals
reported in the literature.

- Methanol production plants are characterized by lower LCOF
(referred to the LHV energy output) than hydrogen plants: 32.6-
34.2 € per GJ (or 649-680 € per t) vs. 36.1-37.5 € per GJ (or 4.3-
4.5 € per kg), with zero revenues from CO, storage. This is mainly
due to the higher cost for CO, capture in hydrogen plants, where
higher amounts of CO, are separated and compressed. By
considering the same final product, the DG-based plants show
slightly lower LCOF (32.6-36.1 € per GJ vs. 34.2-37.1 € per GJ),
mainly thanks to the lower CO, separation cost.

- In methanol production plants, a CO, capture rate of up to
55 and 26% can be reached at marginal costs of 41 and 46 € per
tco, for DG- and IG-based plants respectively (including 13.4 €
per tgo, for CO, transport and storage). Such relatively low costs
are associated with the compression (27-32 € per tco,) and
transport and storage (13.4 € per tco,) costs, as CO, separation

This journal is © The Royal Society of Chemistry 2022
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from syngas is anyway needed to produce syngas tailored for
methanol synthesis. By adding MEA-based post-combustion
capture and increasing the size of the CO, compression unit,
the CO, capture rate is increased by 2%y, and 29%p at
a marginal cost of 205 and 105 € per t¢o, for DG- and IG-based
plants respectively. A similar figure is obtained for the hydrogen
plants, where the addition of MDEA-based CO, separation (not
needed in plants without CCS) allows achieving a CO, capture
rate of 90% and 64% at a cost of 52 and 56 € per tco, for DG- and
IG-based plants respectively. By adding post-combustion
capture units and increasing the CO, compression unit size, the
CO, capture rate can be increased up to 99 and 98% at
a marginal cost of 135 and 98 € per tco, for DG- and IG-based
plants respectively.

- When credits for CO, storage are included, a breakeven
price of 47-77 € per tco, makes the plants with the maximum
CO, capture rate competitive with the corresponding plants
without CCS. CO, credits of 148-158 € per tco, allow methanol
production costs of around 400 € per t to be achieved and
credits of 131-138 € per tgo, allow H, production costs of 2 €
per kg to be achieved. Because of the higher amount of captured
CO, per unit of product output, H, production plants obtain
higher economic benefits from higher CO, storage credits.

- Multi-product plants flexibly producing methanol and
hydrogen results in the highest capital costs (+9-14% than the
corresponding H, production plant) and the highest LCOF.
However, with the assumptions adopted in this work (fixed
methanol selling price varied between 450 and 650 € per t and
time dependent H, selling price between 1 and 4 or 7 € per kg),
the internal rate of return of the flexible methanol + H, plants is
slightly higher or slightly lower than the corresponding single-
product plant with the highest revenues. On the other hand,
multi-product flexible plants are never the worst case scenario
despite the highest investment costs, thus offering a potential
advantage from the financial risk perspective thanks to lower
exposure to market price volatility.

It has to be noted that methanol has been selected in this
work as a representative high value carbon-based product. As
for the flexible multi-product plants, we are confident that the
obtained conclusions will qualitatively hold also if other
carbon-based bioproducts such as methane or Fischer-Tropsch
liquids are considered.

Moreover, this study assumed that flexible plants are oper-
ated either in hydrogen production or in methanol production
mode. However, operating points involving co-production of
hydrogen and methanol may be possible and may be preferable
in real plants to improve the dynamic performance in the
transient between different operating points. The optimal
process design and operating criteria of real plants will also
depend on the expected switching frequency between different
operating modes, which, in turn, will depend on the local
market conditions in which the plant is located.
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Abbreviation

Acronyms

ASU Air separation unit

ATR Autothermal reformer

BECCS Bioenergy with carbon capture and storage
BFB Bubbling fluidized bed

BtH, Biomass-to-hydrogen

BtM Biomass-to-methanol

BtMH, Biomass-to-methanol and hydrogen

BtX Biomass-to-X

BWR Boiling water reactor

CCs Carbon capture and storage

CFB Circulating fluidized bed

CZA Methanol synthesis catalyst Cu/ZnO/Al,O5
DME Dimethyl ether

GHSV Gas hourly space velocity

ICE Internal combustion engine

LHV Lower heating value

RR Recycle ratio

SEG Sorption-enhanced gasification

WGS Water gas shift

Symbols

Ceedstock Cost of feedstock

Cixed O&M Fixed O&M cost

Cut Utilities cost

Crot Total cost

CE Carbon efficiency

CCF Capital charge factor

Fc biom Carbon molar flow rate in the inlet biomass
Fc stored Carbon molar flow rate for storage

F Component —i molar flow rate

Fyp Methanol molar flow rate

FCI Fixed capital investment

heq Equivalent yearly operating hours
IRR Internal rate of return

LCOF Levelized cost of fuel

LT Plant lifetime

mi Component —i mass flow rate
Mot Amount of fuel

P, Net electric output

pi Partial pressure —i

R Reduction factor

TCI Total capital investment cost

Nel, ref Reference steam cycle electric efficiency
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NF,dryer Dryer fuel efficiency
NF,gas Gasifier fuel efficiency
NF,ref Reformer fuel efficiency
NF,pur—co Purification and conditioning fuel efficiency
NF,syn Methanol synthesis fuel efficiency
NF,f pur Fuel purification fuel efficiency
1F,global Global fuel efficiency
NF,eq Equivalent fuel efficiency
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