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A temperature-shifting two-stage fluidized bed reactor technology was used to convert propane and its

Received 15th July 2019
Accepted 9th August 2019

intermediate products into aromatics. The first stage served for the aromatization of propane with a Ga/

ZSM-5 catalyst at 570 °C. The second stage served for the alkylation of the intermediates of olefins at
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The production of aromatics from propane with zeolite-based
catalysts (e.g. HZSM-5, Zn/ZSM-5, and Ga/ZSM-5) is an impor-
tant route, exhibiting a combined effect of dehydrogenation
with a metal and oligomerization, ring formation with Lewis/
Bronsted acids, and a shape selective effect inside the channel
of the zeolite."*%” Increasing the temperature in the range 500-
550 °C or above is thermodynamically and kinetically favorable
for the conversion of propane in such a slow and endothermic
reaction.®*'* However, the dehydrogenation of propane as well
as the complicated transformation in the dual hydrocarbon
pool cycle inside the zeolite, produces olefins as intermediates.?
These are rapidly converted into paraffins with the same carbon
number at a high temperature by an effect of hydrogen transfer,
rather than ring formation to aromatics, which is similar to
those in methanol-to-aromatics (MTA) or methanol to olefins
(MTO) processes.”™** Such a drawback is difficult to overcome
for the case with a long residence time between the catalyst and
the gases, for example, in a large reactor with isothermal
operation. On the other hand, a multistage fluidized bed reactor
was adopted in the MTA process, offering the flexibility of
temperature shifting and a variation of catalysts in different
stages. As a result, the backmixing of gases could be suppressed
effectively to achieve a high conversion of feedstock and a high
selectivity of the desired aromatics products.***” However, due
to the differences in the catalysts, operating temperature,
partial pressure of hydrogen or water, and coke type, such
a multistage reactor strategy has not been applied to propane to
aromatics conversion yet.

Herein, we propose a temperature-shifting second-stage
fluidized bed concept for the consecutive conversion of
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300 °C. The increased yield of aromatics was attributed to the effective transformation of C,—Cs olefins
as well as due to the suppression of the hydrogen transfer effect of the olefins.

propane and its intermediate products, as illustrated in Fig. 1.
The technology allows for the high conversion of propane with
a Ga/ZSM-5 catalyst in the first stage of the reactor (close to the
entrance of propane). The as-produced light paraffins and
olefins with the as-produced benzene (B) and toluene (T) are
further converted into Cg—Co aromatics with an HZSM-5 catalyst
in the second stage at a low temperature. As a result, the content
of the C,-C; olefins decreased by 8% from the first stage to the
second stage. Meanwhile, the yield of the aromatics after the
second stage increased by 6-12% compared with that after the

a b
Aromatics 40 O e
S A L s
[ s S e
= "
.g 30 -
>
L Propane  Aromatics  Olefins.
‘3 1st: 570C - e .-
a 20 2nd:300C  —m— —a ——
Alkylation -
2nd stage g1
HZSM-5 & e N Y
300°C [
o
5L © 0o 0 0 0000000000
l ', “ o 5 10 15 20
;T c Tos (h)
10
Aromatization :\°~
= s}
GwZsMs | 1st stage =)
570 °C g
= 6
£
= —o— 1st stage, 570°C
2 —o— 2nd stage, 300°C
S
S 4
~
=
C;Hy )
0 4 8 12 16 20
TOS (h)

Fig. 1 (a) Proposed temperature shifting, two stage-fluidized bed
reactor to prepare aromatics from propane using different zeolite-
based catalysts. (b) Time-dependent production distribution of
components in the exit of 1°* and 2" stage (hydrocarbon base). (c)
Time-dependent volume ratio of hydrogen in the exit of 1t and 2"
stages.
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first stage. Our strategy provides new insights into the consec-
utive conversion chains in the conversion system of propane to
aromatics.

Experimentally, 340 g of Ga/ZSM-5 catalyst was used in the
first stage of the fluidized bed, where the temperature was
570 °C (ESI, SI-1t). Next, 34 g of HZSM-5 catalyst was packed in
the second stage of the fluidized bed, where the temperature
was 300 °C. The temperatures in different stages were
controlled separately and there was a condenser between them.
The feedstock of propane diluted with N,, entering into the
fluidized bed from the bottom, was first converted on the Ga/
ZSM-5 catalyst in the first stage. Then, the as-produced inter-
mediate product, entering into the second stage, was further
converted on HZSM-5. Reactions in the two stages were both
carried out in the gaseous state. The pressure of the exit of the
reactor was 0.35 MPa. The space velocity of propane on the
catalyst in the first stage was 0.01 h™". In this case, the sampling
of gases and catalysts in different stages was performed to
understand the process efficiency.

The product distribution after flowing out of the reactor is
shown in Fig. 1b. The weight ratio of propane was 30-31% in the
first stage and changed to 32-33% for longer times. This sug-
gested that the conversion of propane was close to 70% at
570 °C in the first stage, suggesting that high temperature was
favourable for the conversion of propane. For the production of
aromatics, there was an apparent induction period of 1-5 h,
where the yield of aromatics increased from 28% to 34% in the
first stage. This was due to the building of a hydrocarbon pool
inside the zeolite, as reported in many other studies."** After
that, the yield of aromatics remained very constant at 34-35.5%
in the first stage for 5-20 h. Moreover, the yield of olefins
remained constant at 13% in the first stage for 20 h. Also,
further conversion of olefins in the second stage was also very
stable, resulting in a decrease in the yield of olefins to 5% in the
second stage for 20 h. The transformation of olefins in the
second stage contributed to the increase in the yield of
aromatics to 36-39.5% for 20 h. The steady changing trend
validated the effectiveness of the enhanced production of
aromatics from olefins in situ in the second stage for such
a temperature shifting two-stage fluidized bed technology. In
addition, the transformation of propane into aromatics yielded
hydrogen in a large amount (Fig. 1c). The volume ratio of
hydrogen in 1-5 h was smaller than 8%, also confirming the
presence of an induction period for the catalyst. After that, the
volume ratio of hydrogen exceeded 8-10% in the first stage. The
volume ratio of hydrogen only dropped a very small bit in the
exit of the second stage, validating the effective suppression of
the side reactions at low temperature in the second stage.

As follows, we analysed the distribution of aromatics in
detail (Fig. 2a). The ratio of B was the largest, T was the second
largest and xylene (X) was very small. This suggested that the
high temperature condition favoured the formation of B and T
with few methyl groups on the benzene ring, indicating a deal-
kylation effect.'®'”*° The yields of B and T showed a much more
rapid increasing trend compared to that of X in the induction
period, where the coke amount was low and didn't exert
a diffusion barrier on these molecules. In this case, the
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Fig. 2 (a) Time-dependent distribution of aromatics in the exit of 1
and 2" stages (hydrocarbon base). (b) Time-dependent distribution of
olefins in the exit of 15 and 2"¢ stages (hydrocarbon base). (c) Time-
dependent distribution of paraffins in the exit of 1%t and 2" stages
(hydrocarbon base).

increased yields of B and T were attributed to the altering of the
acidic sites with the increased dealkylation ability. The
following reactions in the second stage resulted in the decrease
in the yields of B and T, but an increase in the yields of X,
ethylbenzene (EB) and trimethylbenzene (TriMB). The latter two
were apparently the products of alkylation between olefins with
B and T.'*" Quantitatively, the yields of B and T decreased by 2-
2.5% and 0.5%, respectively. The yields of X, EB and TriMB
increased by 1-1.5%, 2% and 2.5%, respectively. The increased
part of X, EB and TriMB was larger than the decreased part of B
and T. From the changing trend of olefins (Fig. 2b), it can be
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found that the yield of ethylene decreased by 4% from the 1st
stage to the 2nd stage, while the yield of propene dropped by 2%
at 1 h and by 4.5% at 19 h, The yield of butene, however,
increased by 1% from the 1st stage to the 2nd stage. This sug-
gested that except for the dominant alkylation of olefins with B
and T, the self-aromatization of olefins and the transformation
to other intermediates (butene) still occur at low temperatures
in the second stage. Although the components of gases entering
into the second stage differed with the reaction time, the
combined effect of the alkylation and self-aromatization of
olefins made the gross yield of aromatics in the second stage
nearly constant with the reaction time (Fig. 1a).

In addition, we also compared the hydrogen transfer effect in
the different stages (Fig. 2c). The yields of methane, ethane and
butane all increased by 1-2% after the transformation in the
second stage. Ethane and butane were both the products from
ethylene and butene via the hydrogen transfer effect, respec-
tively. As compared to the formation of aromatics from ethylene
and the ratio of butene in the second stage, we would like to
state that the hydrogen transfer effect still existed but was
insignificant in the present study. This validated the effective-
ness of the suppression of the hydrogen transfer effect by the
use of temperature shifting in the two-stage fluidized bed.

In addition, it is very interesting that the activity of the
catalyst for the formation of aromatics was stable for around
20 h, but the activity of produced methane was suppressed
sustainably. Quantitatively, the TGA pattern indicated that the
catalyst in the first stage and second stages contained 4.5% coke
and 5.8% coke, respectively (Fig. 3a). This suggested that both
the decreased yields of methane were due to the coke deposition
of the catalysts in the different stages. Nearly 5% coke deposi-
tion on the catalyst resulted in a decreased yield of methane by
15% within 20 h. This, we think, is therefore a very good method
to suppress the undesirable methane, which is inert to further
transform and is of low cost in all hydrocarbons. Coke, some-
times, is desirable for the circulating fluidized bed reactor since
its burning in the reactor of a regenerating catalyst by air
provides the necessary heat for the high temperature for this
endothermic reaction.**?»*> In addition, the derivative ther-
mogravimetric (DTG) pattern (Fig. 3a inset) indicated that there
was an apparent peak centre at 537 °C for the coke on the
catalysts in the first stage (Fig. 3b). The value was higher than
that for the burning temperature of poly-aromatics but close to
that for the activated carbon or carbon filaments. In addition,
this burning temperature of the coke was higher than the
temperature (centre at 476 °C) of the coke at the second stage.
This apparently suggests that the coke in the first stage and
second stage is significantly different.

We compared the acidic properties (NH;-TPD data) of the
catalyst used in the different stages (Fig. 3b and c). There was
a strong peak of weak acids for the Ga/ZSM-5 catalyst centred at
213-216 °C, but they remained nearly unchanged before and
after the deposition of coke. The difference between the fresh
and the coke-deposited Ga/ZSM-5 catalysts mainly comes from
the peak intensity between 400-550 °C, assigned to the middle
strength or strong acids. This result is reasonable considering
the dehydrogenation of propane and the formation of a benzene
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Fig. 3 (a) Thermal gravimetric analysis of coke on the catalysts for

20 h; the inset is the DTG result of (a). (b) NHz-TPD analysis of the Ga/
ZSM-5 catalyst before and after the reactions for 20 h. (c) NHz-TPD
analysis of the HZSM-5 catalyst before and after the reactions for 20 h.

ring require high temperature and strong acidic sites. In
comparison, the HZSM-5 catalyst used in second stage mainly
exhibited a difference in the low temperature region (centred at
208-220 °C), assigned to the weak acids.*****° The acid amount
of these weak acids dropped significantly after the deposition of

This journal is © The Royal Society of Chemistry 2019


http://creativecommons.org/licenses/by-nc/3.0/
http://creativecommons.org/licenses/by-nc/3.0/
https://doi.org/10.1039/c9ra05420k

Open Access Article. Published on 23 August 2019. Downloaded on 3/12/2026 12:50:02 AM.

Thisarticleislicensed under a Creative Commons Attribution-NonCommercial 3.0 Unported Licence.

(cc)

Paper

coke. This result is also reasonable considering the alkylation of
olefins with B/T is relatively easy, for which the weak acids on
the catalyst are enough.

We used CH,Cl, to extract the coke in the different stages
and used GC-MS to analyze the solutions (Fig. 4a). It was clear
that there were various peaks observed for the coke in the
second stage, which contained sing-, double-, triple-, even tetra-
benzene ring derivates. In sharp contrast, there was nearly none
of these organic compounds observed with the coke in the first
stage. This suggested that the coke was formed by the gradual
dehydrogenation of poly-aromatics in the second stage at low
temperature with the increase in reaction time.>>*® However, the
high temperature in the first stage resulted in a quick dehy-
drogenation of the poly-aromatics to further become a graphite-
type product or amorphous carbon. This well explains the
strange trend in the present work that the coke amount at low
temperatures (second stage) was higher than that found at high
temperature (first stage). In addition, as the remaining
temperature was nearly the same in the second stage, olefins in
a dry condition (the present study) tended to become coke,
compared to that in a wet condition (where the partial pressure
of water is very high) in the MTA process.*®

Raman spectroscopy further confirmed this trend (Fig. 4b).
For the coke deposited on the catalyst in the first stage, the
intensity ratio of the D band to G band was 0.534, larger that
(0.455) at the second stage. This suggested the formation of
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Fig. 4 (a) GC-MS chromatograms of the organic species in the

catalysts (used for 20 h) extracted by CH,Cl,. (b) Raman spectra of the
coke-deposited catalyst for 20 h.
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highly graphitized carbon by a serious dehydrogenation. In
addition, the peaks of the D band and G band for the coke in the
second stage were also very wider compared to those in the first
stage, providing direct evidence of the presence of non-
crystalline poly-aromatics in the second stage.

Considering the time-dependent total conversion of
propane, total selectivity of aromatics, total selectivity of olefins
and paraffins, the catalysts in the first and second stages were
all very stable within 20 h reaction. It is hard to say that the
catalyst was seriously deactivated. Many previous studies have
confirmed the low deposition rate of coke on the Ga/ZSM-5
catalyst with high stability.***” The active sites responsible for
the formation of aromatics, for the dehydrogenation of propane
and for the surface alkylation of olefins and B/T were all less
influenced by the deposition of coke with the increase in the
reaction time in the present study, probably owing to the
deposition position of the coke.”® However, the coke deposited
process changed the profile of ethylene and propene, via
different hydrocarbon pools inside the zeolite channel.>»***
Further investigation is needed. In addition, the technology is
not only useful for the suppression of the hydrogen transfer
effect in propane to aromatics, but also for the selectivity
control of propene in similar MTA and MTO
processes.'»1417,2023.2632 We also summarized the results of the
conversion of propane and selectivity of BTX (Table S2, SI-27).
The results were apparently dependent on the operating
condition and catalyst. Even though our results (conversion of
propane: 70%, selectivity of BTX: 50%) in a fluidized bed with
large quantities of catalysts (340 g Ga/ZSM-5 and 34 g HZSM-5)
rank in the middle among many data obtained in packed beds
with small quantities of catalyst (1 g), they suggest the flow
mode of the gases in a two-stage fluidized bed is close to that in
a packed bed, validating our original purpose.

In summary, we validated the temperature-shifting second-
stage fluidized bed technology for the deep conversion of
propane to achieve a high yield of aromatics. Here, two stages
served for propane aromatization and the alkylation of olefins
(C,-C3) with aromatics in sequence. Olefins were successfully
converted into aromatics. Characterization of the coke sug-
gested different dehydrogenation effects in different stages by
the temperature effect. The deposition of coke on the catalyst
suppressed the formation of methane, but did not influence the
gross conversion of propane and the gross yield of aromatics.
These results provide new insights into the process intensifi-
cation technology for propane-to-aromatics conversion.
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