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Heat transfer effect in scaling-up a fluidized bed
reactor for propylene polymerization
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The effects of operating conditions and scaling-up on reactor temperature control and performance in

propylene polymerization fluidized bed reactors were studied by phenomenological and CFD models. A

phenomenological model with CFD hydrodynamics parameters predicts average information, while
a CFD-based reactor model provides local information. Results suggest improved productivity and
reactor temperature control by cautiously increasing catalyst feed rate, operating temperature, reactor
size and superficial velocity, with consideration of hot spots and catalyst deactivation. High catalyst

loading increases productivity but involves risk with regards to the control of oscillating temperature and

hot spots. The model identifies an operating window to improve productivity and temperature control
and to study operation details. Mixing effect is important to heat transfer but not to propylene
conversion. Scaling-up cannot provide similarity of heat transfer. Keeping the same temperature when
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scaling up from 0.2 to 4 m in diameter requires heat transfer area multiplying factors of 2.43 to 5.26 or

lowering the wall temperature by 7 to 18 K. Hot spots are detected with a temperature variation of 10 to

DOI: 10.1039/c8ra04834g

rsc.li/rsc-advances information on scale up.

1. Introduction

Polypropylene (PP) polymerization is usually operated in either
three-phase slurry or gas fluidized reactors.” A slurry mode of
operation provides good temperature control due to the liquid
solvent being able to provide good heat transfer. However, by
the nature of high viscosity of the slurry, the solid content has to
be limited. Moreover, an additional evaporation unit is needed.
In contrast, a gas-phase polypropylene polymerization fluidized
bed is more attractive due to the fact that it can be operated with
a high solid loading, requires neither drying nor separation of
polymers from solvents and has relatively low environmental
impact.>® Nevertheless, heat transfer in a gas-phase fluidized
bed is limited, especially in a high-solid-loading mode of
operation, due to highly exothermic polymerization and poor
heat transfer in the gas phase of the system. Thus, the bed
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14 K. The results are useful for analyses of laboratory and industrial scale reactors and provide

temperature is difficult to control. The temperature of the
polymer particles tends to rise, leading to particle overheating,
sintering, catalyst deactivation, and loss of control over polymer
product properties, including particle morphology. Polymer
particles can melt and stick together to form bigger particles or
fuse into a sheet or large chunk because the temperature in the
reactor is greater than the melting point of the polymer. The
fluidized bed operation can then approach a de-fluidized
regime. A PP industrial fluidized bed reactor needs to shut
down for clearing plastic chunks accumulated in the reactor
over time. Thus temperature control is of primary concern to
the overall reactor performance. The major challenges in this
present work are to achieve faster reactions and higher
production of PP with appropriate catalyst feed rate while
retaining product quality and overcoming the heat transfer
limitations. In addition, the problem of heat transfer limitation
in reactor scaling up has to be focused on.

Models for fluidized bed reactors with reasonable simplifi-
cations are useful for this challenge. Two modeling
approaches—phenomenological model and computational
fluid dynamic based model—can be used for modeling the
polymerization reactor. A phenomenological model is capable
of predicting overall performance, i.e., monomer concentration,
polymer production rate, bed temperature, molecular weight in
a polymerization reactor as an averaged solution with reason-
ably computational time. However, the spatial variation of
reactor performance cannot be obtained. Fortunately, the
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conversion of this reaction is in a low range, e.g., less than
10%.%*” This model, based on average bed phenomena, can thus
sufficiently estimate the operating variables. However, the high
degree of heat released from the exothermic polymerization
reaction can cause a non-uniform temperature distribution,
leading to hotspot generation. CFD-based reactor analysis is
able to provide necessary information on the spatial distribu-
tions of phase movements and local temperature distribution.

Species balance of multiple components, heat transfer for
both phases, and method of moments, can be used for pre-
dicting reactor performance by considering the hydrodynamic
and transport parameters, which may be treated as constant
values for simplicity. Several researchers®>™® have applied a well-
mixed model for polypropylene production. In the literature,
the hydrodynamic parameters such as bed expansion and solid
holdup were mainly obtained from the correlations based on
Geldart A. Polymerization is usually carried out in a wide range
of particle sizes, ranged from Geldart A to Geldart B. In addi-
tion, the reactor is operated at high temperature and pressure.
The available correlations are usually based on cold models and
in the regime of Geldart A. Thus the hydrodynamic parameters
should be modified such that they better approximate real
operating conditions. Hydrodynamics based on hot models
obtained by CFD are required so as to obtain key parameters for
accurate prediction of heat and mass transfer in a fluidized bed
reactor.

Phenomenological models cannot provide local variation of
temperature in the reactor, which is useful for monitoring
hotspots and the possibility of polymer melting. CFD-based
reactor analysis can capture local behavior of gas-solid in
a fluidized bed reactor. The temperature distribution can be
clearly explored by this model. An Eulerian-Eulerian approach
to CFD has been successful to describe the hydrodynamics of
gas-solid systems.'*** Xu et al. (2012)* and Yao et al. (2014)*
applied CFD to polypropylene in a fluidized bed reactor. Li et al.
(2016)*® used a computational fluid dynamics-discrete element
model for studying temperature variation in fluidized beds. In
their work, a constant heat source was added into the energy
balance equation for the solid phase so as to mimic the
propylene polymerization reaction heat. Temperature distribu-
tion and hotspots occurrence were found. The extension of Li
et al.'s work considered here includes species balance for
polymerization for non-uniformity of heat effect.

Combining the momentum, energy and species balances in
the CFD models with the complex kinetic polymerization model
as well as the method of moments can provide the distributions
of solid holdup, temperature, polymerization conversion and
polymer molecular weight. Although a CFD approach is useful
to improve our understanding of this polymerization, it has
a limitation in term of simulation time. Therefore, in this work,
the limitation will be avoided by seperating the simulation into
two levels of study. At the first level, a phenomenological model
will be used to predict the overall performance in terms of
monomer concentration, polymer production rate, bed
temperature, and molecular weight in the polymerization
reactor as an averaged solution. Subsequently, the solution
obtained from the phenomenological model is used to provide
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the starting conditions for a CFD model. So as to get more
detailed understanding, CFD will be used to provide additional
information on local distributions of studied variables as well as
hotspots in the fluidized bed reactor.

A heat transfer limitation problem can occur during reactor
scaling up from a laboratory scale to industrial scale. To keep
hydrodynamic similarity, Glicksman'”*® proposed a set of non-
dimensional parameters by non-dimensionalizing the govern-
ing equations of motion for the fluids and the solids in a fluid-
ized bed. In addition, similarity in weight space time should be
a criterion in order to have reactor performance similarity.
These two criteria of similarities were used in the scaling-up
work.

The aim of this work is to develop models at two levels and
point out the utility of such an approach for carrying out
simulations of a fluidized bed reactor for propylene polymeri-
zation. To improve productivity and change product properties,
the operating variables studied are catalyst feed rate, operating
temperature, hydrogen feed, reactor size and superficial
velocity, and the sensitivity to operation window will be exam-
ined. In addition, local distributions of phase movements and
local temperature distribution will be also studied in order to
avoid polymer overheating, hot spots and possibility of polymer
melting. The combination model presented in this work is
unique and will be useful for improving the understanding of
propylene polymerization in fluidized bed reactors and analysis
both of a laboratory reactor and industrial reactor.

2. Mathematical model

Two models—a phenomenological model and a CFD-based
model—are developed in this work. The phenomenological
model is capable of predicting average monomer concentration,
polymer production rate, bed temperature, and molecular
weight in a polymerization reactor as an averaged solution.
Meanwhile the CFD-based model is able to provide the local
distributions of phase movements and the local temperature
distribution. CFD simulation has a limitation in term of simu-
lation time. Therefore, in this work, the phenomenological
model is used to provide starting conditions for the CFD based
model, as shown in Fig. 1. The phenomenological model is
based on a well-mixed model which consists of energy balance,
species balance for gas and solid phases and moment equa-
tions. The solid holdup and heat transfer parameters in this
model were obtained from CFD hydrodynamic simulation
based on high temperature and pressure conditions (see Fig. 1).
The solutions for concentration of each species, concentration
of catalyst, moments, and reactor temperature obtained from
the phenomenological model were used to initialize the CFD-
based model for local parameters studies.

2.1 Phenomenological model

The fluidized bed reactor in this work is operated with
a continuous feed of gas and solid catalyst. In the simulation,
the product removal rate is accounted for, and the reactor
performance is monitored as a function of time. The gas and

This journal is © The Royal Society of Chemistry 2018
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Fig.1 The schematic of coupling CFD and phenomenological model.

solid flows are assumed to be those of a well-mixed continuous
reactor. Heat and mass transfer between bubble and emulsion
phase are fast and also relatively unimportant since almost pure
propylene is used as a feed. Hence the difference of monomer
concentrations in the bubble and emulsion are expected to be
quite small. The volume fraction of solid, temperature and
concentrations of gas and solid are treated as uniform in the
reactor, with each value represented as its average. However,
they vary with operation time.

The solid holdup in the reactor is a significant factor in the
definition of reactor performance and is usually obtained from
available correlations.*?® Available correlations are not suitable
for a fluidized bed reactor operated in severe conditions. The
solid holdup obtained for high temperature and pressure in this
work is obtained from the CFD hydrodynamic model to super-
sede the usual cold model correlations.

A transient mass balance for gas and solid phases based on
a well-mixed model for each species then can be shown as
follows.

The gas phase species balance is written as the terms of
convection, accumulation, and reaction:

d[Ci]i uA
dt (1 —a)

(1—a)

where u, is the superficial velocity of gas (m s~ %), a, the solid
holdup in the reactor, A the cross sectional area of fluidized bed
reactor (m?), Ry ; the production rate of species i in the gas phase
(kmol m> s™%), [C;] the concentration of species i in the gas
phase (kmol m ), [Cj]i, the inlet concentration of species i in
gas phase (kmol m™®). Index i refers to propylene or
hydrogen.

The unsteady-state species conservation equation for the
solid phase:

d[cs,J] _ qcat )
dr Vras[csd}“‘i

(ICili, = [C) + Ry 1)

Qo
Viag

[Cui] + Ry (@)
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where .. is the volumetric flow rate of catalyst feeding (m>s ™),
[Cs,i] the concentration of species j in the solid phase (kmol
m ), [Cs]in the inlet concentration of species j in the solid
phase (kmol m™?), Ry; the production rate of species j in the
solid phase. Index j refers to one of dead polymer, active cata-
lyst, non-active catalyst or dead catalyst. Qo is the volumetric
flow rate of polymer removal (m® s') to maintain the solid
level. The mass solid balance equation considers the polymer
production rate and the solid catalyst feed rate:

1
Q= p_ (MWC3H(,Rg.M + MngRgAHZ) + Geat (3)

s

An energy balance based on a pseudo-homogeneous phase is
used to predict the temperature of the reactor. In the system,
heat is mainly generated from propagation. The unsteady-state
energy equation is as follows:

T
(Z Mi[Cilepg Viag + pscps V, as) (iit

i=1

m m

LloA Z Mwi [Ci}incpg(Tin - Tref) _qu Z Mwi [Ci]Cpg(T - Trel')
i=1 i=1

+ qcatPsCps (Tm - rel) QOpsts (T Trel) + o V AH R

+hyAy(Ty — T) (4)

where R, is the rate of propagation (kmol m™ s™'), A, the
reactor wall area (m?), M,,; the molecular weight of species i, T,
the reactor wall temperature (K), T the reactor temperature (K),
¢pg the heat capacity of gas (k] kg ' K '), ¢, the heat capacity of
solid (k] kg~ K1), AH, the heat of propagation polymerization
(k] kmol '), and h,, the heat transfer coefficient between bed to
wall (W m~? K™ "). The bed-to-wall heat transfer coefficient
significantly depends on hydrodynamics in the bed.****

The local bed-to-wall heat transfer coefficient was calculated
from the following equation:

a7
+ (1 - ag)ks‘eﬂ‘ a—x

(To — Ty) )

3T,

oKy et |=—
gne ax

hy =

where T,, is the wall temperature, T}, the bulk temperature, x the
distance from the computational node to the heating wall.

The temperature gradient and phase holdups in eqn (5) were
calculated in each computational node in the computational
domain using CFD model.

The effective thermal conductivity, ks, consists of molecular
and turbulent thermal conductivities.”® The latter is derived
using the analogy between heat and momentum transfer.
Therefore, the effective thermal conductivity can be written as:

(6)

Cpafig

kqetl*k +—=— Pt

where kg is the molecular thermal conductivity for q phase (W
m~ ' K™Y), Pr, the turbulent Prandtl number.

The turbulent viscosity of phase q, uygq, is obtained from
solving the conservation of turbulent kinetic energy and
turbulent dissipation in CFD hydrodynamic and KTGF models
as mentioned in Section 2.4.
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Activation energy

Step of polypropylene polymerization Reaction Frequency factor (kcal mol ™)

(1) Chain initiation C* 4 M P kv = 1.165 x 10° m,” kg mol ™' s7* 10.5

(2) Chain propagation P M, k, = 1.370 x 10° m,’> kg mol ' s* 10.5
i Lyl

(3) Chain transfer

- Transfer to monomer P'iM kem P, 1 C* kemt = 4.404 x 10° mg3 kg mol *s ! 10.5
i — K

- Transfer to hydrogen P4 H, ko by o ke = 1.528 x 107 m,” kg mol " 57! 10.5
i i

(4) Chain termination

- Active polymer deactivation LI kg =9.219 x 10> s~ * 10.5
i 1

- Catalyst deactivation c* X ey kg =9.219 x 10*s~ ! 10.5

2.2 Kinetic rate

The mechanism of propylene polymerization in gas and solid
phases is shown in Table 1. It consists of the steps of initiation,
propagation, chain transfers, site transformation and deacti-
vation.” Active catalyst in the solid phase reacts with propylene
monomer to form an active monomer. Then, the active mono-
mer reacts repeatedly with propylene to form active dimers and
continues to form longer polymer chains. Propagation of active
polypropylene with monomer to form longer active polymer
chain then proceeds. Finally, the active polymer terminates and
becomes a dead polymer chain in either of two mechanisms:
chain transfer or termination. The kinetic rate constants for
each reaction rate is defined as a function of temperature as
Arrhenius’ law, with frequency factors and activation energy in
terms of a one-site kinetic model, as presented in Table 1.7*?*
The propagation and deactivation steps are essential steps to
define activity of catalysts and productivity. Previously, Zacca
and coworkers® have used a one-site model in good agreement
with the experimental data of Drusco and Rinaldi.** Only small
differences between a one-site and a two-site model in terms of
overall yield and productivities in polypropylene reactor were
found. One site of catalyst was good enough for evaluating the

Table 2 Reaction rate expressions for each species

overall yield, productivities and averaged molecular weight,
which is our main objective here. Likewise a single lumped
model of the reaction rate is adequate for the purpose of this
work, giving a reasonable calculation time. The rate constants
for this polymerization at 69 °C are obtained from litera-
tures,””*® and the activation energy is obtained from Boor.?® The
frequency factor and activation energy for this polymerization
are shown in Table 1. The reaction rate expressions can be
written as shown in eqn (7)-(13) in Table 2.where [Cy,] is the
concentration of monomer (kmol m™?), [Csc+] the molar
concentration of active catalyst (kmol m™?), [Cp+] the molar
concentration of active polymer of length 7 (kmol rr!173), [Cyy,]the
concentration of hydrogen (kmol m ), i the degree of poly-
merization, [CP;] the molar concentration of active polymer of
length 1 or active monomer (kmol m ™), and [Cp] the molar
concentration of dead polymer of length i (kmol m ™).

2.3 Method of moments

A method of moments permits one to solve for moments of
chain length distribution with relatively small computational
effort. Average chain length can then be easily calculated from
the moments and is used for predicting average molecular

Species Production rate
Monomer ad ad (7)
Ry = ~kin[Cs.c+][Cut] — kp[Cum] Y Cpr — kerma[Cm] Y _ Gy
i=1 i=1
Hydrogen (8)

Rup, = ~kan[Cu] Y Cpr
i=1
Active catalyst

Dead catalyst *
Rey=ka ) Cpr +ka[Cocr]

i=1
Active chains with length i = 1

Active chains with length i = 2

i=2
o

Dead polymer

i=1
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Re+ = —kim[Cs c+][Cm] + kerm[Cu] Z Cp;‘ + ke [Cu,) Z Cp,* — ka[Cs c+]
=1 =1

Rp, = kum[Cu] Z Cp;‘ + kunu[Cr,) Z Cp’“ + kaq Z ij

i= i=

(10)
Ry, = kim[Cs,0][Cm] — [CPI](kp[CM] + kam[Cm] + ket [Cu,] + ka) (11)
oo o o =] o (12)
Ryt = —kp[Cw] > Cp + kp[Cw] > Cpr | — kum[Cu] > Cpr — kegua[Ci, > Cpr — ka > Cpr
i=2 =2 i=2 =2
0 oo (13)

i=1 i=1
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weight.>**® Eqn (7)-(13) give the reaction rates based on chain Rc., = kalo + kd[Cs c+] (18)
length, which can then be modified into the form of moments

by applying the method of moments.**"** The zeroth moments R;, = kim[Cs.c+l[Cm] — Aotkem[Cm] + kun[Cr] + ka)  (19)
of active polymer and dead polymer can be defined as the

summation of active and dead polymer, as shown in eqn (14): Ry, = Aolkym[Cwm] + kyn[Ch,] + ka) (20)

= . Solving the equations of mass balances, eqn (15)-(20)

A = Cpr |, = C 14 ’ ’

’ ;[ P’} Ho ;[ d () combined with the kinetic rates in Table 1, the solutions of

concentrations of monomer (Cy;) and hydrogen (Cy,) in gas
phase, concentrations of active (Cs ) and dead (Cg c,) catalyst
can be obtained. In addition, the moments—i.e. zero, first and
second moments—of active polymer (24,41,4,) and the same of
dead polymer (uo,uq,u2) can be calculated using a moment

where 1, is the total active polymer, a key parameter deter-
mining propagation rate, and u, the total dead polymer.
Following this procedure, eqn (7)-(13) are modified in terms of
zeroth moment as shown in eqn (15)-(20):

balance:
Ry = —kim[Cs c+l[Cml — (kp + ki) [Cuml2o (15)
diC )
=Ry — —|C 21
Ry, = —kiu[Ca,lo (16) dr sk Vo, [Cy] (21)
Rex = —kim[Cs.c+l[Cm] + keem[Cmldo + kierl[CriJAo — kd[Ces](17)
Table 3 Conservation equations
Equations
Continuity equation for gas and solid phases
9 = .
&(zxgpg) + V-(agpgvg) = —ng (31)
9 ~ .
E(D‘sl’s) + V- (asps¥s) = mgs (32)
Momentum balance equations for gas and solid phases
d o - - = = S o -
a(o‘g/’g"g) + V- (agpgVgVy) = agped + V Ty + V- Teg — ag VP + (Vs — V) — mygsVy (33)
d - .o - = = S L o
a(aspsvs) + V- (aspgVis¥s) = aspsg + V-Ts + VoTes — s VP — VP + B(Vy — V5) + mgs Vs (34)
Energy balance equations for gas and solid phases
4 S = - ~
&(agpgcpng) + V- (agpeVgpg Ty) = gV (kett g VT) + Ty : Vig — Vg, + hsg(Ts — Ty) (35)
a -
&(aspscps Ts) + V- (aspsVscps Ts) = asV(kestsVT) + hgs(Ty — Ts) + RyAH: (36)
Species balance equations for gas and solid phases
a . o
37 Peeei) + V- (pgtggiVy) = —V-ag/gi + MuiRy; (37)
a -
E(Psasxs.j) + V'(psasxs.jvs) = ij st (38)
Granular temperature transport equations for solid phase
3[a - = -
2 E(aspsﬁ) + V'(O(Spsﬁvs)j| = (=Pol +75) : Vil + V- (kgsV(0)) — vps + ¢gs (39)
Conservation equation for turbulent kinetic energy
d - M,
37 (Pattakq) + V- (aqpakq¥y) = V- (aq oqukq)
N
+ ("‘quq - aqpqu) + ZK"‘] (qukn - ankq)
n=1
N
- - :ut n
-Y°K —7,) iy
u M
T 4
+ ;an (Vn - Vq) : aqo_qvan (40)
Conservation equation for turbulent dissipation rate
4] . M, &
a(l’q“qsq) + V- (agpqeqiq) = V- (‘Xq %V3q> + “qqu(cleGkvq — Caepyeq)
e q
oy . ) . ) (@)
+C39k_q (Zan(qukn - ankq) - ZKU({(‘?" - fyq) Lo Vo, + Zan(‘Tn - 17q) 4 Vl)lq>
4\ n=1 n=1 *n0n n=1 ®qTq
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where Ry is the production rate of moments (kmol m > s ")
and [C,] the concentration of each moment (kmol m™3). Here
index k refers to order of moments, while [Cy] refers to
AosA1yAosthosta,iz- The higher moments, (A4,A5,uq,u,), are also
solved for using the moment conservation equations for pre-
dicting molecular weight. The method of moments for first and
second moments of active polymer and dead polymer are
expressed as follows:

A= z::i[cp;]

©

=Y 7 [CPT} (22)

1

8
8

p = 3iCH] = 3 PICH] (23

i=1 i=1

The rate of reaction for higher moments can be written as in
eqn (24)-(27):

R;, = kim[Cs,cl[Cm] — A1 (kum[Com] + kera[Cr,] + ka)

+ ko [Culo (24)
Ry, = kimlCs,c+I[Cm] — Ao(kim[Cm] + ken[Cr] + ka)
+ ey [Cul2A1 + 7o) (25)
Ry, = Jilkum[Cm] + kyen[Cr,] + kg (26)
Ry, = Molkum[Cum] + kunlCr,] + kg (27)

Ultimately, using the following equation, the number and
weight average molecular weight (M,,M,,) are determined:*°

= A

M, =M 28
n WMH0+AO ( ]

— Mo + Ao

M, = M, 29
w WM,U-1+AI ( ]

2.4 Mathematical model based on CFD

Gas-solid propylene polymerization in a fluidized bed reactor was
investigated using a CFD approach for local information predic-
tion. The mathematical models in the overall CFD approach
based on conservation for mass, momentum, energy, and species
are summarized in Table 3. The interphase momentum transfer
coefficient is obtained from Gidaspow's correlations.* The cor-
responding shear stress for solid phase is estimated from the
kinetic theory of granular flow (KTGF). Granular temperature is
proportional to the kinetic energy of the random motion of the
particles. The granular temperature transport equations for solid
phase is provided by Ding and Gidaspow™ as shown in Table 3.
Assuming that the granular energy is in steady state and dissi-
pated locally, the convection and diffusion were neglected. Chen*
and coworker has indicated that the results show no significant
differences in using this simplification. The granular temperature
transport equation can be simplified to an algebraic equation. The
closure transport coefficients for solving granular temperature
transport equation are listed in Table 4. The Reynold stress related
to turbulent viscosity is estimated from the standard k—¢ turbulent

28298 | RSC Adv., 2018, 8, 28293-28312
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Table 4 Constitutive equations

Constitutive equations

Solid pressure®®
Py = aspse + 2g004s2)059(1 + 6')
Radial distribution function®®

141
— % 1— s 3
0= 5 Qs max

Solid bulk viscosity*’

4 0
Es = gaspsdsgo(l + E)\/;
Solid shear viscosity**

Ms = s collision + Ms kinetic + Ms, friction

4 0
Hs collision = gaspsdsg()(l + E)\/;

P sin ¢
Hs friction = 2\/?

10dsps v 07 4
bttt S | ~(1 ,
96asg0(1 +e) + 5( +e)asg
Diffusion coefficient for granular temperature®*

2

Hs kinetic —

 150pdVOT[ 6 2 ) \/5
kos = m l+gasg0(l +e)| +2psas°ds(1+e)go -

Collisional dissipation of solid fluctuating kinetic energy®’

4 /0
Yos = 3(1 - 62)a52p5g00<ds \/;)

Energy exchange between gas and solid**

¢gs = 344

Interphase momentum transfer coefficient®*

aZ o Vs — V
150225 4 175 onel% ~ el o <038
ogds s
B= B
SrR L T NY

4 ds
Interphase heat transfer coefficient®”
Nuy = 2.0 + 0.6Re,"*Pr'/?

g = 6kgocsoznguS

ds
Stress tensor
Gas phase

~ill

_ 2
= - o\T -
Ty = gty (Vg + (V)" ) — gag,ug(V-vg)

Solid phase

= S o\T 2 oN\T
Ts = Qs (V"s + (V¥s) > —ag| & — E,ug (V'Vs)l
Reynolds stress

_ 2 =
= - “\T -
Teq = ozq,u.t’q[v.vq + (V) ] — gaq(quq + pqp,t_qv~vq)]

model. The turbulent kinetic energy, k, and the turbulent dissi-
pation rate, ¢, for phase q are obtained by solving eqn (40) and (41)
in Table 3. The solutions of turbulent kinetic energy and turbulent
dissipation rate of phase q were used to calculate turbulent
viscosity as

kq’

. (30)

Miq = Pq C;L
where q represents either gas or solid phase and C, the turbu-
lent model constant. Further details can be found in the stan-
dard k-e¢ turbulence model proposed by Launder and
Spalding.** The energy balances for gas and solid phases

This journal is © The Royal Society of Chemistry 2018
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Table 5 Feed and reactor conditions

Value
Gas phase
Concentration of each species in feed gas mixture
- Propylene (kmol m?) 1.267
- Hydrogen (kmol m™?) 0.01-0.03
- Nitrogen (kmol m ™) 0.056
Solid phase
Density, p, (kg m %) 910
Diameter, ds (um) 500
Mass fraction of each specie in solid catalyst
- Active catalyst 0.008
- Non-active catalyst 0.992
Operating conditions
Pressure, (bar) 25

assume that the reactions occur on the solid phase;** heat of
reaction is thus released to the solid phase. No reaction occurs
in the gas phase. The energy balances are written in terms of
heat convection and conduction, energy dissipation, heat from
species diffusion, heat transfer between phases and heat of
polymerization. The interphase heat transfer coefficient
between gas and solid is estimated by the Ranz-Marshall
equation.’” Polymerization reactor contains gas and solid pha-
ses. The gas phase consists of propylene, hydrogen and
nitrogen, while the solid phase in the reactor consists of active
catalyst, non-active catalyst, dead catalyst and polymer. The
species equation can be written in terms of accumulation,
convection, diffusion, transfer rate between gas and solid pha-
ses and reaction rate.

2.5 Simulation conditions

In this work, a fluidized bed reactor used for polymerization of
propylene is continuously fed with propylene, nitrogen and
hydrogen at the bottom of the fluidized bed. Hydrogen is
a terminator. Solid catalyst particles with a size of 500 microns
are also fed continuously at the bottom of the reactor. Polymer
product is removed from the bottom of reactor to maintain the
level of the bed.

Table 6 Studied effects of operating conditions

View Article Online
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Here a fluidized bed reactor of height 8 m and 2 m in
diameter is used in a 2D CFD approach in order to reduce
simulation time. The feed and reactor conditions are shown in
Table 5. The effects of key process parameters including those
of feed catalyst rate, temperature, gas velocity, hydrogen
concentration are studied as shown in Table 6.

2.6 Scaling up

Scale-up of fluidized bed reactors is an attractive challenge. It
can be carried out with appropriate criteria so as to obtain
similarities in hydrodynamic and reactor performance. The
traditional approach focuses on finding scaling laws for various
sets of dimensionless numbers.'”*® Glicksman et al.’” proposed
a set of constant dimensionless parameters obtained by non-
dimensionalizing the governing equations of motion for the
fluids and the solids in a fluidized bed with expectation to
obtain hydrodynamic similarity upon scaling up. Glickman's set
of dimensionless numbers are py/pg, Uo>/gD, Uo/timg, Gslpstto and
H/D. Nevertheless, scaling up by hydrodynamic similarity is not
able to directly predict behavior in a fluidized bed with poly-
merization. Polymerization does not scale proportionally with
increasing reactor size. To maintain polymerization similarity,
the weight space time, which is the ratio of the weight of solid
particles to the flow rate of monomer, should be fixed in order
to have a similar reactor performance. This work studies the
effect of scale-up using two different criteria—Set I based on
weight space time (t) similarity and Set II based on H/D simi-
larity—with two different catalyst feed rates.

The scaling relationships and operating conditions of the
base case and scaled fluidized beds used for all cases studied
are shown in Table 7.

2.7 Simulation methodology

The results from the phenomenological model, with hydrody-
namic CFD results of solid fraction and wall heat transfer
coefficient, are used as input conditions to solve the Eulerian-
Eulerian two-fluid model equations of momentum, continuity,
species and energy. To set up the species equations, source
terms of gaseous and solid species in terms of complex poly-
merization rates as a function of moments are included via

Solid loading

Reactor temperature Catalyst feed Hydrogen feed concentration

Simulation case UolUme (kg) (X) (mgs™) (kmol m™?)
Effect of superficial gas velocity 1.5 2333 330 18.3 0.02
2.25 3500 27.5
3 4666 36.7
Effect of feed and wall temperature 2.25 3500 325 27.5 0.02
330
335
Effect of catalyst feed 2.25 3500 330 19.2 0.02
27.5
35.8
Effect of hydrogen feed concentration 2.25 3500 330 27.5 0.01
0.02
0.03

This journal is © The Royal Society of Chemistry 2018
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Table 7 Set of dimensionless group for scaling up with different operating conditions and scaling up criteria

Reactor diameter ps/pg

(m) (—) Uo*/gD x 10" (—) Uo/Ume (—) Gslpsito % 10° (—) H/D (—) W/Fpo (s)
Set I, 0.044 mg st 0.2 24.4 7.25 2.25 4.10 6.13 251

2 24.4 7.25 2.25 4.10 1.22 251

4 24.4 7.25 2.25 4.10 0.87 251
Set I, 0.087 mg st 0.2 24.4 7.25 2.25 8.06 6.13 251

2 24.4 7.25 2.25 8.06 1.22 251

4 24.4 7.25 2.25 8.06 0.87 251
Set II, 0.044 mg st 0.2 24.4 7.25 2.25 4.10 6.13 251

2 24.4 7.25 2.25 4.10 6.13 793

4 24.4 7.25 2.25 4.10 6.13 1121
Set 11, 0.087 mg s~ * 0.2 24.4 7.25 2.25 8.06 6.13 251

2 24.4 7.25 2.25 8.06 6.13 793

4 24.4 7.25 2.25 8.06 6.13 1121

adding User-Defined Functions (UDF) of source terms. In
addition, user-defined equations for transport scalar of each
moment (Ag,A1,A2,10,01,12), coupled with moments reaction
rates, are included. A source term of heat released from poly-
merization in a UDF form is included in the energy equation.
Simulations were carried out in a transient mode. All of the
above equations are solved simultaneously via CFD method to
provide local mass fraction of each species, phase holdup,
phase velocity, phase temperature and active and dead polymer
concentrations as seen in Fig. 2. Active and dead polymer
concentrations are used for molecular weight calculation. In the
present work, all the simulations were carried out in the
commercial software ANSYS Fluent 15.0.

Inlet velocity, temperature and compositions were specified
at the inlet boundary. Pressure with zero gradient conditions of
temperature and concentration was defined at the outlet
boundary. No slip conditions were specified at the wall for both
gas and solid phases. A constant temperature was specified at
the wall. The simulation with the time step of 10~ s and
a convergence criterion of 10> for each scale residual compo-
nent with 50 iterations per time step was used.

Grid independency has been checked to ensure that accurate
results were obtained. In grid independence studies, the

Phenomenological Model

Y

CFD based model

e

- UDF Source term of l

all species
- UDF for heat of

Eulerian-Eulerian Model

Momentum, Energy and species equation N
polymerization
xHJ » x‘v/
T,.T.q,

%,M"T
Method of moment

(User-defined Scalar (UDS) transport equation)

{"_UDF Source term |
i_of moments J

Localized output ;
Concentration, moments I:C*] [C ] [M] [H ] i
JLCLIML[H, ]

Gas and solid temperature
Catalyst concentration
L

Fig. 2 Schematic of coupling CFD with user-defined function.
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hydrodynamics of systems with three sizes of grid—14,400,
25 600 and 32 400 cells—are simulated. The system with a grid
of 25600 cells offers both good precision and appropriate
computational effort and is used to calculate all results.

3. Results and discussion

The results of this work are divided into two main parts: the
results based on the phenomenological model and the model
based on CFD.

3.1 Results based on phenomenological model

Comprehensive simulated results were obtained to evaluate the
effect of the key process parameters—i.e., superficial velocity,
feed temperature, catalyst feed rate, hydrogen concentration
and reactor size—on production yield, conversion and bed
temperature. The results from phenomenological model are as
given in the following subsections:

3.1.1 Effect of catalyst feed rate. Typically, catalyst feed rate
is increased to obtain higher polymer production rate. To get
a picture of the necessary precautions, the catalyst feed rate was
varied from 14 to 41.2 mg s~ holding constant gas feed rate at
three different constant feed temperatures so as to show the
effects of catalyst feed rate on the reactor temperature and
product yield (which the product yield is the production rate per
catalyst feed rate). A large reactor size of 2 m diameter, which is
on the order of semi-industrial scale, was used. Fig. 3 shows the
reactor temperature-time plot for different catalyst feed rates
and for various fixed feed temperatures. In the low range of
catalyst feed rate (14 to 27.5 mg s~ '), the reactor temperature
increases with catalyst feed rate. From the start up until
40 000 s, the temperature increases with time and becomes
constant. Nevertheless, product yield is not changed signifi-
cantly with catalyst feed rate. Over the range of higher catalyst
feed rate, ie. 35.8 to 41.2 mg s ', the reactor temperature
fluctuates strongly and can surge up to 400 K. Fig. 3a shows that
using the feed temperature of 325 K and the catalyst feed rate of
35.8 mg s ', the reactor temperature oscillates considerably,
over a range of approximately 36 K. With higher catalyst feed
rates, 38.5 mg s, the reactor temperature overshoot is much

n
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Fig. 3 Reactor temperature as a function of time for different catalyst
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Fig. 4 Active polymer concentration and reactor temperature as
a function of time for feed temperature of 325 K and catalyst flow rate
of 385mgs >t

higher, and the reactor cannot be operated due to overheating
and melting down of the polymer. Then the bed temperature
sharply drops from its peak value mainly due to fast active
polymer termination arising from high temperature as shown
in Fig. 4. The reactor temperature peak lags the active polymer
concentration by approximately 2000 seconds. Using the high-
est catalyst feed rate, 41.2 mg s~ *, the bed temperature surges,
leading to a runaway condition caused by high active polymer
production and its associated high exothermic heat. Fig. 3a—c
gives result for different feed temperatures; though exact values
differ, for a given catalyst feed rate, reactor temperature follows
a similar trend, regardless of feed temperature. However, the
amplitude of reactor temperature oscillation is persistently very
high for a low feed temperature of 325 K, due to occurring of
less catalyst deactivation and active polymer termination,
leading to a higher reaction rate and a higher reactor temper-
ature (see Fig. 3a). Such a low-feed temperature condition
should be avoided. On the other hand, for higher feed
temperatures, less fluctuation of reactor temperature was found
due to higher deactivation and termination leading to a lower

This journal is © The Royal Society of Chemistry 2018
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reaction rate with less heat released (see Fig. 3¢); in such a case,
the overshooting is minor. Practically, propylene polymeriza-
tion manufacture is not operated with high range of reactor
temperature oscillation because wide range of polymer prop-
erties and hotspots has to be avoided. Nevertheless, tempera-
ture oscillation behavior upon increasing catalyst flow rate has
also found by Ghasem,* Hatzantonis’ and Hyanek.** Several
other papers have also indicated this behavior in polyethylene
production. In conclusion, the catalyst feed rate mostly affects
the bed temperature. Operating with too high a catalyst feed
rate contributes to temperature fluctuation, which leads to
overheating and unprofitable catalyst consumption. Using the
higher catalyst feed rates (38.5, 41.2 mg s~ '), the feed temper-
ature must be increased cautiously so as to moderate both the
active catalyst and active polymer concentrations, avoiding
overheating, despite these temperature giving higher polymer
production rates. The bed temperature is more important to
control and focus on than yield in order to improve operability
of the polymerization system.

3.1.2 Effect of feed temperature. The feed temperature was
varied from 325 to 335 K, and the wall temperature was set the
same as the feed temperature. Results are shown in Fig. 5. In the
former, the bed temperature can be seen to increase with the
feed temperature for both catalyst flow rate. In the latter, the
effect of feed gas temperature on the polymer yield per weight
catalyst can be seen. The feed temperature has almost no effect
on the polymer yield, which decreases slightly with increasing
reactor temperature, as shown in Fig. 5b. This observation was

42 Il’l

also found experimentally by Wang and coworkers.
conclusion, the feed temperature mainly affects the reactor
temperature. The product yield is not affected significantly by
the feed temperature at steady state. Feed temperature adjust-
ment must be of careful concern. Too high a feed temperature
should not be used due to an uneconomical product yield.
3.1.3 Effect of superficial gas velocity. The superficial gas
velocity, which is a function of gas feed rate in actual opera-
tions, affects the hydrodynamics of the system as well as heat
and mass transfer. Here it is varied while keeping weight space
time constant. Fig. 6 shows the effect of superficial gas velocity
on the bed temperature. For low gas velocity (1.5uy¢), the reactor
can be easily cooled down due to relatively low solid loading,
even though the flow velocity is itself low. At higher gas velocity
(2.25u,f), a proportionally greater solid loading and catalyst

~ 360 . 14
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Fig. 5 (a) Reactor temperature and (b) product yield as a function of

feed temperature using a gas superficial velocity of 2.25u.¢ and
catalyst flow rates of 14 mg s *and 27.5 mg s *.
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Fig. 6 Effect of superficial gas velocity at a constant weight hourly
space velocity on reactor temperature and heat transfer coefficient.

feeding are required. The heat removal through the wall at this
high loading is not enough—see Fig. 6 for heat transfer coeffi-
cients—leading to the highest reactor temperature of all three
velocities. However, at the highest gas velocity (3uyy), consid-
erable movement of solids leads to good mixing and good heat
transfer. Thus the bed can be cooled down very well—here one
obtains the lowest bed temperature—even though the solid
loading is very high. The reactor temperature for the moderate
superficial velocity (2.25uy¢) is higher than those for 1.5 and
3ums. Using these conditions, the bed temperature oscillated
during the initial period of operation. It jumped on the order of
4 °C above the steady state value, leading to undesirable over-
heating, which is of much concern in commercial operations.
Fig. 6 shows the effect of feed velocity on the heat transfer
coefficients in the reactor for a constant weight hourly space
velocity. Heats of polymerization per mass of product obtained
from all cases are similar and on the order of 190 J kg * s . The
heat transfer coefficient increases with gas velocity, as shown in
Fig. 6. In conclusion, operation with too low a gas superficial
velocity has the disadvantage of poor heat transfer. High feed
velocity gives more benefits in terms of heat transfer. Too high
a feed velocity has to be avoided because of the entrainment
problem.

3.1.4 Effect of hydrogen concentration. Weight average
molecular weight of polymer is an important property of any
polymerization product. The effect of hydrogen concentration
on polymer molecular weight via chain transfer mechanism is
studied while keeping constant the other operating conditions.
The weight average molecular weight obtained using the
hydrogen concentrations of 0.01, 0.02 and 0.03 kmol m™* are
approximately 204 000, 167 000 and 141 000, respectively. A
higher hydrogen concentration leads to a lower molecular
weight because of more chain transfer and thus a shorter chain
length. The trend of hydrogen concentration effect on poly-
propylene molecular weight was also found in Kissin* and
Zhang.**

3.1.5 Effect of scale-up. Generally, the purpose of reactor
scaling up is to increase the production rate with the same
product quality i.e. product yield. Nevertheless, to scale up the
fluidized bed reactor with exothermic reaction, the production
quality is not only a key parameter to concern. The reactor
temperature should be also considered, especially for propylene

28302 | RSC Adv., 2018, 8, 28293-28312
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polymerization reactor. Poor heat transfer may lead to hotspot
occurring in the reactor. Consequently, polymer particle can
melt and stick together to form bigger particle or fuse into
a sheet or chunk resulting in a de-fluidized of particles.
Therefore, the objective of this scaling up is to increase
production rate with the similarity of product yield and bed
temperature. Two different criteria are proposed to scale up
fluidized bed reactor. In Set I of polymerization similarity, the
weight space time is fixed. In Set II, H/D similarity is required in
order to maintain geometric similarity. However, this criterion
provides a higher weight space time. A laboratory-scale reactor
with a diameter of 0.2 m (m = 1) is scaled up to be a semi-
industrial reactor with a diameter of 2 m (m = 10) and finally
to a fully industrial-scale reactor with a diameter of 4 m (m =
20). Two base cases are performed with low and high catalyst
feed rates, 0.044 and 0.087 mg s ', respectively. The product
yield similarity can be obtained using these two scaled-up
parameters as shown in Fig. 7. Nevertheless, two criteria
cannot provide reactor temperature similarity as seen in Fig. 8.
Obviously, scaling up has more effect on the bed temperature—
especially scaling up 10 to 20 times, from a laboratory scale to
semi-industrial and industrial scales. Changing from a labora-
tory to a semi-industrial scale, the bed temperature is hotter.
Increasing the reactor diameter from 0.2 m to 2 m, by a factor of
10, the temperature at steady state increases slightly—from
349.4 to 352.7 K for Set I and 351.3 K for Set II. The non-
similarity of heat transfer behavior in scaling up has also
mentioned in published literature.*>*

The foregoing differences between heat transfer effects in
a small and those in a large reactor depend on the wall area per
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Fig. 7 Product yield applying polymerization similarity (Set 1) and
hydrodynamic similarity (Set Il) with catalyst feed rates of 0.044 mg s~*
and 0.087 mg s~ for the base case (laboratory scale).
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gas feed rate. As the reactor size increases, the wall surface area
per monomer feed rate decreases, resulting in an increase in
bed temperature especially in scaling up from 0.2 to 2 m.

In this work, the wall surface area can be obtained using the
bed expansion calculated in CFD hydrodynamic simulations.
Although the phenomenological model alone cannot provide
the bed expansions by itself, in combination with hydrody-
namic information from CFD on bed expansion it can provide
the wall surface area. Table 8 shows the heat transfer coefficient
and wall surface area for different reactor scales following Set I
criteria. As the reactor size increases from the laboratory to
semi-industrial scale, the heat transfer area per monomer feed
rate drops significantly, resulting in an increase in bed
temperature. In order to keep the same temperature in scaling
up, the heat transfer surface area thus has to be extended. The
ways to increase the surface area, such as adding cooling coils,
may need to be considered.

Increasing the reactor diameter from 2 to 4 m has less effect
on surface area per monomer feed rate than scaling up from 0.2
to 2 m. Table 8 shows that increasing the reactor size to a semi-
industrial scale (2 m), the reactor surface area per monomer feed
rate is reduced to 1.49 m? s kg~ in while the bed temperature
increases to 352.8 K. In order to maintain the bed temperature of
349.4 K, the desired surface area can be obtained by providing
the additional wall surface area. The surface area of the semi-
industrial reactor should be increased 4.36 times. That is the
surface area of 20.85 m” should be extended to be 90.9 m*. To
increase the heat transfer area, internal cooling coils or extended
surface can be provided. The heat transfer area required to
obtain the bed temperature in a semi-industrial scale to match
the temperature in a laboratory scale was obtained by trial and
error in the full simulation of scaled-up reactors. The required
heat transfer area is much larger than available wall surface area
with the factor, f] i.e. 4.36. The multiplying factors (f), which can
provide the same bed temperatures for all three scales, were
obtained and reported in Table 8.

Alternative to extend the wall surface area, the wall temper-
ature can be reduced in order to increase the wall heat removal
driving force. The wall temperature for maintaining the same

Table 8 Heat transfer results for scaling up based on weight space
time similarity (Set 1)

Reactor diameter (m)

0.2 2 4
Volume fraction 0.406  0.369  0.363
Conversion 9.09 9.96 10.01
Reactor temperature, T (K) 349.4  352.8 353.0
Heat transfer coefficient, 7 (W m > K ) 71.30  123.84 164.99

Solid loading (kg) 11 3500 19799
Bed height at steady state (m) 0.95 3.32 4.77
Reactor heat transfer area, A (m?) 0.60 20.85  59.99
Heat transfer area/monomer feed rate, A/F,, 13.57  1.49 0.76
(m?s kg™)

Heat transfer area multiplying factor, f, to 1 4.36 5.26
keep the same T (349.4 K)

Adjusted wall temperature to keep same T 330.15 314.62 312.52

(349.4 K)

This journal is © The Royal Society of Chemistry 2018
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bed temperature was obtained by trial and error of wall
temperature in our simulation. In a simulation of scaling up
from 0.2 m to 4 m, the wall temperature must be decreased from
330 to 312.5 K to keep a bed temperature of 349.4 K, as shown in
Table 8 (the results of other cases are also shown).

Table 9 shows heat transfer parameters in a fluidized bed
obtained from Set I scaling-up compared with those from
a tubular reactor referred in Nauman,* with the same reaction
time throughout. Although the scaling-up from Nauman is for
a tubular reactor, it is considered here for comparative discus-
sion. Removal heat from both fluidized bed and tubular reactor
is mainly through the wall. In the scaling-up of a tubular reactor
with weight space time similarity, the product of heat transfer
coefficient and area (h4) can be scaled up by a factor of m"” (see
Item 2), as suggested in Nauman.*” It was found that increasing
from 0.2 m to 4 m, the hA product increased from 43 to 7013 W
K ! for a tubular reactor (Item 2). This can be compared to the
simulations in Set I, for which the #4 product increases from 43
to 9898 W K" (Item 1); note that here the hA product is
somewhat higher than that of a tubular reactor.

Using weight space time similarity, the reactor temperature
cannot be assured constant during scaling up, as indicated in
Table 9. Thus, the scaling-up rule based on similarity in heat
transfer should be applied. It is suggested that heat transfer
similarity in a tubular reactor can be obtained when the hA
product has to be scaled up by the factor of m** (Item 3).** Table
9 shows that as the reactor diameter is increased from 0.2 m to 4
m, the A product has to be high enough to yield the same bed
temperature. It has to be increased from 43 to 77 045 W K" in
order for a tubular reactor to maintain the reactor temperature
of 349.4 K (see Item 3). Referring to this tubular reactor scale-up
rule, the A product in the fluidized bed reactor should be
increased in order to maintain the same temperature (see Item
1). In our simulation of a fluidized bed, the heat transfer area
multiplying factor, f, has been proposed as shown in Table 8.
These multiplying factors are obtained by extensive trial and
error in our simulations to keep the same targeted temperature
of reactor during the scaling-up process. Table 9 shows that for
scaling up from 0.2 to 4 m, the required product of /4 for the
fluidized bed increases from 43 to 52 061 W K" (see Item 4 in

Table 9 Effect of scaling up on the product of heat transfer coefficient
and surface area (hA) in a fluidized bed (using Set | criteria) compared
to that in a tubular reactor

Reactor diameter (m)

Item 2 4 0.2
Scaling-up ratio, m 1 10 20
hA for fluidized bed with weight space time 43 2564 9898
similarity (W K1)
hA provided for tubular reactor with weight 43 2159 7013
space time similarity = m"”7 (W K™")

3 hA suggested for tubular reactor based on 43 13 620 77 045
heat transfer similarity = m*> (W K™ ")

4 Adjusted %A (fhA) for fluidized bed with 43 11256 52061

weight space time similarity to maintain
the same temperature (W K ')
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Table 9). At 4 m, the hA product of 52 061 W K ' is required
while the #A product of only 9898 W K" is available with weight
space time similarity (see Item 1). The required A product is
higher (f = 5.26).

The heat transfer parameters in our fluidized bed are of
a similar order of magnitude as those in a tubular reactor using
the criteria of heat transfer similarity to maintain reactor
temperature. They have to be much larger than those obtained
from the criteria of weight space time similarity.

Considering reactor scaled up by 20 times based on Set II of
hydrodynamic similarity, the criteria yield a slightly lower
temperature rise in the order of 1.4 K as shown in Fig. 8. Even
though, both criteria give the similar wall heat transfer coeffi-
cient, wall surface area from Set II is approximately four times
as high as one from Set I. Therefore, heat transfer area multi-
plying factor for Set II does not require as much as Set I to

Solid velocity  Solid velocity Solid velocity
0.400 0.500 1.200
0.369 0.462 1.108
0.338 0.423 1.015
0.308 0.385 0.923
0277 r0.346 0.831
0.246 0.308 0.738 |.
0215 - 0.269 0.646
0.185 r0.231 0.554
0.154 0.192 0.462
0.123 r0.154 0.369
0.092 0.115 0.277
0.062 0.077 |\l 0.185
0.031 0.038 0.092
0.000/. %0.000 | | 0.000

[ms*-1]] [ms?-1] [m s"-1

W
M

1.5u,, 225w, 3.0,

Fig. 9 Solids velocity vector plots for different superficial gas
velocities.
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maintain the same reactor temperature. Moreover, alternative
wall temperature reduction for Set II criteria does not need to
decrease as low as one from Set I criteria.

In conclusion, to scale up the PP reactor, the overheating of
the bed has to be of greater concern than the product yield.
Neither criterion (Set I or Set II) can provide heat transfer
similarity in scaling up. However, the bed temperature simi-
larity can be achieved by increasing of the wall surface area or
decreasing of wall temperature.

3.2 Results based on CFD approach

CFD simulation work was carried out to study the local behavior
of reactive flow system. The initializing parameters of the
simulation—gas and solid temperatures, gas feed velocity,
species concentration, and catalyst concentration—are ob-
tained from the steady-state period of the phenomenological
model in order to reduce time required for the full CFD simu-
lation. The simulation results obtained from the model based
on CFD can show the local bed temperature variation and other
phenomena in the reactor which cannot be provided by the
phenomenological model. These simulations can provide
information of non-uniformity, overheating and hot spot zones.

3.2.1 Effect of superficial gas velocity. The superficial
velocity of gas, which mainly contains monomer, is varied while
keeping constant the solid weight residence time for the sake of
keeping the same reaction time for the same feed rate and wall
temperature. Thus, the catalyst feed rate is increased propor-
tionally with the monomer feed flow rate as well. Fig. 9 shows
the velocity vector plots in a fluidized bed reactor for various
feed velocities. Circulation flow of solid particles is found as
expected. Fig. 10 shows the contour of solid fraction distribu-
tion as well as the isolines indicating quantitative solid fraction
at various times of operation for different feed velocities. In
starting period of operation before solid movement

Solid holdup
0.38

0.36
0.33
0.31
0.29

150 s

100 s

(C) 3 Wpp

Fig. 10 Contour of solid fraction distribution as well as the isolines indicating quantitative solid fraction at various times of operation for different

feed velocities.
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approaching a steady state, the sold holdup distribution is non-
uniform. Bubble behavior can be somewhat captured. However,
at a steady state (i.e. 200 s) as the bed fully expended, the solid
fraction distribution is rather uniform. The bubble behavior
cannot be seen clearly. Many researchers also found bubble
behavior in a short time period of operation, ie. less than
20 s.*>* At higher feed velocity, high solid movement and bed
expansion lead to lower solid holdup with more uniform
distribution. The time-averaged solid volume fraction is 0.489,
0.369 and 0.265 for these three feed velocities.

Fig. 11 shows the radial profile of solids holdup averaged
between 100 to 200 s for various superficial gas velocities. No
significant variation of solid holdup is found with radial posi-
tion, except near the wall where solid holdup is higher due to
the friction between the solid phase and the wall. Similar results
have been found in experiments by Wang and co-workers.*® At
low feed velocity, the radial solid distribution in the bed is
relatively non-uniform, while at high feed velocity, more
uniformity of solid holdup occurs, as seen in Fig. 11. This
characteristic of the radial profile of solid holdup was also
found by published literature.”* At low velocity, less bed
expansion with high solid holdup was found, leading to less
uniformity. On the other hand, at high velocity, high solid
movement and bed expansion lead to low solid holdup and
more uniformity. The solid holdup can be ranked in order of the
cases of 1.5u¢ > 2.25Upe > 3.0Upys.

Fig. 12 shows the contour and radial profiles of monomer
concentrations as well as axial profile of monomer conversion
for various superficial gas velocities. The monomer decreases
slightly with bed height due to monomer being consumed by
reaction. However, the conversion of this polymerization is
relatively low. Although the flow in the reactor does not behave
in a completely well-mixed way (see the vector plot in Fig. 9), the
flow has no significant effect on the mass balance.

The assumption of well-mixed flow in the phenomenological
model can be applied globally without significant error.
However, due to the reaction being highly exothermic, the effect
of the flow on the energy balance cannot be ignored. Thus the
effects of operating conditions on flow patterns and the local
bed temperature are still of significant concern.

0.50
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0.48
038
037 -~

0.36
0.26

0.25

0.24 - T ; :
-1 -0.5 0 0.5 1

r/R
===-2.25umf

Solid Holdup

------- 1.5 umf —3 umf

Fig. 11 Radial profiles of solids holdup for different gas superficial
velocities.
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Fig. 12 Contour and radial profiles of monomer concentrations as
well as axial profile of monomer conversion for various superficial gas
velocities.

Fig. 13 shows the bed temperature contour plot, and the axial
and radial profiles of averaged bed temperature for various
superficial gas velocities. The bed temperature is non-uniform
due to the reaction being non-isothermal and non-uniformity
of flow. The bed is cooler near the cold gas feed zone and
rises up along the bed height, but it gradually increases with
distance upwards, as shown in Fig. 13b. The temperature
difference along the bed height is on the order of 11.1-14.6 K.
This axial profile of bed temperature corresponds to the
monomer conversion one.

At lower velocity, the radial temperature profile is less
uniform. The difference between the maximum and minimum
temperatures is 4 K (not including the wall temperature).
Compared to the highest velocity (3uy¢), the temperature is
lower, and the radial temperature profile is flatter, with
a difference between minimum and maximum temperature of
0.87 K. The effect of superficial velocity can be seen in both the
radial profile of temperature and the radial profile of monomer
concentration, though the effect on one is the opposite of the
effect on the other.

Bed Temperature (K)

----2.25umf
15 —3umf
b
0 0.5 1
h/H

1.5 umf
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344 | 2o Lo'wer zone | —Upper zone
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s
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Fig. 13 Contour of bed temperature with axial and radial profiles of
bed temperature for various superficial gas velocities.

RSC Adv., 2018, 8, 28293-28312 | 28305


http://creativecommons.org/licenses/by-nc/3.0/
http://creativecommons.org/licenses/by-nc/3.0/
https://doi.org/10.1039/c8ra04834g

Thisarticleislicensed under a Creative Commons Attribution-NonCommercial 3.0 Unported Licence.

Open Access Article. Published on 07 August 2018. Downloaded on 2/10/2026 8:57:52 PM.

(cc)

RSC Advances

Fig. 14 shows the bed temperature distribution curve in
terms of normalized volume distribution. At high feed gas
velocity (3upg), low mean temperature with less standard devi-
ation (more uniformity of temperature distribution) was found
due to high heat transfer and bed expansion. Lower superficial
gas velocity creates high solid holdup, leading to higher bed
temperature and less uniformity and higher standard deviation
than those obtained from high velocity operation. The conver-
sions and product yield change slightly with changes to the
superficial gas velocity, as seen in Table 10.

In conclusion, the superficial gas velocity has an effect
mainly on the bed temperature and its degree of uniformity
with minimal effect on product yield/unit weight of catalyst for
the same reaction time, as the system is in a low conversion
range. Higher superficial velocity gives more uniformity of bed
temperature.

3.2.2 Effect of feed temperature. The feed temperature was
varied: 325, 330 and 335 K. Fig. 15 shows the contour of
monomer concentration and bed temperature in the bed at
various feed temperatures. At the lowest feed temperature (325
K), less monomer is consumed since there is a lower reaction
rate, which produces less heat and results in lower bed
temperature and more uniformity of the monomer concentra-
tion distribution, compared with those at higher feed

0.5

L o
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E B} 04 - Velocity 7. SD :‘|
s s L5us 3532 55 "
= 5 03 {225uu 3535 44 "
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g™ ¥
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Fig. 14 Bed temperature distribution curves for various superficial gas
velocities.
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Fig. 15 Contour of (a) propylene concentration and (b) bed temper-
ature in the fluidized bed for various feed temperatures.

temperatures (330 and 335 K), as seen in Fig. 15b, the contour of
bed temperature, and Fig. 16, the average bed temperatures and
their standard deviation. In the cases of 325 and 330 K, no hot
spot zone was found. A average bed temperature of 353 K is
usually the accepted industrial safety limit.** Thus a hot spot
zone in this work is defined as a place where the local bed
temperature is above 358 K. Operating above this critical
temperature may lead to sticky particle agglomeration in the

. 05
£ Temp Average §
2204 _® T SD b
S8 325 3483 415 , }
= 5 03 - 330 3535 438 & }
8= 3353571 442 it {1
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Fig. 16 Bed temperature distribution for various feed temperatures.

Table 10 Monomer conversion and product yield for all studied effects from CFD

Bed temperature  Catalyst feed H, feed concentration  Conversion  Product yield
Simulation case Uolume (K rate (mgs™")  (kmol m™?) (%) (kg gear )

Effect of superficial velocity 1.5 330 27.5 0.02 7.18 12.6
2.25 7.21 12.7
3 6.85 12.4
Effect of feed temperature 2.25 325 27.5 0.02 6.85 13.0
330 7.21 12.7
335 7.32 12.6
Effect of catalyst feed rate 2.25 330 19.3 0.02 5.32 12.9
27.5 7.21 12.7
35.8 9.15 12.4
Effect of hydrogen feed concentration  2.25 330 27.5 0.01 7.22 12.7
0.02 7.21 12.7
0.03 7.20 12.6
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reactor, leading to de-fluidization operation. At the high feed
temperature (335 K), the average bed temperature (357.1 K) is at
the acceptable limit, but the hot spot zones constitute 62% of
the volume and should be seriously accounted for (see Fig. 16).
At this high feed temperature (335 K), the phenomenological
model shows a bed temperature of 356 K with no overheating.
The CFD simulation provides a bed temperature in a range of
335 to 359.7 K with an overheating zone of 62% by bed volume.
The averaged value is 357.1 K which deviates on a little from the
value of 356 K obtained in the phenomenological model. The
effect of feed temperature on conversion and product yield is
also shown in Table 10. It can be seen that the feed temperature
has only a small effect on monomer conversion and yield. In
conclusion, the uniformity of bed temperature increases with
decreasing gas feed temperature. Moreover, operating with too
high a temperature reveals a high possibility of hotspots and
non-uniformity of bed temperature.

3.2.3 Effect of catalyst feed rate. The effect of catalyst feed
rate was studied by varying catalyst feed rate from 19.2 to
35.8 mg s~ . The gas feed flow rate and operation temperature
were kept constant. Fig. 17 shows the contours of propylene
concentration and bed temperature. With increasing catalyst
feed rate, the conversion increases due to there being more
available catalyst in the reactor, leading to monomer concen-
tration decreased and thus a high heat of polymerization
released (causing higher bed temperature). The hotspots
constitute found to be 85% by volume of the bed with a high
mean temperature of 359.2 K and more non-uniformity and
higher standard deviation of temperature (see Fig. 18). This
leads to operation problems as previously mentioned.

Comparing to phenomenological model, at this high catalyst
feed rate (35.8 mg s '), both results show that the system
cannot be operated at the limit temperature wise (358 K),
whereas the CFD based model shows a significant problem of
hotspots. At the low feed catalyst rates of 19.2 and 27.5 mg s,
the problem in overheating was not found. In conclusion, the
non-uniformity of bed temperature and overheating in the bed
has to be of concern when increasing the catalyst flow rate for
improving production.

Monomer concentration (kmol/m®)
1.267
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1.229

Bed Temperature (K)

364.0
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r358.8

1.220
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S |LaN

19.25 mg/s

27.5 mg/s

35.75 mg/s

19.25 mg/s 35.75 mg/s

Fig. 17 Contours of (a) propylene concentration and (b) bed
temperature in the fluidized bed for various catalyst feed rates.
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Fig. 18 Bed temperature distribution curves for various catalyst feed
rates.

3.2.4 Effect of hydrogen concentration. The effect of
hydrogen feed concentration was studied by varying hydrogen
concentrations in the feed from 0.01 to 0.03 kmol m™® to
control the molecular weight of the product.

To study its effect on the local distribution of the weight
average molecular weight, CFD calculation was carried out from
the beginning to 100 seconds of operation. Fig. 19 shows that
the weight average molecular weight increases with decreasing
hydrogen concentration, due to lower chain transfer to
hydrogen. The molecular weight is clearly non-uniform and
increases significantly with position along the bed height for all
cases studied. Short chain polymer was found near the bed
bottom because more fresh catalyst and hydrogen are found
near the feed area. On the other hand, longer polymer chain was
found near the top of the bed due to a longer residence time
with less transfer and termination. The finding is beneficial for
positioning product withdrawal outlet.

3.2.5 Effect of scale up. Scale-up of fluidized bed reactors is
a challenge in chemical reaction engineering, especially when it
pertains to a polymerization reactor. From the study on the
effect of scaling-up based on the phenomenological model in
the Section 3.1.5, product yield does not change with reactor
size. Nevertheless, the similarity of heat transfer cannot be
simply obtained. For more clear understanding on the heat

‘Weight averaged molecular weight (kg/kmol)
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173692 127231
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[ 169385 124462
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162923 120308
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Lo
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Fig. 19 Contour of weight average molecular weight in the fluidized
bed for various hydrogen feed concentrations at 100 s.
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transfer, this section shows the effect of scaling-up on the
distribution of bed temperature for two separate criteria: Set I
based on solid weight time (7) constant and Set II based on
Glickman's H/D constant.

Fig. 20a and b show the solid holdup contours for different
sizes of fluidized bed reactors using weight time (Set I) and H/D
(Set II) constants, respectively. Fig. 20a shows that the ratio of
fluidized bed height to bed diameter (Hexpana/D) decreases as
the reactor is scaled up for Set I (resulting from decreasing of
the ratio of initial bed height to diameter (H;,;/D) as the reactor
size increases). In spite of there being a lower bed height at the
industrial scale, the solid holdup is also lower, as shown in
Fig. 20a. Fig. 20b shows the effect of scaling up on the solid
holdup based on Set II criteria. H/D constant was carried out by
keeping the same ratio of initial solid bed height to reactor
diameter (H;,i/D), in expectation that the same ratio of fluidized
bed height to diameter (Hexpana/D) would also ensure. The
results show that the hydrodynamics are not similar for these
three scales. As the reactor diameter is increased from 0.2 to 4
m, Hewpana/D increases from 4.7 to 5.4 and the solid holdup
decreases from 0.41 to 0.36 at the same ratio of uy/u,s. Neither
criterion provides similar hydrodynamic results. Thus similarity
in heat and mass transfer in scaling up is not obtained. One can
adjust the superficial gas velocity or particle size to obtain the
same solid holdup. Even though, the same solid holdup is ob-
tained, the same heat transfer in the bed cannot be ensured.

Fig. 21 and 22 show the contour and radial profiles of bed
temperature for different reactor sizes and scaling criteria. For
the semi-industrial and industrial scale reactors (D = 2, 4 m,
respectively), the magnitudes of bed temperature in Fig. 22 are
not much different.

In the laboratory reactor scale, the bed temperature is lower
and its radial profile is flatter than those of the semi-industrial
and industrial reactors due to better heat removal at the smaller
scale. It should be noted that, although the solid holdup
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Fig.20 Contours of solid holdup for different reactor scales for (a) Set
| with weight space time similarity, and (b) Set Il with hydrodynamic
similarity.
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Fig. 22 Radial profiles of bed temperature for different reactor scales
for (a) Set | and (b) Set Il criteria.

obtained in the largest scale is lower, the temperature is higher.
Scaling up the reactor from the laboratory scale to industrial
scale, the temperature increases due to lower wall heat transfer
area per unit of feed rate, as seen in Fig. 23. The ratio decreases
with rector size.

Fig. 24 shows the temperature distribution for various
reactor scales calculated using weight time similarity (Set I)
criteria. The standard deviation of temperature in the reactor is
in the range of 2.9-4.5 K and increases with reactor scale, as
shown in Fig. 24. This trend was also found in the results of
phenomenological model shown in Section 3.1.5. It confirms

—_—
S N A

S N A~ O

Wall area / feed rate (m*s/kg)

Reactor Diameter (m)

Fig.23 Effect of reactor scales on wall area per monomer feed rate for
Set | and Set Il criteria.
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Table 11 Operating conditions and physical parameters used for
comparing with previously published work

Operating conditions and physical parameters

Paper
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Fig. 24 Bed temperature distribution for different reactor scales using
weight time similarity (Set I) criteria.

that more non-uniformity of bed temperature occurs in a larger
scale reactor. In conclusion, neither scaling-up criterion can
provide uniformity and similarity of temperature in reactor.
Scaling up using Set II criteria provides more uniformity of
temperature due to the advantage of higher ratio of wall surface
area to monomer feed rate.

In all, the results based on the CFD approach coupled with
phenomenological model gives a new insight of the heat effect
and temperature distributions in fluidized bed for propylene
polymerization. A better operation, design, and scale up of
reactor should be realized.

3.3 Comparison of the results from the phenomenological
model and available results in literature

The operating information of polyolefin industrial systems is
proprietary and extremely hard to find. Therefore, the results of
the phenomenological model used here are compared to
previously published simulation work. Fig. 25 shows the
comparison in terms of product yield based on the effect of
catalyst feed rate for an isothermal operation. A list of simula-
tion parameters used for comparison is shown in Table 11. It
can be observed that the product yield predicted from this
current model agrees well with the previously published work of
Harshe,® Shamiri® and Zacca.”” Polymer properties are basically
defined by molecular weight. The mass averaged molecular
weight at steady state calculated from this current model
compares satisfactory to the work of Shamiri, as they give values

14
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6
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=& Shamiri (2010)
2 —e—Present work
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Yield (kgpp/kgca) )% 107
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Fig. 25 Comparison of results from the phenomenological model
with previously published works.
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T, (K) = 343.15 V, (m*) = 50

P (bar) = 25 4y (m s~ ') = 0.35

Propylene concentration (kmol m?) = 1.267
Hydrogen concentration (kmol m™—*) = 0.02
Weight fraction of titanium in catalyst = 0.4
Fraction of active titanium = 2%

ps (kg m—?) = 910 d,, (micron) = 500

of 166 700 and 163 200, respectively. The percent difference is
2.12%. Moreover the calculated results from this model were
validated with the previous experimental data obtained by
Shamiri.** The experiments were carried out in a fluidized bed
of 0.1016 m in diameter, feed temperature of 333 K and catalyst
flow rate of 3.02 g h™". The time plots of propylene concentra-
tion and reactor temperature obtained from the phenomeno-
logical model and the experiments at the same conditions were
compared as shown in Fig. 26. It can be observed that the
results of this current model show a satisfactory level of agree-
ment with the experimental results of Shamiri.>* The phenom-
enological model is applicable and comparable with previous
work in terms of product yield and molecular weight. However,
from this work, additional information of heat transfer effect is
available especially in scaling-up. Detailed information of heat
effects in a polymerization fluidized bed reactor obtained from
this work is an insight which will be useful for reactor opera-
tion, analysis, designs and scaling-up improvement.

3.4 Practical significance and limitation of the models

The combined model consisting of phenomenological model
and CFD-based reactor model can predict various level scales of
reactor performance. The former model can provide overall
information while the latter can provide local information. The
average results suggest improved productivity and reactor
temperature control done by cautiously adjusting the operating
conditions e.g. increasing catalyst feed rate, operating temper-
ature, reactor size and superficial velocity, with consideration of
catalyst deactivation. Improper conditions for increasing
productivity can involve a risk with regards to control of oscil-
lating temperature. The model identifies an operating window

62 q
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S 55 etal. (2014) TR Al
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Fig. 26 Comparison between experimental data and calculated
results of propylene concentration and reactor temperature.
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to improve productivity and temperature control and to study
operation details. The local information obtained from the
CFD-based reactor model is useful to find the region of hotspots
by evaluating the temperature distribution in the reactor. Both
models provides information for the selection of the proper
operating conditions and safe range of operation. They are
useful for analysis of a laboratory reactor and an industrial scale
reactor and provide information on scale up. Hydrodynamic
and heat transfer similarities in different reactor scales, which
can be predicted by this model, are useful for scaling up.
Upon scaling up, the finding shows that heat transfer area is
critical for design and need a careful consideration by either
increasing the area to satisfy the requirement or increasing
temperature driving force by reduction of wall temperature,
especially in large scale reactor. CFD spends a large of compu-
tational time. If only global information is needed, the
phenomenological model is sufficiently applied. The combined
model cannot provide details of molecular weight distribution
unless more detailed kinetic rates are used. However, with the
limitation in term of large computational time, the CFD based
model is impractical. Only the phenomenological model can be
used. The CFD-based model is based on two-fluid model which
assumes a continuum phase of solid particles. Therefore, this
model can be applied for different modes of fluidized bed with
a small particle size, but not for the one with a large particle
size. For instance, a fluidized bed with a spouted mode of
operation cannot be studied accurately by this model. Other
models, e.g. Lagrangian model, should be used instead.

4. Summary

This work has presented a detailed performance model of
propylene polymerization in a continuous fluidized bed reactor,
using both a phenomenological model and CFD combined with
the method of moment. The phenomenological model provides
average bed temperature, monomer concentration, polymer
production rate and molecular weight in polymerization
reactor. Meanwhile, CFD-based reactor analysis provides
distributions of phase movements and temperature. The effects
of operating conditions and scaling up on the reactor temper-
ature control were focused on. Based on the results of these two
approaches, suggestions can be drawn for improving produc-
tivity and reactor temperature control include cautiously
increasing catalyst feed rate, operating temperature, hydrogen
concentration, reactor size and superficial velocity. The details
and highlight of key results are as follows.

e In general, high catalyst loading is beneficial only up to
a certain point, beyond which the phenomenological model
showed that a sustained oscillation of productivity and reactor
temperature occurs.

e The benefits of increasing productivity by increasing
catalyst feed rate should be balanced with consideration of
hotspots occurrence and control of oscillating temperature.
Additionally, the reactor temperature and production yield need
to be balanced with consideration of a risk of the hotspot
formation.
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e Increasing operating temperature does not always increase
production rate because of catalyst deactivation. Reactor
performance can be identified by the simple well-mixed model
to improve productivity and study operation details.

e Propylene conversions from both CFD and the phenome-
nological model show that the mixing effect is not very signifi-
cant excepting in hotspot generation.

e Superficial gas velocity strongly affects the fluidized regime
and heat transfer. Scaling up using two different criteria—Set I
based on weight space time (t) similarity and Set II based on H/
D similarity—can not provide heat transfer similarity.

e In scaling up the PP fluidized bed, the operating temper-
ature in the reactor should be chosen while taking into account
the ratio of internal wall area to monomer feed rate and the
temperature difference between bulk and wall, as well as
hydrodynamic behavior in the reactor.

e To keep the same reactor temperature in scaling up
a reactor from 0.2 to 4 m in diameter requires a heat transfer
area multiplying factor of 2.43 to 5.26 or lowering the wall
temperature in the range of 7 to 18 K.

e The CFD model is therefore more useful than the
phenomenological model to find the region of hotspots, as it
works by evaluating the temperature distribution in each
section of fluidized bed reactor.

e Temperature variations in the range of 10 to 14 K were
observed in the top section of the reactor in the CFD model and
fall within an acceptable operating window. However, when the
operating conditions are changed, CFD should be applied to
check again for the possibility of local hotspots.

Both models provide useful information for the selection of
appropriate operating conditions and a safe range of operation
windows. They are useful for analysis of both laboratory reac-
tors and industrial-scale reactors and provide information on
scaling up.
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Notation

A Cross sectional area of fluidized bed reactor, (m?)

A,  Reactor wall area, (m?)

[Ci] Molar concentration of species i in the gas phase,
(kmol m™?)

[Csj] Molar concentration of species j in the solid phase,
(kmol m™?)

[Ck] Molar concentration of moments k in solid phase,
(kmol m™?)

Cp Drag function

¢pq Heat capacity of phase q, (kj kg~ ' K )
ds  Particle diameter, (m)

e Restitution coefficient between particle
Fao Monomer flow rate, (kg s )

go  Radial distribution function

Gs  Solids mass flux, (kg m > s™)
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Production of turbulent kinetic energy of phase q,
(kg m s7%)

hy  Specific enthalpy of gas phase, (kJ kg™ ")

Heat of propylene polymerization, (k] kmol %)

H  Bed height, (m)

hes  Heat transfer coefficient between gas and solid,
Wm 2K
h,  Wall heat transfer coefficient, (Wm > K™ )
I Unit tensor
Jei  The diffusion flux of gas phase for species i, (kg m™>s™")
ky  Turbulent kinetic energy of phase g, (m” s™?)
ki Frequency factors for initiation, (m* kmol ' s7*)
k,  Frequency factors for propagation, (m® kmol " s™)
ke Frequency factors for chain transfer to monomer,

(m?® kmol ™' s7%)

Frequency factors for chain transfer to hydrogen,

(m® kmol ' s77)

k¢  Frequency factors for chain termination, (1/s)

Effective thermal conductivity of phase q, (W m ™' K ™)
k¢s  Diffusion coefficient for granular temperature,
(kgm™'s!

Turbulent interphase momentum transfer coefficient
between phase n and phase q, (kg m > s7)

m Diameter scale ratio

mgs  Mass transfer rate between gas and solid phases,
(kg m3sY)

M, Number average molecular weight, (kg kmol )

M, ~Weight average molecular weight, (kg kmol ")

M,; Molecular weight of species i, (kg kmol™")

P Pressure, (Pa)

Py Solids pressure, (Pa)

g,  Heat flux from species diffusion, (W m™?)
Volumetric flow rate of catalyst feeding, (m* s™")
Qo  Volumetric flow rate of polymer removal, (m* s
Q Heat transfer from the bed to wall, (W m™?)

R, Rate of propagation, (kmol m—> s )

Rg; Production rate of species i from gas to solid,
(kmol m~3 s

Ry; Production rate of species j in solid phase, (kmol m™°
571

R Production rate of moments k in solid phase,

(kmol m~3 s
Sy Heat production of reaction on solid phase, (k] m™> s™")
T Reactor temperature, (K)
Tq  Temperature of phase q, (K)
T,  Wall temperature, (K)
uy  Superficial velocity of gas, (m s~ )
Minimum fluidized velocity, (m s™*)
Uy  Velocity of phase q, (m s ")
V.  Reactor volume, (m?)
W Solid loading, (kg)
Wri  Weight fraction of titanium in the catalyst

Xqi Mass fraction of i species in phase q
Xri  Fraction of titanium atoms that are catalyst sites
X The distance from the computational node to the heating

wall, (m)
My Molecular weight of monomer (kg kmol ™)
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Greek letters

«; Volume fraction of i phase

6  Inter phase momentum transfer coefficient from gas to
solid, (kg m™® s7%)

£s  Solid bulk viscosity, (Pa s)

¢q Turbulent dissipation rate of phase q (m* s™°)

A;  Molar concentration of ith moment for active polymer on
solid, (kmol m®); i = 0, 1, 2

ui Molar concentration of ith moment for dead polymer on

solid, (kmol m3);i =0, 1, 2

Viscosity of phase q, (Pa s)

Turbulent viscosity of phase q, (Pa s)

Granular temperature, (m?* s 2)

Shear stress tensor, (N m™?)

Reynolds stress tensor, (N m™?)

¢9s Collisional dissipation of solid fluctuating kinetic energy,

(kg m~'s7%)

$gs Energy exchange between gas and solid, (kg m ™" s7°)

o Turbulent Prandtl number for the dissipation rate

ox Turbulent Prandtl number for the turbulent kinetic energy

SE T
&8
o

< <l Al

Subscriptions

g Gas phase
s Solid phase
t Turbulent
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