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Upcycling the carbon emissions from the steel
industry into chemicals using three metal oxide
loops†

Varun Singh, Lukas C. Buelens, Hilde Poelman, Mark Saeys,
Guy B. Marin and Vladimir V. Galvita *

The iron and steel industry is a carbon-intensive industry and one of the largest industrial sources of

CO2 emissions. In this work, we show how the steel mill gases can be conditioned using three metal

oxides to produce a CO/CO2 stream that can be used for the production of chemicals, thereby

preventing the emission of carbon to the atmosphere as CO2. Abundant oxides of iron and manganese,

characterised by their readiness to capture and release gaseous O2, and calcium oxide, characterised by

its capacity to capture and release gaseous CO2 can be deployed in this process. Process analysis

indicates that by fully utilising the chemical energy of the carbon-rich blast furnace gas (BFG) of the

steel mill, 37% of the associated CO2 emissions can be eliminated. A techno-economic evaluation

shows that further reduction of CO2 emissions is viable. Preliminary estimations indicate that the cost

for processing BFG through the proposed process is 46 EUR2020 per tonneBFG. The sources of revenue

are the product CO/CO2 stream (0.2 tonneproduct per tonneBFG) and electricity constituting 85% and 14%

of the total revenue with the remaining 1% obtained by the sale of spent metal oxides used in the

process. The technical feasibility of the process was experimentally proven in a fixed bed reactor to

produce a CO/CO2 stream and an H2O-rich stream while the metal oxides were periodically

regenerated in alternating redox conditions. Thirty executed cycles indicated stable performance of the

process. The proposed process concept can be applied to any gas stream containing CO2 and fuel.

Introduction

Mitigating climate change caused by anthropogenic CO2 emis-
sions is one of the grand challenges of modern society.1 CO2 is
a very stable molecule, which makes it difficult to re-use for
making carbon based commodities.2 Despite its stability, con-
version of CO2 to CO via the reverse water–gas shift reaction
(see eqn (1)) using renewable H2 can be a promising means to
utilise CO2 emissions for making a plethora of chemicals such
as methanol, ethanol, oxo alcohols, phosgene, acetic acid, etc.
and synthetic fuels such as diesel, jet fuel, etc. via Fischer–
Tropsch synthesis.3,4

H2 þ CO2 Ð COþH2O DH
�
298K ¼ 41 kJ molCO2

�1

DG
�
298K ¼ 29 kJ molCO2

�1
(1)

The reverse water–gas shift reaction (rWGS) is applicable to CO2

from the iron and steel industry, one of the largest industrial
emitters.5 The outlet gas streams from the steel industry,
responsible for around 70% of the sector’s CO2 emissions,6

contain the necessary reactants for rWGS, i.e. CO2 and H2.
However, the current best available technology for utilising the
outlet gas streams from the steel industry is combustion in a
combined heat and power plant.7 One of the reasons why
combustion remains preferred is that the outlet gas streams
from the steel industry are highly diluted with N2, which
complicates the removal of CO2 and/or recovery of CO and
H2. This dilution makes it difficult for the steel mill gases to be
used for production of chemicals due to the additional expense
of separating N2 and other undesirable components. To tackle
this issue, we propose a chemical looping process that can
make use of the chemical energy in the blast furnace gas
to create a CO/CO2 stream suitable for the production of
chemicals such as polyols used in polyurethane production or
synthetic fuels.8–10

Chemical looping is an emerging technology that provides,
among other advantages, inherent separation of reaction
products.11,12 Compared to the steady-state rWGS catalytic
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reaction, using chemical looping can overcome equilibrium
limitations,13 improve heat management of the process, and
fully exploit the chemical energy available in the steel mill gases
to produce a CO/CO2 stream. In this work, we propose an
innovative strategy to convert CO2 to CO using three metal
oxides with different functionalities in one process as displayed
in Fig. 1. The three metal oxides deployed in this strategy can,
for example, be abundant and non-toxic metal oxides such as
Fe3O4, CaO, and Mn3O4. Among the gases produced in the steel
industry, the blast furnace gas (BFG) is primarily targeted.14 With
approximately 5% H2, 24% CO, 24% CO2, and the rest inert
(mostly N2) on a molar basis, the BFG is the most abundant steel
mill gas and also the most difficult to use for applications other
than combined heat and power generation.7,15

The combined use of CaO and Fe3O4 has already been
successfully demonstrated for CO2 capture and conversion for
super-dry reforming of methane, which combines catalytic dry
reforming and reverse water–gas shift.16,17 The additional use
of another metal oxide, Mn3O4, ensures that the heat necessary
for the reverse water–gas shift reaction is optimally provided
and there are negligible emissions of unreacted CO and H2

from the process.18 Fe3O4 and Mn3O4 can both act as oxygen
carriers (OCs), but the thermodynamic equilibrium oxygen
partial pressure (pO2,eq)19 of Mn3O4 while transitioning to
MnO is roughly 10 orders of magnitude higher than that of
Fe3O4 to FeO and FeO to Fe. A higher pO2,eq indicates that near
complete oxidation of fuel or reductants is thermodynamically
favoured. CaCO3, acting as the CO2 carrier (CC), can be charac-
terised by its thermodynamic equilibrium CO2 partial pressure
(pCO2,eq) while transitioning to CaO. A low pCO2,eq indicates

favourability towards carbonation i.e. capture of CO2. Depending
on the selected operating conditions, the OCs and CC can be
replaced by other oxides.3,20,21 The low costs, natural abundance,
and environmentally benign nature of iron, manganese, and
calcium oxides make them a preferable choice for industrial
application. In Fig. S1 and S2 (ESI†), the temperature dependence
of pCO2,eq and pO2,eq of the oxides used for the experimental work is
displayed. Depending on the kinetics, time-scales, and optimum
conditions of the desired chemical reactions, the process could
either be carried out in a series of packed bed reactors, in moving
beds, or in interconnected fluidised bed reactors.

One of the challenges of deploying chemical looping on a
commercial scale is its relative complexity and high capital
expenses.22,23 Thus, in this work, the proposed technology is
first assessed from a techno-economic and exergetic perspec-
tive based on process simulations for an industrial production
unit. The techno-economics and exergy efficiencies are compared
to catalytic rWGS with conventional downstream separation
processes. Catalytic rWGS is chosen as a benchmark for fair
comparison because the presented process concept, in essence,
breaks down the rWGS reaction into two steps. Although
catalytic rWGS is currently not practiced on an industrial scale,
it is gaining increased attention because of its sound ability to
promote carbon circularity via CO2 utilisation and its techno-
logical maturity.24,25 The proposed process concept, in its
entirety, is experimentally demonstrated in a fixed bed reactor
set-up. In the forthcoming sections, the methods used for the
simulation, analyses, and experimental work are outlined and
the results of the applied methods are presented and discussed.

Methods
Process simulation

Process simulation was performed in Aspen Pluss V10, assum-
ing fluidised bed reactors for the sake of simplicity. A block
flow diagram of the process with mass flows is displayed
in Fig. 2. The BFG utilised in the process corresponds to the
production of approximately 2.6 megatonnes (Mt) of steel per
year,15 which is typical for an integrated steel mill. Fig. 2 also
presents the main specifications of the process simulation.
Further details of the flowsheet (Fig. S7, ESI†) are listed in
Table S1 (ESI†). Unless mentioned otherwise, other specifica-
tions were the default values of the simulator.

The experimental results of this work show that 80% Mn2O3/
MgAl2O4 is very stable for chemical looping combustion of the
blast furnace gas (BFG). Based on the experimental results,
the circulation rate of Mn3O4 displayed in Fig. 2 was deter-
mined assuming a conservative solids conversion of 70%.
Similarly, 50% Fe2O3/MgAl2O4 is known to have very high
chemical stability and an average residual oxygen transfer
capacity between 24 to 31% after 1000 redox cycles (assuming
redox transitions between Fe and FeO).26 The solids circulation
rate of FeOx was determined using these values. Finally, the
data from Fu et al.27 reporting CaO conversion of around
50% was used to determine the circulation rate of CaO in the

Fig. 1 General concept18 of a two-step process wherein a feed gas
containing fuel(s) and CO2 (see black arrows) come into contact with
metal oxide pairs that can oxidise fuel(s) partially (M1O/M1) and almost
completely (M3O/M3) and a metal oxide (M2O) that is capable of capturing
the produced CO2 in the form of a carbonate (M2CO3) under the process
conditions of the first step. When the feed gas is switched to an oxidising
gas (see blue arrows), at least one of the 2 redox pairs is capable of being
oxidised by CO2 while the other is readily oxidised by O2, releasing heat
and decreasing the partial pressure of CO2 such that the release of the
captured CO2 and its conversion to CO are favoured.
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process simulation. It should be noted that higher conversions
of synthetic CO2 carriers over multiple cycles have been
reported.28 Given the high chemical stability of the oxygen
carriers, the make-up ratio of fresh oxygen carrier to the process
was determined by the attrition rate of the materials. Based on
the attrition resistance of a manganese-based oxygen carrier
estimated by Costa et al.,29 it was assumed that the lifetime of
the 80% Mn2O3/MgAl2O4 is 11 000 hours. Similarly, the lifetime
of 50% Fe2O3/MgAl2O4 is assumed to be 1250 hours, corres-
ponding to the attrition resistance of an Fe-based oxygen carrier
based on the work by Gayan et al.30 It is noteworthy that
Fe-based oxygen carriers prepared via more sophisticated syn-
thesis techniques with estimated lifetime of up to 33000 hours

have also been reported.31 The ratio of the molar flow rate of
CaO to that of the sum of CO and CO2 (CO is expected to be
oxidised by FeO to form CO2) is approximately 2 and it is
assumed that the ratio of fresh make-up sorbent to the sum of
the molar flow rates of CO and CO2 is 0.05 (5%), corresponding
with the results reported by Fu et al.27 Based on the analysis
and assumptions discussed above, it is estimated that the
amounts of fresh 80% Mn2O3/MgAl2O4, 50% Fe2O3/MgAl2O4,
and 83% CaO/CeO2 would approximately be 1 kt per year,
5 kt per year, and 77 kt per year respectively. To put this into
perspective, for the simulated production of 2.6 Mt per year of
steel, the requirement of iron ore and limestone in the blast
furnace alone is approximately 468 and 67 kt per year.7

Fig. 2 Block flow diagram of the process concept with mass flow rates. Labels: (A) BFG feed for producing a CO/CO2 product stream (C), (B) additional
BFG feed for generating the heat via chemical looping combustion to fulfil the heat demand in the decarbonator–oxidiser, (D) recycled portion of
product stream as a sweep or fluidising gas, (E) CO2 released by combusting additional BFG and partly oxidised BFG (F) via chemical looping combustion
(CLC), (G) air fed to replenish the lattice oxygen consumed during CLC, and (H) O2 depleted air. The compositions of the gas streams are given on a mass
basis. Note that, for brevity and simplicity sake, the flows of inert solids MgAl2O4, and CeO2 that are used for imparting stability to the oxygen carriers
(FeOx and Mn3O4) and CO2 carrier (CaCO3) and of the make-up flows are not displayed. Details are mentioned in Table 1 and in Fig. S7 (ESI†).

Table 1 Specifications of the process simulation. Capital letters in brackets refer to the labels in Fig. 2

Reducer–carbonator Decarbonator–oxidiser Reducer CLC Oxidiser CLC

Temperature [K] 873 1123 1153 1153
Pressure [kPa] 101 101 101 101
Inlet gas flow [kg s�1] (A) = 47 (D) = 4 � (C) = 104 (B) + (F) = 100 (G) = 57
Inlet gas composition
[mass basis]

0.3% H2 0.4% H2

21.8% CO 39.1% CO 17.5% CO 77% N2

34.7% CO2 60.9% CO2 27.5% CO2 23% O2

43.1% N2 54.4% N2

0.2% H2O
Inlet solid flow [kg s�1] 222 248 432 420
Inlet solids composition
[mass basis]

31% FeO 20% FeO 79% Mn3O4 25% Mn3O4

34% MgAl2O4 32% MgAl2O4 21% MgAl2O4 22% MgAl2O4

29% CaO 13% CaO 53% MnO
6% CeO2 5% CeO2

6% Fe
23% CaCO3

Design specifications Corresponds to approximately
1 Mt/year of CO2 emissions
if the inlet gas had been
combusted

80% of the
outlet gas is
recycled

Inlet gas flow (B) adjusted such that
the sum of heat produced in CLC
equals heat requirement of
decarbonator-oxidiser

Inlet gas flow (G)
adjusted to oxidise
all MnO.
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In order to compare the proposed process in Fig. 2 with
conventional technology, a process combining rWGS followed
by a downstream separation train was also simulated (block
diagram with mass flows depicted in Fig. S5 and flowsheet in
Fig. S6, ESI†). The BFG fed to the rWGS process has the same
composition as that in the chemical looping process (stream A
in Fig. 2). By setting the temperature of the rWGS reactor to
866 K, an outlet flow of CO equivalent to that of the proposed
chemical looping process was achieved. Pressure swing adsorp-
tion (PSA) was chosen for H2 separation from the mixed
product stream because it is the most mature and widely used
technology to separate H2 from a syngas mixture.32 It should be
noted that separating H2 from mixtures containing less than
15 mol% H2 (H2 content of the gas after rWGS is 3 mol%) is
not straightforward for conventional technologies such as PSA,
membrane separation, and cryogenic distillation.33,34 Due to
the large quantity of N2 to be separated, cryogenic distillation
was selected for the separation of N2 from the product mixture
of the rWGS reactor because of its competitiveness at larger
scales.35 Freezing of CO2 in the distillation column could possibly
be avoided by using advanced technologies such as CFZt
(controlled freezing zone) that would help save the capital
expenses of a separate CO2 removal unit.36 The small amount
of methane produced in the rWGS process is neglected and its
separation was not modelled.

The carbon footprint (CF) of the process is defined using
eqn (2),37 where :mCO2,E is the mass flow rate of CO2 in stream E
and :

mproduct,C is the mass flow rate of the product stream C,
inclusive of CO and CO2 (see Fig. 2 for the alphabetic labels).
Note that the carbon footprint as defined in this study accounts
only for the CO2 emissions caused by the process and can, thus,
be classified as Scope 1 emissions.38

CF ¼ _mCO2 ;E

_mproduct;C
(2)

The carbon footprint of the catalytic rWGS, defined as the mass
ratio of the CO2 released to the environment and the 50%
CO/CO2 product stream, is highly dependent on the green-
house gas emissions intensity of electricity production because
electricity constitutes the majority of its external energy
demand owing to its downstream separation processes. Based
on the values of 2019 in the EU, it is assumed that the green-
house gas emissions intensity of electricity from the grid is
255 kg equivalent-CO2 MW�1 h�1.39

Apart from the carbon footprint, another metric useful for
indicating the performance of the proposed chemical looping
process is the carbon recovery (CR) defined by eqn (3), where
:nCO,C and :nCO2,C are the molar flow rates of CO and CO2 in the
product stream C and :

nCO,A and :
nCO2,A are their molar flow rates

in feed stream A. The carbon recovery is the fraction of the
amount of carbon fed (see stream A in Fig. 2), in the form of CO
and CO2, to the reducer–carbonator which is transferred to the
product stream (see stream C in Fig. 2).

CR ¼ _nCO;C þ _nCO2;C

_nCO;A þ _nCO2;A
(3)

For rWGS, the heat necessary for the chemical reaction is
obtained from combusting excess unreacted H2 separated in
the PSA (Fig. S5, ESI†) instead of combusting a carbonaceous
fuel. Thus, the carbon recovery of the rWGS is effectively 1.

The reduction of CO2 emissions (RCE) when using BFG is
calculated using eqn (4), where and :

mCO,C are the mass flow
rates of CO2 and CO in outlet stream C, :

mBFG,A+B is the mass
flow rate of the inlet BFG (A and B), MMBFG is the average molar
mass of BFG, and xCO and are the mole fractions of CO and CO2

in the BFG.

RCE ¼
_mCO2;C þ _mCO;C �

MMCO2

MMCO

_mBFG;AþB
MMBFG

� xCO þ xCO2

� �
�MMCO2

� 100 (4)

The denominator on the right hand side of eqn (4) shows the
amount of CO2 that would be emitted if BFG would be com-
busted in a power plant (instead of being separated and used in
the chemical industry) and the numerator shows the CO/CO2

stream (C in Fig. 2) that could be used in the chemicals industry
or for the production of synthetic fuels.

To assess the energy efficiency of the proposed process, the
energy return on energy invested (EROEI)40 displayed in eqn (5)
was calculated. This metric is the ratio of the energy output and
the energy input of the process calculated using Aspen Plus. For
the chemical looping process, the energy output comprises the
CO/CO2 product stream and heat that can be used for genera-
ting electricity, whereas the energy input comprises only the
BFG. On the other hand, for the catalytic steady-state rWGS
process, the output comprises the CO/CO2 product stream and
a separate H2 stream, while the energy input comprises the BFG
and the electricity demand for the downstream separation
processes. It is noteworthy that the analyses are limited to the
investigated processes and the surroundings41 and do not take
into account, for example, the energy efficiency with which
electricity is supplied to the catalytic steady-state rWGS process.

EROEI ¼ Enout

Enin
(5)

Exergy analysis

An exergy analysis was carried out using the results of the
process simulation. Exergy of a system is defined as the maxi-
mum shaft work that can be done by the composite of the
system and a specified reference environment.42 The total
exergy (Etotal) of a stream is defined as the sum of its physical
and thermochemical exergy (eqn (6)).

Etotal = Ephysical + Ethermochemical (6)

The physical exergy (Ephysical) was estimated using Aspen Plus
with a reference state of 298 K and 101 kPa (the so-called
‘‘dead state’’). The thermochemical exergy of the streams was
calculated using eqn (7), where :

n is the total molar flow rate
of the stream, xi is the molar fraction of the ith component,
echem,i is the standard chemical exergy of the ith component
from Szargut,43 R is the universal gas constant, and T0 is the
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reference temperature, i.e. 298 K. The latter part of eqn (7)
associated with mixing exergy is assumed to be inapplicable to
solids. The scope of the exergy analysis is limited to the streams
and blocks depicted in Fig. 2 for the chemical looping process
and in Fig. S5 (ESI†) for the catalytic rWGS.

Ethermochemical ¼ _n
X

xiechem;i þ _n
X

xiT0R lnðxiÞ (7)

The exergy from a heat source Ephysical,Q at a temperature T is
given by eqn (8), where Q is the amount of heat released and
T0 is the reference temperature, i.e. 298 K.

Ephysical;Q ¼ Q� 1� T0

T

� �
(8)

The exergy efficiency of the process, Zexcergy,process, is then given
by eqn (9).

Zexergy;process ¼
_Exout
_Exin
� 100 (9)

The exergy efficiency of the H2 PSA column (Zexergy,PSA) is
calculated using the relation derived by Dunikov and Blinov44

and presented by eqn (10). A number of simplifying assumptions

were made such as no exergy losses due to transient heat losses
caused by the heat of adsorption/desorption and 100% product,
i.e. H2 recovery. pin and pout were assumed to be 6300 kPa and
580 kPa based on typical industrial values.32 The partial
pressure of desorbed H2 (pH2 in eqn (10)), was assumed to be
101 kPa. Recovery of work from expanding the tail gas from
580 kPa to 101 kPa was neglected. The H2 from the PSA was
assumed to have a purity of 100%.

Zexergy;PSA ¼
ln

pH2

pin � xH2

� �
� ln xH2

� �
1� xH2

xH2

� ln
pin

pout
1� xH2

� �� �� 100 (10)

For cryogenic distillation, the energy input, in the form of
electricity is estimated using empirical relations derived by
Lange45 using the so-called ‘‘distillation resistance’’ O in 1C�1

given in eqn (11), where wN2 is the mass fraction of N2 in the
inlet stream and BPN2 and BPCO are the boiling points of N2 and
CO in 1C. The boiling points of N2 and CO are present in the
denominator because N2 is the product to be separated and CO
is the component with the next highest boiling point in the feed
stream.

ON2
¼ 100� wN2

BPN2
� BPCO

(11)

The energy transfer (ET) and heat transfer duty (HD) in GJ per
tonnefeed for carrying out the distillation are given by eqn (12)
and (13). These equations are based on industrial distilla-
tion columns for distilling components whose boiling point
ranges from �250 1C to 136 1C for the top stream (lighter
component) and from �210 1C to 350 1C for the bottom stream

(heavier component). Thus, they are expected to be applicable
for the separation of N2 (boiling point = �196 1C) from a
mixture containing CO, CH4, and CO2 with boiling points equal
to �191, �161, and �78 1C respectively.45 The deviation for the
energy transfer duty (eqn (12)) and heat duty (eqn (13)) are
�1 and �0.7 GJ per tonnefeed.

ET = 1.1 � ON2 (12)

HD = 0.57 � ON2 (13)

Since the majority of the energy input for cryogenic distillation
is required by pumps and compressors, the difference between
the energy transfer duty (which includes the energy consump-
tion from pumps and compressors) and heat duty is assumed
to be the electrical energy (electrical energy E exergy) input to
drive the separation. The exergy efficiency (Zexergy,distillation) of
the cryogenic distillation column is given by eqn (14), where the
denominator indicates the minimum reversible work required
to bring about the separation and the subscripts ’’feed’’ and
‘‘products’’ refer to the mole fraction of the ith component in
the feed and product.46

The minimum reversible work displayed in the denominator of
eqn (14) is used for determining the energy required for
separating H2O from the product mixture of rWGS, i.e., it is
assumed that separation of H2O from the mixture has an exergy
efficiency of 100%.

Techno-economic assessment

The price of the feedstock BFG was calculated using its lower
heating value (2.6 GJ per tonne) and the average EU natural gas
cost for non-household consumers based on its gross calorific
value in 2020 (3.4 EUR per GJ for consumption higher than
130 MW – band I647). Assuming that natural gas is 100%
methane (with a higher calorific value of 55.5 GJ per tonne),
the price of BFG was estimated at 9 EUR per tonne, in agree-
ment with estimations made by others.48

The cost of product stream (cproduct) was calculated using
eqn (15) as a first approximation, where ci and wi are the cost
and mass fraction of the ith component. The production of
polyols can sequentially utilise the CO2 and CO content of the
product gas stream, thereby making the simple cost estimation
employed here reasonable.

cproduct = cCO2
wCO2

+ cCOwCO (15)

The cost of producing commercial CO via the widely used
steam methane reforming process followed by rWGS is highly
dependent on the cost of natural gas and amounts to roughly
double the price of methane on a mass basis.49 Using the price
of natural gas mentioned above, the cost of CO was estimated
to be 390 EUR per tonne, corresponding well with costs of CO
reported in literature.17,50 The cost of CO2 was assumed to
be 50 EUR per tonne.51 As the product streams from both

Zexergy;distillation ¼
T0R� _nproduct

P
xi;product ln xi;product

� �
� _nfeed

P
xi;feed ln xi;feed

� �� �
ET�HD

� 100 (14)
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processes have approximately 50 mol% CO/CO2 content, the price
of the product stream is between 180 and 190 EUR per tonne.

Capital investment (CI) inside battery limits (ISBL) calcula-
tions were made using empirical relations derived by Lange52

given in eqn (16). The values were converted to 2020 equivalent
USD using the US Bureau of Labor Statistics’53 inflation calcu-
lator and then converted to EUR at 0.9 EUR per USD.

CI(ISBL) = 2 � (ET)0.65 (16)

It is noteworthy that the estimations made by this approach
have an accuracy of �50 to +100%, but serve very well for
comparing the novel process with more conventional pro-
cesses. A Lang factor of 4 was used to estimate the capital
expenses outside battery limits (OSBL) (see eqn (17)), thereby
adding a conservative buffer to the capital expenses estimated
using eqn (16).

CI(OSBL) = 4 � CI(ISBL) (17)

A capital charge (CaCh) of 12% per year was used for the
proposed chemical looping process as well as the steady-state
catalytic rWGS.54 Assuming that the plant is operational
throughout the year with 5% downtime, the annualised capital
expenses (CAPEX) per tonne of product produced are calculated
using eqn (18). Note that CI (OSBL) in the eqn (18) is converted
to EUR2020.

CAPEX ¼
CIðOSBLÞ � CaCh

100
24� 365� _mproduct;C � 95%

(18)

Operating expenses are composed of the cost of feedstock
(BFG), cost of the materials for the proposed chemical looping
process and the catalytic rWGS process, operation and main-
tenance (O&M) costs (4% of the capital costs inside battery
limits per year55), and the net amount of electricity (if required).
The net amount of electricity necessary for running the H2-PSA
column is calculated by taking into account the exergy effi-
ciency (see eqn (10)) and the minimum reversible work neces-
sary to bring about the separation (see denominator of
eqn (14)), while assuming that all energy would be supplied
by electricity. For the sake of simplicity, the electricity require-
ment for operating the distillation column to cryogenically
separate N2 from the CO, CO2, and N2 mixture is assumed to
be the difference between the energy transfer duty (eqn (12))
and the heat duty (eqn (13)). The heat duty, which typically
requires natural gas, is assumed to be negligible. The viability
of this simplified calculation scheme was tested for O2 produc-
tion in a conventional cryogenic air separation unit (ASU) and
was able to predict its energy consumption with an accuracy of
�10% (further details are in Section S1.4, ESI†).

For the proposed chemical looping process, the cost of
materials included the cost of oxygen carriers 50% Fe2O3/
MgAl2O4 and 80% Mn2O3/MgAl2O4 and the CO2 sorbent 83%
CaO/CeO2, all of which had been used for the experimental
demonstration. These costs were estimated using the step-
based method described by Baddour et al. and are expected
to have an accuracy of �20%.56,57 The oxygen carriers studied

in this work, 50% Fe2O3/MgAl2O4 and 80% Mn2O3/MgAl2O4,
were estimated to have a cost of 1100 EUR per tonne and
1330 EUR per tonne (see Tables S2 and S3 of ESI†), close to the
values reported in literature.54 The CO2 carrier, 83% CaO/CeO2,
was estimated to cost 390 EUR per tonne, approximately 10
times higher than the cost of natural limestone.58 Detailed
calculations are presented in the ESI† (Section S1.3.1) with due
considerations to the lifetime of the materials. A Ni/Al2O3

catalyst, known to be effective for rWGS,59 was selected as the
catalyst of choice for rWGS because of its lower cost compared
to platinum group metal (PGM) catalysts. The annualised cost
of the catalyst was conservatively estimated by assuming that
the catalyst consumption is 0.01 kg per tonneproduct, one order
of magnitude lower than the ideal catalyst consumption.37

Total operating expenses (OPEX) are, thus, given by eqn (19)
as the sum of the costs of feedstock and materials (F&M), O&M,
and electricity (if purchased).

OPEX = cF&M + cO&M + celectricity (19)

The proposed chemical looping process is a source of excess
heat that can be effectively used for electricity generation using
steam turbines. Assuming that the steam turbines have a
conservative exergy efficiency of 48%60 (corresponding to an
electrical efficiency of 33% for the chemical looping process, a
conservative value for gas-fed chemical looping combustion at
atmospheric pressure61), electricity can be effectively sold to the
grid or its purchase for the steel mill avoided at a cost of
0.04 EUR per kW per h,62 corresponding to the 2020 electricity
price in the EU for a consumption higher than 150 GW h (band
I6). Other sources of revenue include the sale of excess H2 (at
the price of 2000 EUR per tonne63) and revenue from recovering
Ni from spent catalysts for the catalytic steady state rWGS. For
the proposed chemical looping process, sale of scrap metal
(oxides) also generates some revenue. The sale of N2 (purity 4
99%) from the CLC oxidiser (see stream H in Fig. 2) or from the
cryogenic distillation of the steady state rWGS process (stream
D in Fig. S5, ESI†) is not considered in this analysis. Further
details of the costs to generate the revenue are given in the ESI†
(Section S1.3.1). The production cost is the sum of the capital
and operating expenses as displayed in eqn (20).

PC = CAPEX + OPEX (20)

The net income (NI) is calculated using eqn (21), wherein
revenue is generated from the sale of products i.e. chemicals
(CO, CO2, H2), electricity, and solid materials (spent oxygen
carriers, CO2 carriers and catalyst).

NI = Revenue � PC (21)

Material synthesis and characterisation

The oxygen carriers, 50% Fe2O3/MgAl2O4 and 80% Mn2O3/
MgAl2O4, were synthesised via co-precipitation using the proce-
dure described by Dharanipragada et al.64 The CO2 carrier, 83%
CaO/CeO2 was synthesised via a wet physical mixing route
using calcium D-gluconate monohydrate (Sigma-Aldrich, 98%
purity by mass) and cerium nitrate hexahydrate (Sigma-Aldrich,
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99.9% purity by mass) with deionised water as solvent based
on the work by Liu et al.65 The calcium precursor, calcium
D-gluconate monohydrate, was selected based on a previous
study that indicated that CaO-based sorbents made using the
selected precursor show high retention of their CO2 sorption
capacity upon repeated cycling.66 The support material CeO2

was chosen to enhance the stability of CaO.67,68

The prepared materials were characterised using N2 sorp-
tion at 77 K (Micromeritics Tristar II), X-ray diffraction (XRD)
with Cu-Ka radiation (Siemens Diffractometer Kristalloflex
D5000), energy dispersive X-ray (EDX) spectroscopy (INCA
x-act extension from Oxford instruments), and temperature
programmed reactions (TPRe) (Micromeritics Autochem II 2920)
such as temperature programmed carbonation-decarbonation
using CO2 (CO2-TPCD), temperature programmed reduction using
H2 (H2-TPR) followed by temperature programmed oxidation
using CO2 (CO2-TPO). Further details related to the charac-
terisation techniques and the results are described in the ESI†
(Section S2.1).

Experimental proof of concept

For the experiments related to the proof of the process concept,
a 7.5 mm ID quartz fixed bed reactor with a length of 470 mm
and a wall thickness of 1 mm was used as shown in Fig. 3.
A type K thermocouple was axially placed inside the material
bed to measure the temperature at the centre of the bed. The
reactor was enclosed in an electrically operated oven with three

heating zones, which were equipped with three thermocouples
to provide feedback for temperature control of the furnace.
Mass flow controllers (MFCs) (Bronkhorst EL-Flow) were used
to control the inlet gas and a fast switching pneumatic valve
allowed to change the inlet feed gas to the fixed bed. The outlet
of the reactor was connected to a sampling port with an on-line
mass spectrometer (MS) (Pfeiffer Vacuum OmniStar QMS 301).
The product gases were analysed by tracking H2, He, H2O, CO,
O2, Ar, and CO2 signals at 2 AMU (atomic mass unit), 4 AMU,
18 AMU, 28 AMU, 32 AMU, 40 AMU, and 44 AMU respectively.
Fragmentation patterns were taken into account and Ar was
used as the internal standard for quantification of the molar
flow rates. The MS was regularly calibrated with reference gases
flowing through an empty reactor at room temperature under
the assumption that reactions would not occur either because
of very slow kinetics and/or unfavourable thermodynamics.

A synthetic mixture with the following composition was used
to mimic BFG: 5.1 mol% H2, 23.8 mol% CO, 24.1 mol% CO2,
7% He, and 40% Ar. The reactor outlet pressure was controlled
at 120 kPa by means of a back pressure regulator and the total
inlet gas flow was kept constant at 41 � 10�6 mol s�1. For the
experiment, the top bed consisted of a 1.1 g physical mixture
containing pellets of 80% Mn2O3/MgAl2O4 and 83% CaO/CeO2

in a 9 : 2 mass ratio and the bottom bed consisted of a 0.5 g
mixture containing pellets of 50% Fe2O3/MgAl2O4 and 83%
CaO/CeO2 in a 1 : 1 (by mass) ratio loaded in the reactor on a
quartz wool plug. The sieve fraction of the pellets was in the
range of 355 to 500 mm to limit the pressure drop in the bed.
The two beds were arranged to exploit the functionalities of all
the materials used: in the top bed, during reduction, complete
oxidation of feed gas was achieved with CO2 capture and during
oxidation, fed O2 was completely consumed while liberating
heat to be used for CaCO3 decomposition. In the bottom
bed, during reduction, H2 and CO in the BFG reduced FeOx,
complemented by CO2 capture via CaO. During oxidation, CO2

released upstream and in situ was converted to CO while
regenerating FeOx and CaO. Each cycle consisted of 4 stages:
(1) reduction with BFG for 240 seconds, (2) reactor purge with
inert Ar for 60 seconds to sweep out unconverted reactants and
products, (3) oxidation with 50% O2 in Ar for 60 seconds to
ensure that heat generated is quickly and used for the reaction
instead of being dissipated to the surroundings, and (4) purge
with inert Ar for 1500 seconds to sweep out unconverted
reactants and products. 30 redox cycles were executed, of which
the first 5 had a reduction (stage 1) time of 180 s instead of
240 s to gauge the operating limits of the system.

The total moles of Ca, Fe, and Mn (only when used) in the
reactor are calculated using eqn (22)–(24).

NCa ¼
mCC � wCaO

MMCaO
(22)

NFe ¼
mFe�OC � wFe2O3

� 2

MMFe2O3

(23)

NMn ¼
mMn�OC � wMn2O3

� 2

MMMn2O3

(24)

Fig. 3 Laboratory reactor bed to carry out the proof of concept experi-
ments and experimental specifications. The scale bar on the right indicates
the length in cm. Gas flow: 41 � 10�6 mol s�1. Size fraction of solids: 355–
500 mm. Top bed (manganese oxide and calcium oxide): 1.1 g. Bottom bed
(iron oxide and calcium oxide): 0.5 g.
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The utilisation of the oxygen transfer capacity and the CO2

carrying capacity in both half-cycles were calculated using
eqn (25)–(27).

UMn ¼
Ð end of stage-4
start of stage-2 2� _nO2 ;in � _nO2;out

� �� �
dt

NMn
(25)

UCa ¼
Ð end of stage-4
start of stage-2 _nCO2;out þ _nCO;out

� �
dt

NCa
(26)

UFe ¼
Ð end of stage-4
start of stage-2 _nCO;out

� �
dt

NFe
(27)

For the calculations of material utilisation, it is assumed that
the fresh materials placed in the reactor consists exclusively of
Fe2O3 and MgAl2O4 in the Fe-based oxygen carrier, CaO and
CeO2 for the CO2 carrier, and, Mn2O3 and MgAl2O4 in the Mn-
based oxygen carrier. The presence of CeO2 for oxidation of
reductants is neglected since in the given reaction conditions it
can only contribute a small portion of its lattice oxygen atoms
while being reduced to non-stoichiometric CeO2�d (d o 0.1).69

The fuel efficiency (FE) of the process is calculated using
eqn (28).

FE ¼
Ð end of stage-2
start of stage-1 _nH2 ;in � _nH2;out

� �
þ _nCO;in � _nCO;out
� �� �

dtÐ tr�c
0

_nH2;in þ _nCO;in
� �

dt
� 100

(28)

The reactor productivity (RP) for the proof of concept experi-
ments is given by eqn (30), where r = bed radius = 3.75 �
10�3 m, h = height of the bed E7.3 � 10�2 m, and CT = total
cycle time = 0.52 hours.

RP¼
Ð endof stage-4
startof stage-2 _nCO2 ;out�MMCO2

þ _nCO;out�MMCO

� �
dt

p� r2�h�CT
�100

(29)

The carbon balance (CB) and oxygen balance (OB) are com-
puted using eqn (30) and (31).

CB

100
¼
Ð total
0

_nCO2;in þ _nCO;in
� �

dt�
Ð ttotal
0

_nCO2;out þ _nCO;out
� �

dtÐ ttotal
0

_nCO2 ;in þ _nCO;in
� �

dt

(30)

Carbon and oxygen balances were closed within 10% and 15%
for all experiments.

Results and discussion
Process simulation

The base case of the proposed process was simulated by setting
the reducer–carbonator to a temperature of 873 K to maxi-
mise carbon capture because the pCO2,eq of CaCO3 at this

temperature is approximately 0.3 kPa (eqn (32)). The capture
of CO2 favours oxidation of CO in the BFG (eqn (33)) via Le
Chatelier’s principle, leading to an overall carbon recovery of
around 98% (eqn (3)). A higher temperature would result in
lower carbon recovery.

CaOðsÞ þ CO2ðgÞ Ð CaCO3ðsÞ DH
�
873K ¼ �172 kJ molCO2

�1

DG
�
873K ¼ �42 kJ molCO2

�1

(32)

FeOðsÞ þ COðgÞ Ð FeðsÞ þ CO2ðgÞ DH
�
873K ¼ �21 kJ molCO

�1

DG
�
873K ¼ 1 kJ molCO

�1

(33)

The higher carbon recovery comes at the cost of lower utilisa-
tion or oxidation of H2 (eqn (34)) in the BFG (around 11% of
inlet H2 is oxidised when the reducer–carbonator is at 873 K).
Higher H2 utilisation is favoured at higher temperature (see
Fig. S4 for an equilibrium diagram, ESI†) because of reduction
of FeO and also due to increased favourability of the rWGS
(eqn (1)).

FeOðsÞ þH2ðgÞ Ð FeðsÞ þH2OðgÞ DH
�
873K ¼ 15 kJ molH2

�1

DG
�
873K ¼ 8 kJ molH2

�1

(34)

The reduction–carbonation reaction is highly exothermic and
its heat can be utilised within the steel mill or be used for the
generation of electricity.

Conversely, the decarbonation–oxidation step is highly
endothermic (eqn (32) and (33) from right to left) and is
operated at a temperature of 1123 K to avoid the use of N2 or
another inert to decarbonate the CaCO3. The production of CO
during decarbonation decreases the partial pressure of CO2,
thereby extending the lifetime of the CO2 carrier70 and improv-
ing the kinetics of decarbonation.71 The heat for the chemical
reactions during the decarbonation–oxidation step and the
heat to increase the temperature of the solids is provided by
the near complete oxidation of the gas stream exiting the
reducer–carbonator (see F in Fig. 2) and additional BFG (see
B in Fig. 2) via chemical looping combustion (CLC), operated

isothermally at 1153 K, a temperature higher than that at which
the decarbonator-oxidiser (1123 K) is operated to enable heat
transfer. The gas exiting the oxidiser of CLC (stream H in Fig. 2)
consists of 99%+ N2. Although this stream, in this study, is not
considered to be of any economic value apart from the heat it
carries, it could be useful to feed the loop seals (non-
mechanical pneumatic valves72) in case the proposed process
is carried out in a moving bed or a fluidised bed reactor or be
used as a purge gas in case a series of fixed bed reactors are
deployed.

OB

100
¼
Ð ttotal
0 2� _nCO2;in þ _nCO;in þ 2� _nO2 ;in

� �
dt�

Ð ttotal
0 2� _nCO2;out þ _nCO;out þ 2� _nO2;out

� �
dtÐ ttotal

0
2� _nCO2;in þ _nCO;in þ 2� _nO2;in

� �
dt

(31)
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The gas exiting the reducer of CLC (see E in Fig. 2) compris-
ing 39 mol% (50 mass%) CO2 on a dry basis is the source of
process CO2 emissions. These emissions are accounted for in
the carbon footprint of the process (see eqn (2)), which
amounts to 2.1 tonnes of CO2 per tonne of product. This value
is lower than the maximum value of 6 tonnes of CO2 per tonne
of product suggested for sustainable development of commod-
ities and fuels.37 It is noteworthy that the high fraction of CO2

in this stream (roughly 10 times larger than from conventional
gas fired combustion73) also makes it more favourable for
economical CO2 capture and storage or further utilisation.74

A summary of the outlet gas streams from the chemical looping
process is displayed in Table 2.

For the rWGS simulation, a fraction of the H2 separated
from PSA is combusted using air (air to fuel ratio E1.3) to form
a product stream containing only H2O and depleted air. The
fraction of H2 combusted was determined by the heat necessary
for the endothermic rWGS. The carbon recovery of rWGS is,
thus, 100% and its carbon footprint is largely determined by
the greenhouse gas emissions intensity of the electricity
the process uses for carrying out the separation, which is
further discussed in the next sections. The outlet of the rWGS
contains a small fraction of CH4 formed due to methanation
(E0.3 mol%), which is not considered for separation.

The BFG of a steel mill is known to contain trace quantities
of sulphur (approximately 10 ppm) in the form of H2S or COS.7

These sulphurous compounds are expected to be captured by
CaO via reactions displayed in eqn (35) and (36). The formed
CaS cannot be used for CO2 capture and may be considered to
be a part of spent CO2 sorbent. In the base case, the molar flow
of CaO in the fresh CO2 sorbent added (make-up flow of the
CO2 sorbent) is 3 orders of magnitude higher than that of H2S
in the inlet stream. Thus, the sulphur in the BFG can be
effectively removed from the outlet CO/CO2 stream (see C
in Fig. 2).

CaOðsÞ þH2SðgÞ ÐCaSðsÞ þH2OðgÞ DH
�
873K¼�60 kJmolCaO

�1

DG
�
873K¼�61 kJmolCaO

�1

(35)

DH
�
873K¼�95 kJmolCaO

�1 DG
�
873K¼�93 kJmolCaO

�1 (36)

The low amounts of inlet sulphur in the form of H2S are not
expected to affect the iron oxide or the manganese oxide

because of unfavourable thermodynamics.75 Thus, when addi-
tional BFG is fed to the chemical combustion loop, the sul-
phurous compounds are expected to be oxidised to SOx and exit
in the outlet CO2-rich stream (see E in Fig. 2). For the rWGS
simulation, it is assumed that the trace quantities of sulphur
are removed from the BFG before being fed to the rWGS
reactor.

By separating and using the CO/CO2 stream by the proposed
process for the production of chemicals, a 37% reduction in
CO2 emissions (eqn (4)) can be achieved, when compared to the
best available technology of combusting the BFG with air for
combined heat and power. Apart from the production of
polyols76,77 and the production of synthetic fuels,10,78,79 other
pathways to use the CO/CO2 product stream from the proposed
process could be production of basic chemicals such as acetic
acid, formic acid, etc.5,80 using renewable H2. By using bio-coal
instead of fossil coal in the blast furnace of the steel mill,81 the
products formed by the CO/CO2 gas stream of the proposed
chemical looping process can be made free of fossil fuels.

The chemical looping process has an EROEI (eqn (5)) of 0.95,
which is three times higher than that of the catalytic steady-
state rWGS. This metric indicates the energy efficiency or the
so-called first law efficiency of the two processes. The quality of
the energy is taken into account by considering exergy, as
described below, to arrive at the exergy efficiency or the second
law efficiency.

Exergy analysis

The energy requirements for the chemical looping process
comes solely from the BFG. Since a part of this BFG is
combusted, it is important to estimate the ‘‘useful work’’
(exergy) while taking such an approach. If only the thermo-
chemical fraction of the total exergy is considered (see eqn (7)),
the exergy efficiency of the chemical looping process is around
32% (eqn (9)). Using high temperatures in chemical looping
allows a large fraction of the heat (contributing to physical
exergy in eqn (6)) required for the transformation of feed to
products to be recovered as useful work. The major sources of
heat for recovery in the chemical looping process are (1) the
reduction–carbonation step, (2) the hot product gases (streams
C and E in Fig. 2), and (3) the hot solids exiting the reduction–
carbonation step. When accounting for the recoverable heat
at high temperature, the exergy efficiency of the proposed
chemical looping process can be as high as 82%. Typically,
high temperature heat can be converted to electricity using a
steam turbine. Taking into account the exergy losses for steam
turbines (exergy efficiency is assumed to be 48%), the antici-
pated exergy efficiency of the chemical looping process is
59.8%. The breakdown of the exergy discussed above is illu-
strated in Fig. 4, wherein the anticipated exergy efficiency is the
sum of physical exergy recoverable as electricity and thermo-
chemical exergy of products.

For the rWGS process, the exergy input comprises mainly
imported electricity to drive the separation processes. The
thermochemical exergy of products is slightly higher (about
1%) than that of the feed because CO is more exergetic than H2

Table 2 Specifications of the outlet gases of the process simulation (see
C, E, and H in Fig. 2). Capital letters in brackets refer to the labels in Fig. 2

Stream label C E H

Temperature [K] 1123 1153 1153
Pressure [kPa] 101 101 101
Outlet flow [kg s�1] 26 44 113
Composition [mass basis] 39.1% CO 48.6% CO2 99.9% N2

60.9% CO2 48.0% N2 0.1% O2
3.3% H2O
CO o 16 ppm
H2 o 0.2 ppm
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and heat is consumed to convert H2 to CO (see eqn (1)). Fig. 4
shows that a large fraction of the total exergy is required for the
cryogenic separation of N2 and this requirement dwarves the
exergy required for the H2 separation by PSA. An important
conclusion from this analysis is that increasing the conversion
of H2 in rWGS by increasing the temperature or not separating
H2 at all can only slightly improve the exergy efficiency of rWGS.
The exergy efficiency of the cryogenic distillation to separate
N2 was estimated via eqn (14) to be around 1%, which is not
surprising considering the large amounts of N2 to be removed
from the outlet stream of rWGS and the small difference of
about 4 K in the boiling points of N2 and CO. The atypical task
of removing H2 in a highly diluted stream via PSA also caused a
lower exergy efficiency of about 4% based on eqn (10). Thus, the
anticipated exergy efficiency, as displayed in Fig. 4, is simply
the difference between the total exergy input and the exergy
requirement for H2-PSA and cryogenic separation of N2, which
is equal to 32.0%. The above analysis shows that the proposed
chemical looping process is exergetically far more efficient than
chemical conversion via steady state rWGS followed by conven-
tional separation techniques.

Techno-economic assessment

Chemical looping makes use of a solid intermediate that
undergoes several redox cycles (in the case of oxygen carriers)
or carbonation-decarbonation cycles (for CO2 carriers) over the
course of its useful lifetime. Thus, the cost of these solids and
their lifetime are important parameters that can influence the
economic feasibility of the process. Synthetic CO2 carriers such
as the one used in this work are known to be resistant against
sintering compared to most forms of natural limestone and
thus, are expected to have a longer lifetime.28,82,83 Upon reach-
ing the end of their useful lifetime, large quantities of these
solid materials become available for other purposes. The
advantage of proximity to the steel mill is that the Fe-based
oxygen carrier and a portion of the CaO based CO2 carrier can
be used for the production of steel. The rest of the spent CO2

carrier could find use in the cement industry.84,85 The manga-
nese based oxygen carrier with a very high loading (80 mass%)
could replace manganese ore used in the metallurgical indus-
try. Similarly, it is assumed that Ni from the spent Ni-based
catalyst can be recovered, thereby allowing to minimise the
cost of fresh catalysts. The prices of the spent materials are
displayed in Table S5 (ESI†) and are based on 5 to 10 year
average prices from public market data unless mentioned
otherwise.

Fig. 5 shows the breakdown of the CAPEX, OPEX, and
revenue of the proposed chemical looping process and the
catalytic rWGS with downstream separation processes. The
capital expenses for chemical looping (Fig. 5A) are dominated
by the heat exchangers to recover the physical exergy of the
process in the form of heat followed by the decarbonator–
oxidiser, which requires the highest heat input in the process.
For the corresponding rWGS case, the separation processes,
H2-PSA and cryogenic distillation, are most prominent, empha-
sising the complexity of separation processes to produce a
CO/CO2 stream.86,87 As the chemical energy of the BFG is solely
responsible for driving the proposed chemical looping process,
the cost of feedstock BFG forms nearly 50% of the OPEX (see
Fig. 5C). For energy-intensive production of chemicals, it is very
typical that the cost of feedstock is the principal contributor to
the overall production costs.88 Because of the high make-up of
fresh CO2 carrier, the operating expenses of the proposed
chemical looping process is significantly influenced by the cost
of the CO2 carrier. The relatively longer lifetime of the oxygen
carriers minimises their contribution to the overall OPEX
despite being roughly 3 times more expensive than the CO2

carrier on a mass basis. On the other hand, more than 75% of
the OPEX of the rWGS derives from the electricity demand for
cryogenic distillation. As the CAPEX and OPEX are strongly
dependent on the energy transfer duty, the separation pro-
cesses of the rWGS having the highest energy requirements
determine the overall production costs. Indeed, the cost of
CO/CO2 production by directly applying cryogenic separation to

Fig. 4 Exergy analysis of the proposed chemical looping process (in blue) and conventional rWGS with downstream purification (in red). For the sake of
brevity, the negligible exergy required for separation of H2O is not displayed. The displayed values represent the exergy content in different streams/
processes normalised to the total exergy input.
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the BFG is expected to be similar. The OPEX breakdown of the
rWGS also shows that the low consumption of the catalyst
makes the cost of replacing the catalysts negligible. Finally, for
the proposed chemical looping process, apart from the CO/CO2

product stream, electricity can also be a co-product along
with the sale of spent oxygen carriers and CO2 carriers. It is
noteworthy that if the CO2 leaving the process (see stream E in
Fig. 2) is taken into account, the greenhouse gas emissions
intensity of the produced electricity is 1 order of magnitude
higher than that of the electricity available in the grid.39 This
is because the electricity in the proposed chemical looping
process is generated at the expense of carbon-rich BFG origina-
ting from fossil coal. For the rWGS process, the excess H2 is a
co-product. Interestingly, although the production of H2 is
approximately 300 times lower (per unit of mass) than that of
the main product, it does contribute significantly to the rev-
enue because of its high value.63 Due to the strong dependence
of the rWGS process on electricity, it has an indirect carbon
footprint (eqn (2)) of 0.8 tonnes of CO2 per tonne of CO/CO2

product.39

The CAPEX estimations used in this study have a fairly large
degree of uncertainty between �50 to 100%. Thus, a sensitivity
analysis was performed to study the influence of the under- or
overestimation of CAPEX and other variables such as the cost of
natural gas, electricity, and the costs and lifetime of the solids
or catalyst used. Fig. 6 shows the results of the sensitivity
analysis. The origin on the x-axis represents the base case. Each
variable in the analysis was varied independently by keeping the
other variables constant at their base values. The y-axis displays

the ‘‘net income’’ calculated using eqn (21), wherein all the terms
are normalised against the product CO/CO2 stream.

The sensitivity analysis on the CAPEX displayed in Fig. 6A,
shows that for higher than expected capital expenses, signifi-
cant incentives (for example, an increase of CO2 market prices
to approximately 220 EUR2020 per tonne from 50 EUR2020 per
tonne) would be required to make the processing of the BFG
competitive with conventional technologies to produce CO
(steam methane reforming followed by reverse water–gas
shift87,89). The CAPEX of the chemical looping process is
around 18% higher than that of the rWGS process and hence,
its sensitivity analysis shows a steeper slope for the change in
net income with change in the CAPEX. Fig. 6B shows the
influence of the cost of electricity and natural gas on the
processes. Depending on the energy mix of the electricity grid,
the cost of electricity and natural gas may be highly linked, but
in this case, they are treated as independent from each other to
highlight the peculiarities of the chemical looping process
compared to rWGS followed by downstream separation pro-
cesses. The price of commercial carbon monoxide is strongly
dependent on the price of natural gas,49 thus, an increase in the
price of natural gas increases (by a factor of 2 assuming a linear
correlation) the market price of CO, thereby increasing the
revenue of both processes, which results in an increased net
income. The rWGS process is heavily dependent on electricity
and thus, lower electricity prices result in increased net income,
whereas for the chemical looping process lower electricity
prices cause a loss of revenue since the proposed process is a
net generator of electricity. An increase in the price of natural

Fig. 5 Breakdown of the contribution to the costs constituting the CAPEX, OPEX, and revenue for the proposed chemical looping (CL) process and
rWGS process with downstream separation. A, C, and E (in blue) show the breakdown of the CAPEX, OPEX, and revenue generated for the proposed
chemical looping process (total CAPEX: 122 EUR2020 per tonneproduct and OPEX: 100 EUR2020 per tonneproduct), whereas B, D, and F (in red) show the
corresponding breakdown for the rWGS (total CAPEX: 99 EUR2020 per tonneproduct and OPEX: 136 EUR2020 per tonneproduct). O&M stands for operation
and maintenance.
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gas is expected to increase the cost of electricity when the
electricity in the grid comes from natural gas combustion.
An increased price of natural gas would result in a more
pronounced increase in the market price of CO. In such a
scenario, the chemical looping process would be heavily
favoured because of increased revenue from sale of CO and
surplus electricity.

The low catalyst consumption in the rWGS makes the net
income of the process almost invariant to the cost of the
catalyst and its lifetime as seen in Fig. 6C and D. On the other

hand, analysis shows that the net income is very sensitive to the
CO2 carrier’s cost and also its lifetime because of the large
quantities of the material consumed by the process. A decrease
in the cost of the CO2 carrier by 40% or an increase of its
lifetime by 40% causes the net income to increase to a value
between 15 to 20 EUR per tonneproduct, which is significant for a
bulk chemical when compared to the production costs (sum of
CAPEX and OPEX) of about 210 EUR per tonneproduct (note that
there exist other sources of revenue apart from the sale of
product – see Fig. 5E). Compared to the CO2 carrier, the lifetime

Fig. 6 Sensitivity analysis to examine the effect of (A) CAPEX estimation, (B) cost of natural gas and electricity, (C) costs of solids: oxygen carriers and
CO2 carrier, or catalyst, and (D) their lifetime on the net income defined as the difference between the revenue and the production costs, i.e., CAPEX and
OPEX. Abbreviations used in the figure legends: CL – chemical looping, NG – natural gas, El. – electricity, CC – Ca-based CO2 carrier, Fe-OC – iron
based oxygen carrier, Mn-OC – manganese based oxygen carrier, and Cat-rWGS – Ni/Al2O3 catalyst for the reverse water–gas shift reaction.
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and costs of the oxygen carriers have a milder influence on the
net income because the quantities involved are 1 order of
magnitude smaller.

In the above discussion, changes in the price of CO2 or
carbon tax/carbon credit were not considered. The carbon
footprint (eqn (2)) of the CO/CO2 product stream is significantly
larger than that of the rWGS process (2.1 tonnes per tonne of
product vs. 0.8 tonnes per tonne of product). However, it must
be noted that the source of CO2 emissions in the proposed
chemical looping process (stream E in Fig. 2) is highly concen-
trated in CO2 (mass fraction of CO2 on dry basis: 0.5), thereby
making it much more compliant for CO2 capture. Using the
equation derived by House et al.74 based on the Sherwood plot,
it can be shown that the cost of capturing CO2 from the
proposed chemical looping would be more than 3 times lower
than it would be for the flue gas of a natural gas fired power
plant, which is estimated to be approximately 70-80 $2020 per
tonne90,91 (calculations are presented in the Section S1.4, ESI†).
Thus, it would be more economical to completely eliminate
CO2 emissions from the proposed chemical looping process
than in the conventional rWGS followed by downstream separa-
tion via mature technologies under atypical circumstances.

Experimental proof of concept

The experimental proof of concept involving the use of 3 metal
oxides, namely, CaO, FeOx (x = 1 to 1.3), and Mn3O4 was carried
out at a temperature of approximately 1023 K. This temperature
was chosen because it provided a good compromise between
carbon recovery (eqn (3)) and the kinetics of decarbonation. All
the materials used, FeOx (x o 1.3) for converting CO2 to CO,
CaO for CO2 capture and carbon recovery, and MnO for O2

capture and heat generation were functional over multiple
cycles as displayed in Fig. 7B–D. The fuel efficiency (eqn (28))
for all cycles was higher than 90% and the reactor productivity
(eqn (29)) was above 50 kgproduct m�3 h�1 for all the tested
cycles.37,52,92

Fig. 7A displays the experimental results of the 6th cycle as
an example of a single cycle (corresponding experimental
results in an empty reactor are shown in Fig. S23, ESI†). During
the reduction stage (stage 1), the reduction of the oxygen
carriers, Mn3O4 and FeOx, occurs with carbonation of CaO in
an overall exothermic reaction. The exothermicity of the reac-
tion causes the temperature to steadily increase. During this
stage, only small amounts of H2 or CO break through the
bed and the amount of CO2 in the outlet depends on the
thermodynamic equilibrium partial pressure of CO2 while
CaCO3 transitions to CaO, which is favourably lower at lower
temperatures, and the reactivity of CaO. Fig. 7A shows that CO2

breakthrough occurs at about 200 s, indicating a limited
reactivity of CaO despite excess quantities being available in
the reactor (Fig. 7C). A higher reactivity of CaO would have
resulted in further CO2 capture and consistently lower outlet
CO2 flow. As large quantities of gases are captured in the
reduction stage (roughly 50 vol% of the synthetic BFG contains
CO and CO2, the majority of which is captured by CaO), the
outlet molar flow rate of the gas decreases. In the second stage,

a purge gas is introduced to the reactor with the same inlet
molar flowrate as that in the reduction stage. This purge gas,
Ar, favours the decarbonation reaction of CaCO3 because it
decreases the partial pressure of CO2. The CO2 from the
decarbonation reaction reacts with the reduced FeOx species
to form CO (o2 � 10�6 mol s�1), which further accelerates the
decarbonation reaction via Le Chatelier’s principle.16 Because
the decarbonation reaction is highly endothermic, visible from
the decline in temperature during the second stage, an oxidant
stream containing O2 is fed to the reactor in the oxidation stage
(stage 3) to provide the heat necessary for decarbonation by
oxidising the reduced MnO in the top bed. As the oxidant
stream is fed to the reactor at the same inlet flow rate as the
gases in the previous stages, the near complete consumption of
O2 by oxidation of MnO (no O2 breakthrough observed) causes
an overall decrease in the total flow rate. This is visible from the
sudden decrease in the measured outlet flow rates of the different
gases. As the third stage proceeds, the heat generated not only
causes a notable increase in temperature but also favours the
decarbonation reaction, which is proved by the increased flow
rates of CO and CO2. Finally, in the fourth stage, a purge gas feed
completes the cycle and prepares the reactor for the next cycle.

The manganese oxide oxygen carriers exhibit highly stable
chemical reactivity over multiple cycles (Fig. 7B), thereby justi-
fying the assumption for the process simulation and techno-
economic study that attrition drives the requirement of fresh

Fig. 7 Anti-clockwise from top to bottom – (A) the 6th cycle of the
proposed chemical looping process showcasing its capabilities to use/
store the chemical energy from synthetic BFG in stage 1 to produce CO
(in stages 2 to 4) while completely using the fed O2 in stage 3 to create
heat for the decarbonation of CaCO3, (B) – utilisation of Mn in the top
portion of the bed and its maximum possible utilisation based on reaction
stoichiometry, (C) – utilisation of Ca as CaO in the top and bottom beds of
the reactor and its maximum possible utilisation based on reaction
stoichiometry, and (D) – utilisation of Fe in the bottom bed and its
maximum possible utilisation based on the transitions of its redox pairs
Fe/FeO, Fe/Fe3O4, or FeO/Fe3O4.
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manganese oxide to be used in the process. Fig. 7C shows that
the Ca utilisation is lower in the first 5 cycles. This was caused
by the lower reduction time in the first 5 test cycles compared to
the remaining 30 cycles. For the sake of completeness, the
experimental results of the first 5 cycles are displayed in
Fig. S18–S22 (ESI†). Loss of the chemical reactivity of CaO seen
in Fig. 7C was likely caused by material sintering. However,
this loss is taken into account for the techno-economic study
by considering the addition of fresh CaO to the process
(77 kt per year). Fig. 7D shows that Fe utilisation begins after
a few cycles because of excess Mn3O4, which combusts all the
inlet BFG preventing the FeOx in the bottom bed to be reduced
during the first stage. Once the FeOx in the bottom bed is
reduced, stable chemical reactivity is maintained throughout
the tested cycles, which corroborates recent experimental
findings93 and the assumptions made for the process simula-
tion and techno-economic study. Fig. 7D also shows that there
is sub-optimal utilisation of Fe. In a fixed bed reactor, higher
fuel efficiency typically results in lower material utilisation. One
way to circumvent this issue is to use a reverse flow reactor,13,94

wherein, if the oxidising flow inlet is from top to bottom (see
Fig. 3), then the reducing gas inlet flow is from bottom to top or
vice-versa. For fluidised bed or moving bed reactors, the
complete oxidation of reductants to provide energy can simply
be carried out in another set of reactor(s) as displayed in Fig. 2.

For the process simulations, a low temperature for the
reduction-carbonation was used and a higher temperature for
the decarbonator–oxidiser. In order to mimic these conditions, an
independent experiment was performed with the Fe-based oxygen
carrier, 50% Fe2O3/MgAl2O4 and the CO2 carrier, 83% CaO/CeO2

by imposing a temperature program (displayed in Fig. S24, ESI†).
In this experiment, it is demonstrated that a molar CO : CO2 ratio
of approximately 1 is achievable in the process with a reactor
productivity in the range of 98 to 115 kg m�3 h�1.

Requirements of (a) large temperature changes in different
steps of the process and (b) influx of new solids because of
deactivation make fluidised beds or moving bed reactors the
preferable choice for industrial operation because they avoid
thermal stresses to the reactor’s material of construction and
facilitate uninterrupted operation.95 In moving bed reactors,
highly exothermic and endothermic reactions can lead to
significant heat management issues such as hot and/or cold
spots. These issues can be managed more readily in fluidised
bed reactors.96 Thus, for the given selection of metal oxides and
inlet feed of BFG, fluidised bed reactors may be the preferred
choice of reactor type. The operating conditions such as the
requirement of temperatures in the different steps or half-
cycles of chemical looping and the exothermicity or endother-
micity of reactions are determined by the choice of metal
oxides. Thus, by choosing metal oxides which facilitate iso-
thermal operation and improve heat management (for example,
by splitting the heat of combustion approximately equally over the
reduction and oxidation half-cycles), the reactor choice can be
further simplified. As for the optimisation of metal oxides, the
use of computational screening of materials could facilitate the
search for the ideal metal oxides combination for the proposed

technology.20,21,97–99 A demonstration of this process on a pilot
scale at optimum conditions would help bring it closer to
practical implementation and provide data for further deter-
mining its technical and economic viability for large scale
efficient utilisation of CO2.

Conclusions

A process concept based on chemical looping that exploits
equilibrium oxygen partial pressure of metal oxides and equili-
brium CO2 partial pressure of metal carbonates for the produc-
tion of a CO-rich stream from any gas stream containing fuel
and CO2 under optimal operating conditions was developed.
This process concept, demonstrated in a laboratory fixed bed
reactor, was adapted to completely utilise the chemical energy
of a process gas from the steel industry, the blast furnace gas.
The proposed process produces an enriched CO/CO2 stream
free of N2 from the blast furnace gas, thereby avoiding the CO2

emissions that combustion of the blast furnace gas typically
entails while providing the chemicals industry with valuable
feedstock that can be used for creating carbon-based chemicals
such as plastics or synthetic fuels.

The developed process makes use of materials composed of
cheap and abundant metal oxides which are non-toxic, easy to
prepare, use, and dispose. These materials can be, for example,
oxides of iron, manganese, and calcium. The analysis carried
out in this work shows that the chemical looping process with
its advantage of inherent product separation makes it very
competitive with a combination of commercially applied tech-
nologies to achieve the same performance. Moreover, the fact
that the developed process operates at high temperatures
between 873 K and 1153 K enables it to have a very high exergy
efficiency. By implementing this technology, a 37% reduction
in CO2 emissions can be achieved, when compared to the
current best available technology of combusting the blast
furnace gas with air. The rest of the CO2 emissions from the
proposed process can be far more easily captured and stored or
utilised to achieve net zero CO2 emissions than those from a
conventional power plant.

Preliminary techno-economic assessment suggests that the
developed process would be economically viable when the
50 mol% CO/CO2 is sold at a price of approximately 190 EUR
per tonne. At this product price, the profits from the proposed
chemical looping process for the base case scenario are higher
than those from conventional steady-state catalytic reverse
water–gas shift with downstream separation by 40 EUR per
tonne. The economic viability of the process is strongly depen-
dent on the cost and lifetime of the Ca-based CO2 carrier and
the market price of natural gas and electricity.

Glossary
Abbreviations

AMU Atomic mass unit
ASU Air separation unit
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BFG Blast furnace gas
BF-BOF Blast furnace – basic oxygen furnace route for

steelmaking
CC CO2 carrier
CFZ Controlled Freezing Zone – trademark of

ExxonMobil
CLC Chemical looping combustion
CL Chemical looping
El. Electricity
EDX Energy dispersive X-ray spectroscopy
ISBL Inside battery limits O
ID Internal diameter in mm
kt Kilotonne(s)
MFC Mass flow controller
MS Mass spectrometer
Mt Megatonne(s)
NG Natural gas
O&M Operation and maintenance
OC Oxygen carrier
OPEX Operating expenses
OSBL Outside battery limits
PGM Platinum group metals
PSA Pressure swing adsorption
TPCD Temperature-programmed carbonation and

decarbonation
TPO Temperature-programmed oxidation
TPR Temperature-programmed reduction
TPRe Temperature-programmed reaction
XRD X-Ray diffraction

Symbols

DG0 Standard Gibbs free energy of reaction in
kJ per mol

DH0 Standard enthalpy of reaction in kJ per mol
O Distillation resistance in 1C�1

BP Boiling point in 1C
CB Carbon balance in %
ci Cost of materials or resources i expressed in

EUR2020 per tonneproduct

CaCh Capital charge in % per year.
CAPEX Capital expenses in EUR per tonne of product
CF Carbon footprint in tonnes of CO2 released to the

environment per tonne of product
CI Capital investment in million United States dol-

lars of the year 2003
CR Carbon recovery in moles of carbon in product per

mole of carbon fed
CT Total cycle time in hours
E Exergy in kJ mol�1

_En Energy flow in MW
ET Energy transfer duty in GJ per tonnefeed

_Ex Exergy flow in MW
FE Fuel efficiency in %
h Height of the fixed bed for the experimental proof

of concept in m
HD Heat duty in GJ per tonnefeed

MMi Average molar mass of component or stream i in
g mol�1

mi Mass of component i in g
:

m Mass flow rate in tonnes per hour or kg s�1

:
n Molar flow rate in mol s�1

N Moles of a particular element in the fixed bed
NI Net income in EUR2020 per tonne
OB Oxygen balance in %
OPEX Operating expenses in EUR per tonne of product
Q Heat released or required in MW
PC Production costs in EUR per tonne of product
pCO2,eq Thermodynamic equilibrium CO2 partial pressure

of a metal carbonate
pO2,eq Thermodynamic equilibrium oxygen partial pres-

sure of a metal oxide
r Radius of the fixed bed quartz reactor for the

experimental proof of concept = 3.75 mm
R Universal gas constant in kJ mol�1 K�1

RP Reactor productivity in kgproduct mreactor
�13 h�1

RCE Reductions in CO2 emissions in % (when com-
pared to the best available technology of combust-
ing the steel mill gases for heat and/or electricity)

t Time of half-cycle in seconds
T Temperature in K
Ux Utilisation of metal x in %
wi Mass fraction of component i in feed or product
xi Molar fraction of component i in feed or product
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